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Abstract 
 
 
 The selectivity and stability of catalysts for the single-stage production of dimethyl 
ether from gas mixtures containing CO2, CO and H2 is studied. A Cu/ZnO/Al2O3 catalyst was 
used for the hydrogenation of carbon oxides while the dehydration of methanol was catalysed 
by γ-alumina, phosphated γ-alumina or protonic zeolites. The influence that the proximity 
between the methanol synthesis and the methanol dehydration functions has on the catalytic 
stability is evaluated for each catalyst pair under different feed compositions. The assessment 
of the effect of zeolite topology on the deactivation and the by-product formation is also 
aimed.  
 The intimate contact between Cu/ZnO/Al2O3 and γ-alumina is found to cause fast 
deactivation on both catalysts during the first hours of the experimental runs. It is shown that 
the detrimental interaction is more severe under CO-rich conditions than for gas mixtures 
with high CO2 contents. The addition of phosphorus to the γ-alumina up to the monolayer 
capacity mediates the loss of activity that occurs in the presence of high CO concentrations. 
The independent characterisation of the spent catalysts gives insights on the mechanism 
responsible for the observed loss of activity . 
 Five different zeolite structures were considered to be studied as dehydration 
catalysts: mordenite, ZMS-5, ferrierite, theta-1 and ZSM-23. It is found that the deactivation 
of zeolites during the single-stage synthesis of DME is dictated by the deposition of carbon 
residues which is related to the topology of the solid acid. In the conversion of CO/H2, the 
hydrocarbon distribution depends on the nature of the entrained organics and it is 
demonstrated that a careful selection of crystallite size and channel structure of the zeolite 
allows the conversion and selectivity to be controlled. Under CO2 and H2, ZSM-5 is shown to 
be considerably more active than γ-alumina and very selective towards dimethyl ether. 
Experiments using different SiO2 to Al2O3 ratios indicate that the deactivation depends on the 
acid site density rather than on the acid strength. 
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1Chapter 1
Introduction
Since the late XVII century, humankind has prospered based on technological advances that
relied on the use of fossil fuels (coal, oil and natural gas) as a source of energy. As the world
population increases in number, and developing countries strive to achieve the standards of
living of industrialised societies, the increasing demand for energy puts pressure on the global
reserves of fossil fuels. The proven oil and natural gas reserves have continuously increased
over the past 50 years but only a small fraction is currently accessible.1 On the other hand,
although the global coal reserves may last for 200–300 years, the socio-economical and
environmental costs of mining are becoming higher.2 Consequently, as energy demand
increases and the extraction of fossil fuels becomes more challenging, there is a latent risk of
a major shortage which would drive fuel prices up to unmanageable levels.
Besides the scarcity of cheap energy sources, the accumulation of carbon dioxide in
the atmosphere that is associated with the combustion of fossil fuels is also a cause of
concern. CO2 absorbs and emits radiation within the thermal infrared range and when the
energy stored in those molecules is re-radiated, a fraction of it goes to the surface of the Earth
increasing the average temperature of the planet. With the concentration of CO2 building up
at alarming rates, serious changes in the global climate are likely to be observed in the
coming decades. Additionally, combustion of fossil fuels generates other harmful compounds
such as oxides of sulphur, nitrogen and metallic oxide ashes that need to be removed to
produce environmentally acceptable fuels. In some cases the cleaning processes require large
amounts of energy (e.g. about 15-20% of the oil energy content) and this contributes further
to the escalation of fuel prices.3
The present use of natural resources does not secure the ability of future generations
to meet their own energy needs and therefore extensive research is being conducted to find
sustainable alternatives. Biofuels appear as a promising option although the competition
between  energy  and  edible  crops  for  arable  land  is  problematic.  Biomass  based  on
lignocellulose is attracting growing attention since it does not impact significantly on food
production but its high content of nitrogen and oxygen complicates its direct conversion into
high quality fuels. Other options such as wind and solar power face the problem of the
2intermittency of the energy source and adequate means of storage are needed before these
technologies are widely implemented. As a consequence, while the contribution of
renewables to the global energy mix is gradually increasing, fossil fuels will continue to be
the main source of energy during the next twenty years.1 For this reason, alongside the efforts
to find alternative energy sources, it is necessary to foster technologies that improve the
efficiency and reduce the environmental impact of the fossil fuel resources that are currently
exploited.
The use of syngas (a mixture of CO and H2) as an intermediate in the transformation
of non-conventional energy sources into regular fuels and chemical feedstocks results a
pragmatic approach to face the present situation. Syngas production from a wide variety of
feedstocks (including natural gas, coal, biomass and heavy oils) is a proven technology that in
many cases simplifies the removal of impurities rendering eco-friendlier and cheaper
processes. In addition, considering the large fluctuations in the price of oil, the subsequent
manufacturing of typical refinery products from syngas is becoming increasingly cost
effective. Some of the organic compounds that can be produced from syngas are presented in
Figure 1.1.4 Among these products, methanol and linear hydrocarbons are regarded as
potential energy carriers that can be produced from natural gas in remote locations (stranded
gas)  or  from syngas  generated  by  water  hydrolysis  using  the  energy  surplus  of  intermittent
sources (e.g. windmills and solar power).5
Figure 1.1. Some organic compounds that can be produced via catalysed reactions from syngas.
The catalysts that participate in the individual reactions are included [adapted from Ref. 4]
3Regarding the conversion of syngas into clean fuels, two main paths can be identified:
1) the production of synthetic hydrocarbons and 2) processes that use methanol as a building
block. Synthetic hydrocarbon production is known as Fischer-Tropsch synthesis and is
catalysed by supported metals (Fe and Co). The resulting hydrocarbons are mainly linear
aliphatic but can be reformed to produce gasoline and diesel of even higher quality than those
obtained from oil refining. On the other hand, methanol can be produced from syngas and
then dehydrated to dimethyl ether (DME). Further dehydration of DME results in fuels in the
gasoline range while dimethyl ether itself is an ideal substitute for diesel in compression
ignition engines due to its high cetane number. In fact, the efficiency, power and torque of the
engines fuelled with DME are similar to diesel engines, with the advantage that SOX, NOX
and particulate matter emissions are suppressed or significantly reduced.6 In industry, both
routes (Fischer-Tropsch and methanol/DME dehydration) have been successfully
implemented and the share of synthetic fuels in the market is constantly increasing. However,
contrary to Fischer-Tropsch that requires CO2-free syngas, methanol/DME synthesis can be
conducted in the presence of CO2 and therefore it is considered a promising mitigation
strategy.
Dimethyl ether is a non-toxic gas at normal conditions but is readily liquefied at
moderate pressures (6 bar). Since the 1960s the main use of DME has been as an aerosol
propellant and only recently its role as energy carrier started to receive attention.7 Besides its
use  in  diesel  engines,  the  physical  properties  of  dimethyl  ether  are  similar  to  those  of
liquefied petroleum gas (LPG) and can be used as a substitute for LPG as residential fuel.8
The efficiency of DME as a fuel in power generation systems is comparable to that obtained
when natural gas or methanol are used in simple cycle gas turbines.9 Additionally, dimethyl
ether has also been envisaged as a key intermediate in chemical processes such as the
production of synthetic gasoline, BTX aromatics and formaldehyde.7
The production of dimethyl ether from synthesis gas involves the hydrogenation of
carbon oxides to methanol (reactions 1 to 3) and its subsequent dehydration to dimethyl ether
(reaction 4).
CO + 2 H2 ↔ CH3OH (reaction 1)
CO2 + 3 H2 ↔ CH3OH + H2O (reaction 2)
CO + H2O ↔ CO2 + H2 (reaction 3)
42 CH3OH ↔ CH3OCH3 + H2O (reaction 4)
The most conventional approach involves the conversion of syngas over a Cu/ZnO/Al2O3
methanol synthesis catalyst followed by a second unit in which the acid-catalysed
dehydration takes place. Recently, the single-stage synthesis of dimethyl ether from syngas
has attracted interest due to the increased once-through conversion that results from the in
situ transformation of methanol into thermodynamically less limiting species. Higher syngas
conversions per pass allow higher concentrations of CO2 to be incorporated in the feed. The
single-stage process requires the combination of the two active functions either in hybrid
catalysts  or  in  physical  mixtures.  In  addition  to  the  thermodynamic  synergy,  under  typical
CO-rich conditions the water produced in reaction 4 is transformed into CO2 and  H2 by
reaction  3.  This  favours  the  kinetics  of  the  methanol  synthesis  (reaction  2)  and  reduces  the
demand of hydrogen in the process.
The ternary Cu/ZnO/Al2O3 catalyst for the synthesis of methanol is a well-established
technology and an obvious choice to be used in the single-stage production of dimethyl ether.
On the contrary, many solid acids appear as candidates to catalyse the methanol dehydration
step, e.g. γ-alumina and zeolites. Regrettably, the catalytic systems and the process
configurations explored so far have been found inadequate for industrial implementation and
many single-stage developments have been unsuccessful in demonstration plants.10 From the
catalytic point of view, significant deactivation and low compatibility between the two active
functions are the main challenges to be addressed but these aspects are usually ignored in the
specialised literature. This stresses the necessity of investigations that contribute towards the
understanding of the phenomena responsible of low catalytic activities during the synthesis of
DME from syngas in a single reactor for different CO/CO2/H2 syngas compositions.
1.1  Research Objectives
The present work aims to study the effect of the methanol dehydration component on
the product distribution and the stability of systems containing Cu/ZnO/Al2O3 methanol
synthesis catalyst. The catalytic behaviour under various CO2/CO ratios is assessed at
relatively low conversion levels. This kind of studies is seldom available since emphasis is
usually placed on the thermodynamic synergy observed close to equilibrium conversions.
Deactivation and the associated changes in the selectivity of the gaseous products are
5examined using a commercial Cu/ZnO/Al2O3 catalyst for the synthesis of methanol and γ-
alumina and zeolites as dehydration functions. Most of the experiments were conducted over
physical mixtures and only few catalytic tests were done using composite hybrid catalysts.
The particular objectives of the research were the following:
Cu/ZnO/Al2O3 + γ-Alumina System
· Assess the compatibility between Cu/ZnO/Al2O3 and γ-alumina by studying the effect
that the proximity between the catalytic components has on their stability.
· Identify  the  changes  that  take  place  in  the  methanol  synthesis  catalyst  and  the  γ-
alumina when the two functions are in intimate contact and how those changes
influence the activity of both catalysts.
· Study the effect that the content of CO and CO2 in the syngas has on the catalytic
performance of Cu/ZnO/Al2O3 alone and combined with γ-alumina.
· Examine the role of phosphorus addition to γ-alumina in the enhancement of the
compatibility with Cu/ZnO/Al2O3
Cu/ZnO/Al2O3 + Zeolite System
· Study the effect of the zeolite topology on the deactivation of the methanol
dehydration function under CO-rich conditions.
· Understand the relationship between catalyst deactivation and the distribution of
hydrocarbons obtained as by-products.
· Assess the influence of the proximity of between the Cu/ZnO/Al2O3 and  zeolite
particles using physical mixtures.
·  Examine the performance of mixtures containing Cu/ZnO/Al2O3 and HZSM-5 under
CO2-rich conditions.
1.2  Structure of the Thesis
In Chapter 2, the methanol synthesis, the water-gas shift reaction and the dehydration
of methanol are reviewed. Emphasis is given to the evolution of the mechanistic models and
to the consensus that seems to be emerging over some central issues. The kinetic rates and the
typical causes of deactivation are also explained. Finally, the main engineering and catalytic
challenges for the single stage synthesis of dimethyl ether are addressed.
6A description of the experimental set-ups used and the procedures followed to
conduct the catalytic tests is given in Chapter 3. The analysis of the reaction products and the
catalyst characterisation techniques employed are briefly described.
Chapter 4 corresponds to the catalytic system consisting of Cu/ZnO/Al2O3 and γ-
alumina-based catalysts while Chapter 5 presents the study of zeolites as dehydration
catalysts. A very brief background, relevant for the specific purposes of the study, is given at
the beginning of each chapter. The results are presented and discussed.
Finally the overall conclusions of the study are summarised in Chapter 6.
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7Chapter 2
Literature Review: Relevant Aspects of the
Synthesis of Methanol and Dimethyl Ether
Carbon oxides are relatively inert molecules and their chemical transformations are
energetically unfavourable. However, those reactions that yield stable molecules (i.e. with
highly negative energy of formation, ΔGf°) can be viable under adequate conditions of
temperature and pressure. Hydrogenations are examples of such feasible conversions since
water often appears as a product.
Table 2.1.  Enthalpy and Gibbs free energy changes in some COx hydrogenations
It can be seen in Table 2.1 that the reaction enthalpies and free energies for the
synthesis of the same product are comparable for both carbon oxides. Nevertheless, when the
total production processes are considered, carbon monoxide is much more favourable and, as
a result, industrial hydrogenations normally use CO rather than CO2. Another important fact
that emerges is that well-designed catalysts are needed to enhance the selectivity of highly
valuable compounds even if other products are more favoured. An example is the commercial
Cu/ZnO catalyst which produces methanol with a very high yield although it is
thermodynamically less likely to be formed (see Figure 2.1). On the other hand, methane,
which is the most favoured product, is formed with high selectivity from both carbon oxides
over many other transition metals. The decreasing order of methanation activity is Ru, Ir, Rh,
Ni, Co, Os, Pt, Fe, Mo, Pd and Ag. However, for economic reasons, most industrial catalytic
ΔH r° [kJ·mol-1] ΔG r° [kJ·mol-1] Ref.
-259.9 -132.4 a
-205.9 -141.9 b
-137.8 -10.7 a
-131.6 -29.9 a
-173.8 -65.7 c
-256.1 -122.7 c
-135.4 -63.6 a
-129.2 -82.8 a
CO2 + H2 + CH3OH →   CH3COOH + H2O
CO + CH3OH →   CH3COOH
a.  Xiaoding, X.; Moulijn, J. A. Energy Fuels , 1996, 10 , 305-325
b.  Subramani, V.; Gangw al, S. K. Energy Fuels , 2008, 22 , 814-839
c.  Spivey, J. J.; Egbebi, A. A. Chem. Soc. Rev. 2007, 36 , 1514-1528
Reactions
CO2 + 4 H2 →   CH4 + 2 H2O
CO + 3 H2 →   CH4 + H2O
CO2 + 3 H2 →   CH3OH + H2O
CO + 2 H2 →   CH3OH
2 CO2 + 6 H2 →   C2H5OH + 3 H2O
2 CO + 4 H2 →   C2H5OH +  H2O
8processes to produce synthetic natural gas use nickel supported on a mixture of various oxide
metals.1,2
Figure 2.1. Equilibrium constants vs. temperature of various chemical reactions relevant to
methanol synthesis [reproduced from Lee, 2000]
9Catalysis, regrettably, cannot alleviate chemical equilibrium constraints so the
maximum conversion attainable in reversible hydrogenations is always limited. Moreover, as
the equilibrium conversion is approached, small kinetic driving forces cause low net reaction
rates. A conceptual technique to increase productivity in exothermic hydrogenation reactions
is the development of catalytic systems that work at much lower temperatures but new active
catalysts are seldom available and it is more usual to selectively remove certain product. This
can be achieved either by physical means (product separation) or by transforming some of
products into other less limiting species (chemical capture).
In the industrial methanol synthesis, the maximum conversion of syngas per pass is
20-30% due to the unfavourable gas-phase thermodynamics dictated by the high
exothermicity of the reactions involved. As a consequence, multiple stage processes and large
recycles are needed to achieve conversions above 90%. To circumvent this limitation, various
engineering concepts have been suggested. The use of selective liquid absorbents (e.g.
tetraethylene glycol-dimethyl ether) to remove methanol from the gas phase as it is formed
has been extensively explored.3,4 However, although in some cases the methanol productivity
was found to exceed the equilibrium limit, the reaction rates were 2 to 3 times lower than the
typical values due to diffusion limitations imposed by the liquid layer that surrounds the
catalyst particles.4 To address this inconvenience, the use of inert solvents (alkanes) under
supercritical conditions has been proposed.5 This approach benefits from the large mass
diffusion coefficients, thermal conductivities and heat capacities of supercritical fluids that
facilitate the removal of products and heat from the catalyst bed. Alternatively, a gas-solid-
solid trickle flow reactor was designed in which the syngas flowed upwards through the
catalyst bed while a fine silica-alumina powder trickled downwards adsorbing methanol
selectively. Methanol is subsequently recovered from the adsorbent by lowering the absolute
pressure.6 Unfortunately, while the concept was successfully proven in lab scale experiments,
the handling of the solids and the cyclic operation made the scale up of the process unviable.7
The least complicated strategy to overcome the equilibrium constraints is to condense the
methanol by operating at relatively high pressures (10 MPa) and low temperatures (around
200 °C). This has been demonstrated in large scale units using radial flow configurations and
fixed catalyst beds in boiling water reactors.8,9
Regarding the chemical capture approach, the equilibrium constraints on methanol
synthesis can be alleviated by its in situ dehydration to produce dimethyl ether (DME), which
is gradually becoming a valuable chemical feedstock. In principle, the use of a single reactor
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without intermediate separation units should reduce the capital costs for methanol and DME
production. Additionally, the demand of hydrogen is reduced and higher syngas conversions
allow CO2 to  be  incorporated  in  the  feed.  The  process  requires  the  combination  of  two
catalytic functions: a metallic function that catalyses the hydrogenation of carbon oxides, and
an acidic function to catalyse the dehydration of methanol. In the following sections relevant
aspects of methanol synthesis and dehydration to DME are reviewed.
2.1 Methanol Synthesis Process
Nowadays methanol is one of the most important supplies in the chemical industry. It
is used as a raw material to produce paints, resins, silicones, adhesives, antifreeze and plastics
among others. About 70% of the annual methanol production (more than 50 million tons per
year in 2011) is transformed into formaldehyde, methyl-tert-butyl ether (MTBE) and acetic
acid.10 In addition, methanol can be used as a transportation fuel either in internal combustion
engines or in direct methanol fuel cells.
Methanol is produced industrially from syngas -or synthesis gas- using a
Cu/ZnO/Al2O3 catalyst. The main reactions related to the synthesis can be described by the
following equations:
)3(molkJ49.8ΔHCOOHCO
)2(molkJ.709ΔOHCH2HCO
)1(molkJ40.9ΔOHOHCH3HCO
1
MPaK,5298222
1
MPaK,529832
1
MPaK,52982322
-
-
-
=-+¾®¬+
=-¾®¬+
=-+¾®¬+
H
H
H
A combination of either reactions (1) and (3) or (2) and (3) completely describes the
system thermodynamically. Since the reactions are exothermic and involve a reduction in the
gas volume, the maximum conversion is obtained at low temperature and high pressure.
However, good catalytic activity is obtained only above 250 °C. As a result, the typical
operating conditions in industrial methanol plants are about 250 °C and 5 MPa.
2.1.1 Historical Background
During the XIX century and up until the mid 1920s methanol was produced by the
gasification of dried wood at temperatures between 400 °C and 600 °C in an atmosphere
deficient in oxygen. This process, called destructive distillation, required one ton of wood to
generate 20 litres of product and therefore methanol was considered a specialty chemical
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rather than a process feedstock.11 A breakthrough came in 1923 when BASF set up the first
synthetic methanol plant in Leuna, Germany, using a zinc oxide/chromium catalyst. The
feedstock was a synthesis gas derived from coal gasification and the process used a nominal
pressure of 35 MPa and temperatures about 450 °C.12,13
The high-pressure process became the standard for the following four decades until
vast reservoirs of natural gas were found in the United States. Syngas obtained from natural
gas has fewer impurities -mainly sulphur, chlorine and heavy metals- than the syngas
produced from coal and this enabled the use of more active but less poison-tolerant catalysts.
A ternary Cu/ZnO/Al2O3 catalyst was introduced in Poland in 1952 operating at 15-25 MPa14
and in 1966 the high-pressure technology was overcome by the development of a new
process by ICI. The ICI process used a ternary catalyst similar to the Polish one but operating
at pressures from 5 to 10 MPa and temperatures around 250 °C.15 Since then, the catalytic
system for methanol synthesis has undergone few modifications although extensive research
is  taking  place  to  find  new routes  to  work  at  even  lower  temperatures  and  pressures  (more
information in section 2.3).16 Modified catalysts to improve the performance under oxidative
conditions are also being developed.17,18,19
2.1.2 Reaction Mechanism and Active Sites
Although low-pressure methanol synthesis is a well established technology, various
fundamental questions concerning the catalytic system remained unsolved for many years
and some of them are still subject of discussion. The fact that the feedstock to all industrial
plants is a H2/CO/CO2 mixture made it difficult to clarify which carbon oxide was the actual
source for methanol. The sequential reduction of CO2 to CO and finally to methanol was the
most evident reaction mechanism and it was supported by some experimental observations.20
Klier and co-workers21,22 -one of the most influential research groups in this field during the
1980’s- published a detailed analysis of the reaction kinetics for methanol synthesis with
various proportions of reactants. Since the methanol productivity presents a maximum when
the concentration of CO2 is about 2% of the total carbon oxides and notoriously decreases at
higher concentrations, they concluded that methanol was produced almost exclusively from
CO. A separate term was added to the rate equation to account for the slow synthesis of
methanol from CO2. Klier proposed that the active site for CO hydrogenation was Cu+
formed in a ZnO matrix, hence the main role of CO2 was to keep the copper in the adequate
oxidation state (more information in section 2.4).23,24
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In the Soviet Union, Kagan and co-workers proposed an alternative mechanism of
methanol synthesis from carbon dioxide hydrogenation. They claimed, however, that the net
source  of  carbon  is  CO  oxidised  through  water-gas  shift.  Their  conclusions  were  based  on
kinetic experiments25 as well as on studies using carbon oxide isotopes.26 Despite the
overwhelming evidence, these results were disregarded in the West until supporting work
from ICI scientists was published.27,28,29 Today it is widely accepted that methanol is formed
mainly from carbon dioxide even though it can also be synthesised from carbon monoxide by
a much slower parallel route. The new insights led to an active site model in which CO2 was
assumed to be chemisorbed as a formate and later hydrogenated to methoxy species, the latter
being the limiting reaction step. Using frontal chromatography to measure the metal surface
area of the catalysts before and after the methanol synthesis, Chinchen and his ICI co-
workers found that the reaction occurs solely on copper covered with oxygen up to 40% of a
monolayer. Moreover, they found a direct correlation between the methanol synthesis activity
(turnover frequency) and the copper surface area which is completely independent from the
nature of the catalyst support. Accordingly, it was concluded that no synergetic effect exists
between copper and zinc oxide29 although it plays a crucial role in neutralising the acidic sites
on the alumina support, hence preventing DME formation.30
From the research conducted by the ICI group the role of surface oxygen enabling
CO2 adsorption was accepted,31 even though some doubts existed about the accuracy of the
oxygen coverage measurement in the industrial catalysts.32,33 The absence of synergy was
also questioned since the specific activity (rate of methanol production per unit area of
copper) was found to be dependent on the choice of the support.34 A new model proposed by
Frost35 intensified the debate as it invoked a significant synergy occurring at the interface
between the metal and the semiconducting oxide. According to this view, the formation of
ionised  oxygen  vacancies  in  the  ZnO  is  facilitated  by  a  net  transfer  of  electrons  to  the  Cu
Fermi level (Schottky junction effect). The presence of Cu– was implied and this caused wide
criticism in spite of the successful prediction of the activity of Au/Th and Ag/Zr catalysts.
Although the work by Frost did not find much support, the idea that the metal/oxide interface
participates in the stabilisation of unusual oxidation states is still included in recent
descriptions of the catalytic sites.36 Evidence of electron transfer from the conduction band of
polar facets of ZnO to admixed Cu nanoparticles was recently provided by X-ray
photoelectron spectroscopy (XPS) and electron paramagnetic resonance spectroscopy (EPR)
measurements.18 Conversely, ZnO crystallites that exposed non-polar planes preferentially
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did not exhibit significant electronic interactions with the Cu in the junction. Temperature-
programmed reduction (TPR) experiments showed that the addition of Cu promoted the
reduction of ZnO polar facets and it was suggested that the oxygen ions that result from
vacancy  formation  at  the  Schottky  junction  are  able  to  migrate  through the  copper  surface.
The mixtures containing Cu particles and polar facets of ZnO were found to be selective for
CO2 hydrogenation while Cu interaction with non-polar ZnO planes favoured the WGS
reverse reaction. Therefore, it was speculated that CO2 is activated by the oxygen vacancies
and the Cu in the interface assists in the hydrogenation to methanol. In connection with the
industrial catalysts, High-resolution transmission electron microscopy (HRTEM)
investigations of binary Cu/ZnO catalysts prepared by coprecipitation have revealed that the
Cu particles tend to be attached to the non-polar ZnO (100) facet.37 However, the materials
described in the referred study are significantly less complex than the most active
Cu/ZnO/Al2O3 catalysts. High surface area zinc oxide used in commercial methanol synthesis
catalysts has been reported to consist of platelets that expose primarily polar facets.38
Studies using nuclear magnetic resonance spectroscopy (NMR) and temperature–
programmed techniques have demonstrated that atomic hydrogen produced on copper sites
during formate decomposition can migrate to the support where it is loosely held
(spillover).39,40,41 The stored hydrogen can migrate back to the metal component enhancing
the hydrogenation of Cu formate which is the most difficult step in the methanol synthesis.
However, small quantities of hydrogen from the support are sufficient to maintain a steady
flux between the oxide and the copper so the promoting effect of the support is not observed
under every reaction condition.42 ZnO was also found to play an important role in the
stabilisation of different copper crystal morphologies. Some research groups reported –using
in situ extended X-ray absorption fine structure spectroscopy (EXAFS) – that the copper
coordination number increases significantly in the presence of oxidising gases, but it can be
reduced again by reverting to a gas with a lower oxidising potential. The results were
explained considering the changes in the contact-surface free energy between both
components: a decrease in the oxidising potential of the syngas lowers the interfacial energy
between copper and zinc since they form a stable alloy (more information in section 2.4).43,44
The formation of a stable surface alloy with catalytic significance –whose extent depends on
the feed gas composition– was proposed by Spencer45 and experimentally observed by
Nakamura on model catalysts.46,47 According to Nakamura’s scanning tunnelling microscope
(STM) and XPS results, formate intermediaries are bound to both, copper and zinc atoms, so
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the authors proposed that the active site is not metallic copper but the alloy. Support to this
model came from experiments applying H2gCO2gH2 redox cycles: it was observed that
while CuO/ZnO catalysts are partially reoxidised by CO2, reoxidation of pure Cu does not
occur. The fraction of reoxidised Cu was found to be very reactive and it was proposed that
these sites exist in the junctions between Cu and ZnO.48 However, the formation of a Cu-Zn
surface alloy may not be a requirement for the synergy since it has been found that the Cu
lattice in the catalyst precursor is already strained by the close interaction with ZnO, which
correlates with the increase in the intrinsic activity for methanol synthesis.49
Although the reaction mechanism for the low-temperature synthesis of methanol is
still  debated,  some  consensus  seems  to  be  emerging.  It  has  been  demonstrated  that  the
reaction rate for the carbon monoxide hydrogenation is rather slow so that, under industrial
conditions, methanol is synthesised almost exclusively from the CO2 produced by the water-
gas shift (WGS). The dominant surface species during methanol synthesis are formates50
which  easily  decompose  back  to  carbon  dioxide.  As  a  result,  formate  hydrogenation  is  the
most crucial step on the catalyst components (mainly copper). The nature of the sites
responsible for the synthesis remains controversial and further advances in surface science
are needed to dispel present doubts.
2.1.3 Feed Composition to the Methanol Synthesis Process
Although some of the earliest methanol plants operating
in the 1920s and 1930s used carbon dioxide and hydrogen
obtained as by-products from other processes,11 modern plants
use synthesis gases where CO is the most abundant carbon
oxide. There are some thermodynamic and kinetic limitations
that make it necessary to feed CO-rich streams rather than
CO2. Experimental and theoretical results show that the
equilibrium yield of methanol increases as the concentration of
carbon monoxide increases in the syngas. For instance, if CO
is 80% of the total carbon oxides in a stoichiometric feed gas at
3 MPa and 250 °C the methanol yield is 42%, opposite to a
methanol yield of 12% if no CO is fed.51 This effect is caused
by  the  turn  on  of  the  water-gas-shift  reaction  (equation  3)  at
Figure 2.2. Conversion of
carbon oxides in stoichiometric
gas at 5 MPa and 250 °C
[reproduced from Hansen, 2008]
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high CO concentrations while at high CO2 concentrations the reaction proceeds in the reverse
direction.
From the kinetic point of view, the reaction rate presents a maximum when the carbon
dioxide concentration as a fraction of the total carbon oxides is between 0.02 and 0.05 in a
stoichiometric feed gas as shown in Figure 2.2.52,53 The increment in the reaction rate below ~
2 mol% of CO2 can be interpreted as the simple raise in the reactant concentration while the
subsequent decrement is due to the catalyst exposure to the reaction products. Inui and co-
workers54 found that the drop in the catalyst activity can be counteracted by adding La2O3
and Pd or Ag to the copper-zinc catalyst. They considered that the weak basicity of
lanthanum oxide increases the adsorption capacity for acidic CO2 while Pd and Ag promotion
was due to hydrogen spillover. A similar enhancement was reported for Ga2O3 combined
with the Cu-Zn oxides, although in this case the effect was explained by the capture of
diffusing hydrogen physisorbed on the gallium component (inverse spillover).55 From kinetic
experiments at finite and differential conversions it was demonstrated that water was the
crucial molecule which leads to a lower net rate (either over-oxidising the surface or
promoting the blockage of active sites by formate species).56,57,58
2.1.4 Deactivation of Cu/ZnO-Based Catalysts
Cu/ZnO catalysts are very susceptible to poisoning since the reactions are typically
conducted at low temperatures and high pressures which favour the adsorption of molecules
from the gas phase. H2S chemisorbs on Cu to form Cu2S, reducing the availability of active
sites. Similarly PH3 and HCl adsorb irreversibly on copper to give phosphates59 and chlorides
respectively. CuCl is an extremely mobile species so, in addition to site blockage, sintering is
significantly accelerated. 36,60 Sulphur and chlorine also react strongly with free ZnO, which
provides some self-guarding properties to the catalyst. Other common poisons are metal
carbonyls (Ni, Fe) formed from rust that may be present in the feed lines. Group VIII metals
promote methanation and Fischer-Tropsch reactions affecting the selectivity and leading to
deactivation if long-chain paraffins are formed.2
The low activity of copper to catalyse C—O breaking and C—C formation limits the
deposition of heavy organic products that eventually may lead to coke. However, besides the
effect of metal carbonyls described above, other impurities can also promote hydrocarbon-
chain growth. Alkaline impurities result in the production of higher alcohols while strongly
acidic sites can lead to the formation of waxes through methanol dehydration.2 In addition,
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carbon monoxide disproportionation (Boudouard reaction) may occur, particularly at low
temperature and in hydrogen deficient atmospheres.60
Thermal sintering is very frequent in Cu/ZnO catalysts due to the high exothermicity
of the reactions involved in the methanol synthesis. According to the Tammann’s rule
(Tmobility > 0.5·Tbulk melting point), the migration and coalescence of Cu crystals occur at
temperatures above 400 °C. However, although methanol synthesis is normally conducted
between 210 °C and 310 °C, X-ray diffraction (XRD) analysis of spent catalysts reveal an
increase in the copper crystallite size from typically 7 to more than 20 nm.36 As metal
particles decrease in size (typically below 50 nm), the properties of surface atoms start to
dominate over those of the bulk. The presence of fewer neighbouring atoms in the surface
decreases the cohesive energy of metals, lowering their melting point on the order of tens to
hundreds of degrees.61 For a solid in vacuo, atoms and molecules in the crystal surface
become activated for rearrangements at temperatures around one-third of the melting
temperature (Hüttig temperature, Cu ≈ 180 °C). Under these conditions atomic and molecular
species are released from small particles and merge with larger crystals, increasing the
average size of the metal particles. This process is known as Ostwald ripening and is
thermodynamically  driven  by  the  higher  fugacity  of  smaller  particles.  The  resistance  of
Cu/ZnO catalysts towards sintering is strongly dependent on the manufacturing procedures
used and can be significantly improved by the incorporation of refractory oxides (Al2O3,
SiO2, Cr2O3) in the formulations.60
Deactivation also depends on the composition of the syngas used. Under strongly
reducing conditions significant loss of activity occurs possibly related to the spread of Cu
particles due to wetting phenomena.62 On the other hand, catalyst deactivation under
oxidising conditions is not as severe as in the case of reducing atmospheres but
agglomeration of copper has been reported after long-term operations. Crystallite growth rate
increases by a factor of 2.5 in presence of water compared to thermal treatment alone.63 XRD
results show that the catalyst deactivation is caused by the crystallisation of the support -
especially ZnO- which leads to the reduction of the copper surface area. It was found that the
addition of silica up to 0.6 w/w% can suppress the crystallisation of the metal oxides possibly
because of some strong interactions between both components.64,65
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2.2 Water-Gas Shift Reaction
The reversible reaction between carbon monoxide and steam to produce carbon
dioxide and hydrogen according to equation (3) is known as water-gas shift. Since in many
cases  the  composition  of  the  synthesis  gases  obtained  from  coal  gasification  and  steam
reforming of hydrocarbons is not the one needed for the production of bulk chemicals, WGS
represents a crucial step to obtain the desired hydrogen to carbon oxide ratios. Moreover, it is
common that water-gas shift is involved in complex reaction systems as in the case of
methanol synthesis.
Industrial low-temperature water-gas shift (between 210 °C and 270 °C) is performed
on a Cu-Zn catalyst supported on Cr2O3. In the beginning, the idea that methanol synthesis
and WGS share intermediate species emerged from the fact that the catalyst components are
the same in both processes. However, kinetic expressions developed for Fe-Cr catalysts based
on redox mechanisms seemed to  fit  the  experimental  data  of  water-gas  shift.66 As a result,
two opposite mechanisms for WGS were proposed: 1) the associative mechanism which
states that, just as in the case of methanol, the reactants are adsorbed on the catalyst to give an
intermediate (i.e. formate) that decomposes to products, and 2) the regenerative mechanism
in which the reaction is thought to take place through a redox process.67
Chinchen and co-workers68 estimated the approach of the water-gas shift reaction to
equilibrium using relevant feed concentrations for methanol synthesis. Comparing their
results with the equilibrium constant at 523 K they found that, under the studied conditions,
WGS must  proceed  in  the  forward  direction.  This  implies  that  a  significant  fraction  of  any
carbon-containing surface intermediate must be formed from CO (WGS) as well as from CO2
(methanol synthesis). Since methanol is formed almost entirely from carbon dioxide, there
cannot be an intermediate common to both reactions. Hence the possibility that water-gas
shift proceeds via copper-formate was discarded.
Regarding the regenerative mechanism, two perspectives were widespread among
scientists. The more simplistic one proposed a two-step oxidation-reduction reaction path,
while the other was developed from a multi-step mechanism (Langmuir-Hinshelwood).
Yur’eva and co-workers measured the rate of surface reduction with CO in pre-oxidised
catalysts aiming to assess the correctness of the oxidation-reduction approach. Their results
showed that  the  reduction  rate  becomes  lower  than  the  typical  shift  rate  when the  oxygen-
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surface concentration drops below 0.92 monolayers at 210 °C. During WGS at steady-state
conditions, the amount of oxygen adsorbed on copper is much lower than this experimental
value so it was concluded that the Langmuir-Hinshelwood mechanism was the correct
description for the catalytic system.69 Later results from surface science experiments led to a
microkinetic mechanism that supports Yur’eva’s conclusions.70
Temperature-programmed desorption of the compounds involved in the water-gas
shift showed that both carbon oxides adsorb on two different sites. Low-temperature sites are
thought to be responsible for the catalytic activity while high-temperature sites (perhaps
surface carbonates) are not active. Water adsorbs in a relatively broad peak due to the surface
energetic heterogeneity. In addition, information obtained from transient response
experiments revealed that strongly adsorbed water is able to migrate slowly to the active sites
where the shift reaction occurs.71
2.3 Other Catalysts for Methanol Synthesis
As it was mentioned above, the industrial Cu/ZnO catalyst for methanol synthesis has
undergone few modifications over the last fifty years. However, efforts are constantly
directed to find more active catalysts able to operate at even lower temperatures where the
thermodynamic constraints are less severe. Likewise, considering that many industrial sectors
produce concentrated CO2 effluents with the potential to be chemically recycled (if clean
sources of H2 are available72), extensive research has focused on the development of catalysts
that perform adequately with CO2-rich feeds.
  Palladium supported on SiO2 was  reported  to  produce  methanol  from  CO/H2 with
high selectivity in experiments conducted between 260 °C and 350 °C at pressures in excess
of 100 MPa.73 However, the formation of methane was significant compared to the 99%
selectivity to methanol obtained over commercial Cu/ZnO-based catalysts.36 The addition of
alkaline earth metals was found to promote methanol formation over Pd/SiO2 while the
methanation activity slightly decreased. The promoting effect was particularly strong for
calcium and strontium.74 Promising results were reported using Pd supported on CeO2 in the
conversion of H2 and CO. A methanol space-time yield (STY) of 300 g·kg-1·h-1 was obtained
at 170 °C and 3 MPa while a commercial Cu/ZnO catalyst required 230 °C to give a similar
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yield.75 Despite the higher activity of Pd/ CeO2, the methanol productivity was still 4 to 5
times below that of industrial units operating above 250 °C.
Copper particles promoted with zirconia appear to be promising catalysts for the
synthesis of methanol from CO2 and  H2. Compared to the Cu/ZnO catalyst, the
hydrogenation rate over Cu/ZrO2 supported on SiO2 is slightly higher while the reverse
water-gas shift activity is significantly reduced.76 The lower water partial pressures obtained
result in more favourable thermodynamics and kinetics for methanol production. In fact, it
has been reported that the amount of methanol produced over Cu/ZrO2 doubles the value
predicted from an equilibrium calculation in which the reverse water-gas shift and the
methanol synthesis reaction are equilibrated.77
Some sulfide catalysts exhibit significant activity for methanol synthesis, particularly
under CO-rich conditions. The conversion obtained over potassium-promoted molybdenum
disulfide is comparable to commercial catalysts although the selectivity to methanol is under
60%. Methane and ethanol are the main by-products.78 The space-time yield observed for
sulfided Pd/SiO2 promoted with calcium nitrate was 60% of that obtained using commercial
Cu/ZnO/Al2O3 at  320  °C  and  5  MPa.79 All  these  catalysts  are  sulphur  tolerant  so  they  are
expected to be effective in the conversion of biomass-derived syngas with no need of a
desulphurisation unit.
2.4 Kinetic Models for Methanol Synthesis and the Water-Gas Shift
Reaction over Cu/ZnO-Based Catalysts
Although the Cu-based methanol synthesis catalyst has been used since the mid
1960s, the development of rate equations to describe the kinetics has been slow due to the
lack of clarity about the reaction mechanism. Among the first models that included a
mechanistic description is the one proposed by Klier and co-workers23 which was based on
the assumption that methanol was produced mainly through CO hydrogenation. According to
their view, the maximum in the synthesis rate that is observed when the CO/CO2 ratio is
varied at a fixed total pressure (Figure 2.2) is caused by the existence of an optimal oxidation
state of the surface which is governed by a redox-like equilibrium. An empirical term
accounted for the contribution of CO2 hydrogenation to methanol formation, equation (a).
Later, in the midst of the debate about the actual source of carbon in methanol, Graaf et al.80
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derived a kinetic model based on a reaction scheme that included the successive
hydrogenation of both, CO and CO2, as well as the water-gas shift reaction via a formate
intermediate. Despite the unprecedented good description of the experimental data for a
completely mechanistic model, criticism came from the associative nature of the WGS
reaction67,68 and from the fact that some intermediates featured in two different reactions so
the equations simultaneously predicted different concentrations for the same surface
species.53
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As mentioned above, experiments at differential conversions using isotope labelled
reactants provided clear indication that CO2 is the main source of carbon in methanol. In
agreement with this evidence, Vanden Bussche and Froment53 derived a kinetic model that
considered the adsorption of CO2 as a carbonate which is then hydrogenated to bicarbonate
and subsequently to Cu formate, formaldehyde and methoxy species. The formation of
surface carbonate is consistent with the observation that CO2 does not chemisorb on
completely reduced copper and the presence of oxygen provided by the ZnO phase is
required.48 On the other hand, the water-gas shift reaction was proposed to occur through a
redox mechanism.  The reaction network is presented in Figure 2.3.
Figure 2.3. Reaction scheme for the synthesis of methanol and the water-gas shift reaction
[adapted from Vanden Bussche, 1996]
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The authors  assumed that  the  reactions  occur  exclusively  and  completely  on  the  Cu
surface where the adsorption of CO2 is promoted by traces of surface oxygen or alkaline
species.81 The role of ZnO is limited to structural promotion. The hydrogenation of formate
was regarded as the rate determining step as it is the most abundant surface species. For the
water-gas  shift  reaction  the  dissociative  adsorption  of  CO2 is rate determining as shown by
Nakamura et al.82
According to Vanden Bussche and Froment, the total concentration of active sites (ܥ௧)
is  given by the sum of the concentrations of free active sites (ܥ௦) plus the sites occupied by
adsorbed hydrogen, oxygen, carbonate, formate and water. The concentrations of the rest of
the surface species were neglected. The determination of the normalised concentration of free
active  sites  was  complicated  by  the  bridging  adsorption  of  CO2 that produces adsorbed
oxygen resulting in a quadratic equation in ܥ௦/ܥ௧. However the authors realized that the
parameters describing the surface concentration of carbonates and formates, i.e. the quadratic
term, never yielded any statistically significant contribution so the final rate equations for the
methanol formation and the reverse WGS reaction are:
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where ௜ܲ is the partial pressure of component i, ݇ହ௔′ = ݇ହ௔ ∙ ܥ௧ଶ, ݇ଵ′ = ݇ଵ ∙ ܥ௧ and ܭଶ′ = ܭଶ ∙
ܥ௧, , and ௝݇ and ܭ௝ are the kinetic and the equilibrium constants for the steps in Figure 2.3. ܭଵ∗
and ܭଷ∗ are the thermodynamic constants describing the gas phase equilibrium for CO2
hydrogenation and the reverse water-gas shift respectively.
The models mentioned above are based on the assumption that the number of active
sites and the relative abundance of the facets in the Cu particle are constant and therefore the
kinetic equations represent the average of the rates obtained over the exposed crystalline
planes. However, in situ XRD and EXAFS experiments44,83 showed that the Cu particles
change their morphology in response to the reducing potential of the atmosphere.
Consequently, Ovesen and co-workers84 proposed a new microkinetic model that accounted
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for those dynamic variations. The model is an extension of a previous equation derived from
a reaction network similar to the one presented in Figure 2.3 except that the molecular
adsorption of CO2 did not result in the formation of surface carbonates.85 CO2 hydrogenation
and the water-gas shift reaction were assumed to follow the same mechanism over the
different surface planes but the value of the parameters were different in each case. Only the
planes Cu(111), Cu(110) and Cu(100) were considered and the values of the equilibrium and
rate constants were obtained from experiments on model catalysts or calculated from the
partition function of the intermediates.
 The surface phenomenon that leads to the reconstruction of the crystallites is better
understood if the Cu particles are regarded as a liquid in contact with a solid (ZnO) and a gas,
Figure 2.4. The balance of the forces acting on point A that are parallel to the surface of the
solid (Young’s equation) is ߛ୞୬୓ି୥ୟୱ = ߛେ୳ି୞୬୓ + ߛେ୳ି୥ୟୱ cosߠ, where ߛ୧ି୨ is  the  surface
tension of the corresponding interface and ߠ is  the  contact  angle.  When  the  catalyst  is
exposed to an oxidising gas mixture, ZnO tends to be more stoichiometric and ߛେ୳ି୞୬୓ is
large enough to produce sphere-like Cu particles, Figure 2.4a.  If the environment is more
reducing, oxygen vacancies in the Zn—O—Cu interface result in the formation of a stable
alloy which decreases the values of ߛେ୳ି୞୬୓ and ߠ, Figure 2.4b. The concentration of oxygen
vacancies (Zn—o—Cu) at the Zn—O—Cu interface is determined by two reactions:
 In their model, Ovesen et al. used surface free energies instead of interfacial tensions.
From the equilibrium constants of reactions 4a and 4b and assuming a linear relation between
the surface-contact free energy and the concentration of oxygen vacancies, the surface-
contact free energy can be expressed in terms of the concentration of the species in the gas
phase. Subsequently, the shape of the Cu crystals was determined by Wulff construction66,
i.e. by truncating the crystal in all directions at distances proportional to the free energy of the
corresponding facet. Once the crystal shape was determined for the particular reaction
conditions, the contribution of the different facets to the exposed surface and to the observed
reaction rate can be calculated.
H2(g) + Zn—O—Cu ↔ H2O(g) + Zn—o—Cu (4a)
CO(g) + Zn—O—Cu   ↔   CO2(g) + Zn—o—Cu (4b)
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From  parity  plots  obtained  assuming  a
constant Cu surface area, it is evident that the
reaction rates for less reducing gases tend to be
overestimated.84 On the contrary, the kinetic model
proposed by Ovesen shows better agreement with the
experiments and is able to describe the kinetic
behaviour during transient conditions. In addition,
the dynamic model can explain a conflicting issue
regarding the adsorption of water on the Cu surface:
the reaction order of water is negative in the models
proposed by Graaf et al. and Vanden Bussche et al.,
but from surface science studies it is known that
water adsorbs weakly on the catalyst.85 Ovesen’s
model suggests that the apparent negative reaction
order is caused by a decrease in the reduction potential when the water partial pressure is
increased resulting in a particle morphology with a lower surface area.
2.5 Dimethyl Ether Synthesis: One-Stage Process
The industrial relevance of the dimethyl ether synthesis in a one-stage process was
recognised early in the 1990s, driven by increasingly stringent environmental regulations.86
To date, DME appears as a promising ultraclean fuel in compression-ignition engines due to
its high cetane number (55-60) and its low auto-ignition temperature. The efficiency, power
and torque of the engines fuelled with DME are similar to those fuelled with diesel, whereas
SOX, NOX and particulate matter emissions are suppressed or significantly reduced.87 In
addition, it can be used in direct oxidation fuel cells with the advantage of pumpless delivery
and high energy density storage.88 Dimethyl ether is also an important intermediate in the
production of methyl acetate, dimethyl sulphate and in some petrochemical processes such as
the production of light olefins and BTX aromatics.87
Although nowadays the main use of DME in Western countries is  as a propellant in
aerosol canisters, the Asian market of DME as an LPG replacement is continuously
expanding. In developing countries, where the gas grid does not reach all the territory, bottled
Figure 2.4. Changes in the morphology of
the Cu crystallites in response to the reactive
environment, a) oxidising, b) reducing
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DME/LPG blends are commonly used as cooking fuel with more than 50,000 customers in
China in 2006.89 The list sale price per volume of coal-derived DME is about 75 – 90% that
of LPG (the energy content is 38% lower though) and the costs are less fluctuant than for oil-
and gas-derived fuels.90 In 2012, China consumed more than 90% of the global production of
DME (2.8 million tons) and it is forecasted that the market will require 11.4 million tons by
the end of 2023.91
The synthesis of dimethyl ether from syngas requires the combination of two catalytic
functions:  selective  hydrogenation  of  carbon  oxides  to  methanol  (reactions  1  to  3),  and
methanol dehydration (reaction 5).
« )5(molkJ.012ΔOHOCHCHOH2CH 1MPaK,52982333 -=-+ H
Theoretical calculations show that there is a considerable improvement in the
equilibrium oxygenate yield when methanol and DME are produced from CO2 hydrogenation
and that the enhancement becomes even greater as the CO content in the feed increases, Fig
2.5.92 Since the hydrogen contained in the water molecules can be recycled through water-gas
shift under CO-rich conditions, the amount of H2 required for a stoichiometric feed is halved
in comparison to the synthesis of methanol. In addition, higher conversions allow significant
amounts of CO2 to be incorporated in the feedstock and therefore the coupled production of
methanol and dimethyl ether is regarded as an alternative to mitigate carbon dioxide
emissions.
While Cu/ZnO/Al2O3 is a well established
methanol synthesis component, many solid acids
appear as candidates for the dehydration step
including γ-alumina and zeolites. γ-Al2O3 exhibits a
remarkable selectivity towards dimethyl ether93 but
zeolites show better performance in terms of catalytic
activity and stability, especially in the presence of
water.94 The conversion of syngas to DME can be
conducted over a dual catalyst system consisting of a
physical mixture of methanol synthesis and
Figure 2.5. Dependence of the equilibrium
conversion on the feed composition
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dehydration catalysts or over a hybrid catalyst in which the two functionalities are built into a
single particle. In any case the maintenance of the catalyst activity remains a major challenge
which has limited the industrial implementation of the one-stage process.
2.5.1 Solid Acid Catalysts for Methanol Dehydration
Dimethyl ether is produced by the catalytic dehydration of methanol over solid acids.
The acidic and basic characteristics of a solid can be described following two different
definitions.  According  to  the  concepts  introduced  by  J.  M.  Brønsted  and  T.  M.  Lowry,  an
acid is any species able to release a proton while a base is any species capable to combine
with a proton. Therefore, acid-base interactions consist in the equilibrium exchange of a
proton from an acid (HA) to a base (B-) to produce a conjugated base (A-) and a conjugated
acid (HB). G. N. Lewis introduced an alternative approach according to which an acid is a
species able to accept an electron pair while a base is an electron-pair donor, both interacting
to form a dative covalent bond. In terms of Lewis’ definition,  a Brønsted-Lowry acid (HA)
results from the interaction of an electron acceptor (H+) with a base (A-). Consequently
Lewis-type acids do not correspond to Brønsted-type acids but the definition of basic species
coincides in both theories.95
2.5.1.1 γ-Alumina (γ-Al2O3)
γ-Alumina is an amorphous solid with a defective spinel structure (MgAlO4) in which
Mg2+ ions are replaced by Al3+ ions (67%) and vacancies (33%) to give an overall formula
Al2O3. Although the vacancies reduce the charge introduced in the structure by the
substitution of cations, the surface of γ-Al2O3 remains with an excess of positive charge that
is compensated by adsorbed anions, preferentially OH-. Such hydroxyl groups are weakly
acidic but desorption at high temperatures create coordinatively unsaturated surface (cus)
cations and oxide anions that exhibit acid-base properties according to Lewis definition96,
Figure 2.6.
Figure 2.6. Surface hydration/dehydration reactions in γ-Al2O3
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The heterogeneity of the acidic and basic sites generated by surface dehydration was
early recognised and different models emerged to explain the properties of γ-alumina. Hindin
et al.97 proposed  the  formation  of  two  different  active  sites  upon  water  removal,  one
consisting in adjacent acid-base pairs and other in which a strained Al—O—Al linkage works
as a single acidic-basic point. However, the number of active sites measured experimentally
is orders of magnitude lower than the one predicted by simple dehydration. To explain this
observation, Peri used a computer simulation to study the dehydroxylation of the plane (100),
which was considered to be preferentially exposed. Peri proposed that after adjacent cus
cations and oxide anions are formed through regular dehydration (67% —OH removed),
additional dehydroxylation occurs at higher temperatures until 90% of the total hydroxyls are
removed. Under a restriction of no surface migration of hydroxyls, this further
dehydroxylation is completely random since all the aluminium sites in the plane are
equivalent. It was assumed that the remaining isolated hydroxyls were responsible for the
catalytic behaviour of γ-alumina and that their properties depend on the inductive effect
created by the proximity oxide anions. Five different sites were identified and correlated with
the observed infrared vibration bands. 98
The fact that Peri treated only the (100) plane was an oversimplification in the model
as in practice the (111) and (110) faces also contribute to the surface layers of γ-alumina. In
addition, Knözinger and Ratnasamy pointed out that the inductive effect of oxide anions is so
weak that it is unlikely to be the main factor controlling the electronic state of the hydroxyl
groups. By considering the coordination number of the aluminium atoms in the three planes
of γ-Al2O3 and calculating the electronic states (net charges) of the atoms as if  purely ionic
bonds were formed, they identified five different types of hydroxyls,99 Figure 2.7.
Figure 2.7. Different types of hydroxyls and formal net charge according to Knözinger et al.
[reproduced from Trueba, 2005]
27
It is obvious that the proton acidity increases as the net charge of the hydroxyl
becomes more positive. Regular dehydroxylation at low temperature should proceed by the
combination of a proton from an acidic site with a basic hydroxyl to form a water molecule.
For  example,  hydroxyls  Ia  and  IIa  occur  as  nearest  neighbours  in  plane  (111)  so  they  will
combine to form an anion vacancy (Lewis acid site) in group Ia and an oxide anion (Lewis
base site) in group IIa. However, as it was mentioned above, the number of sites generated by
the regular dehydroxylation process is orders of magnitude higher than the number of sites
that are catalytically active and therefore they can hardly be involved in heterogeneous
reactions. Following the idea of Peri, Knözinger and Ratnasamy assumed that catalytic
activity emerges from defect sites created by the removal of equivalent hydroxyls and
irregular combinations favoured by proton mobility at higher temperatures.99
Although Knözinger’s model is a useful description of the surface of γ-alumina, it is
still idealised. Furthermore, it focuses on the nature of surface hydroxyls but cus cations and
oxide anions are only treated implicitly. More realistic models describing the nature of Lewis
sites have been developed using density functional theory and molecular-orbital
calculations.100
2.5.1.2 Zeolites
Zeolites are crystalline aluminosilicates formed by a network of tetrahedral SiO4 and
AlO4- linked by shared oxygen atoms. The substitution of Si4+ by Al3+ in the ionic structure
generates higher electron density on the bridging O atoms which needs to be balanced by the
addition of a positive ion. If the charge is compensated with protons, the zeolites exhibit
Brønsted-type acid-base behaviour. The theoretical density of acid sites is therefore equal to
the number of aluminium atoms in the framework but additional Lewis acidity can be caused
by amorphous Al3+ species attached to the zeolite crystallites.
 The distribution of the acid strength among the proton donor groups in the zeolites
depends on many parameters. As the Si—O—Al bond angle increases, the site becomes more
prone to release the proton. For example, the sites of mordenite (143-180°) and ZSM-5 (133-
177°) are significantly stronger than those of faujasite (138-147°).101 The  acid  strength  can
also  be  enhanced  by  extra-framework  aluminium  species  acting  as  Lewis  acids.  The
interaction between an electron acceptor and a bridging-O atom (with high electron density)
weakens the bond with the compensating proton increasing the Brønsted acidity of the site.102
Another important factor controlling the acidity of a zeolite is the proximity between Al
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atoms in the framework. From an electrostatic point of view, as AlO4- ions become closer the
mutual  repulsion  increases  the  bond  strength  with  the  compensating  charge  (less  acidic)  in
comparison an isolated AlO4- site (more acidic). This same reasoning can be used to explain
the experimental observation that AlO4- tetrahedra are always interspersed with SiO4
tetrahedra (Löwenstein’s rule), i.e. electrostatic repulsion makes Al—O—Al very
unstable.103,104 Finally, mild donor sites can be formed by water complexation of protonic
sites, e.g. H9O4+ on HZSM-5, and this accounts for the stability of zeolites in the presence of
adsorbed water.94,105
Another remarkable characteristic of zeolites is the occurrence of well defined
micropores of molecular dimensions which turn them into effective molecular sieves. This
feature is called “shape selectivity” and allows the zeolites to discriminate between different
reactants, products and even transition states according to their shape and size.106 It has been
reported that in the dehydration of methanol to hydrocarbons (MTH) the topology of the
zeolites  affects  its  stability  and  the  distribution  of  the  products.107 The structure of some
zeolites typically used in MTH is shown in Figure 2.8. Mordenite (MOR), for instance, has a
pore structure formed by elliptical channels of 12 atom-rings interconnected by 8 atom-ring
cages. Its wide pores readily accommodate oligomers and aromatics that tend to be the main
Figure 2.8. Structure of some zeolites used in the dehydration of methanol to hydrocarbons
[adapted from Guisnet, 2006]
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products in methanol dehydration. Adsorption of those products over the strong acid sites
eventually leads to the blockage of the cages, causing very fast deactivation.108 On the other
hand, the intersections of the medium-size channels of ZSM-5 provide space for cyclization
and intermolecular hydride transfer reactions. The pores are wide enough to diffuse even
tetramethylbenzene so the typical products of methanol dehydration over H-ZSM-5 include
olefins, aromatics and paraffins.109 For ferrierite, the diameter of the main channels is about
10% smaller than those of ZSM-5 and the pores are interconnected by 8 atom-ring cages
slightly bigger than those of mordenite.  The space in the cages is not enough to form
aromatics or paraffins so light olefins are selectively produced.109 Similar results have been
obtained  with  SUZ-4,  which  is  structurally  related  to  ferrierite.110 10  atom-ring  one-
directional zeolites such as Theta-1 and ZSM-23 have been reported to produce mainly
aromatic-free C5+ hydrocarbons since the narrow pores impede the formation of aromatics to
a significant extent.111
2.5.2 Reaction Mechanism and Active Sites in the Dehydration of Methanol to DME
It has been acknowledged that the dehydration of methanol to DME is a bimolecular
mechanism that involves methoxy ions, but there is still some dispute about whether both
species are adsorbed over the surface of the catalyst (Langmuir-Hinshelwood mechanism) or
an adsorbed species reacts with a gas-phase methanol molecule (Rideal-Eley mechanism).112
The Langmuir-Hinshelwood mechanism,  also  known as  direct  route,  was  first  proposed  by
Jain and Pillai113 and requires the adsorption of two methanol molecules on adjacent
acid/basic pairs. Acidic and basic sites in close proximity are frequent on acid catalysts and
explain the easy surface rehydroxylation by the interaction with water at mild temperatures,
when the mobility of hydrogens and hydroxyls is limited. Over the acidic site the C—O bond
of the adsorbed methanol is polarised and a partial positive charge develops. Simultaneously,
a surface alkoxide forms incipiently on a conjugate basic site, increasing the nucleophilicity
of its oxygen atom. After a concerted nucleophilic attack, the catalytic cycle is completed by
the  desorption  of  DME  and  water.  In  Figure  2.9,  it  is  evident  that  the  model  is  valid
irrespective of the nature of the acid site and therefore it explains the catalytic activity of
zeolites, SiO2/Al2O3, γ-Al2O3, TiO2/ZrO2 and aluminophosphates. Kinetic evidence for this
dual mechanism has been provided by experiments using zeolites114 and γ-alumina115.
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Ng et al.116 successfully adjusted experimental data from syngas-to-DME experiments
using the model proposed by Bercic and Levec,117 which is based on Langmuir-Hinshelwood
type kinetics. The kinetic equation is derived assuming that the surface bimolecular reaction
between the adsorbed species of methanol is rate determining:
ݎ஽ொ = ݇ܭ஼ுయைுଶ ൥ ஼಴ಹయೀಹమ 			ି			಴ಹమೀ∙಴ವಾಶ಼ఱ∗൫ଵା௄ಹమೀ஼ಹమೀା௄ವಾಶ஼ವಾಶାଶඥ௄಴ಹయೀಹ஼಴ಹయೀಹ൯ర൩ (c)
where ܥ௜ is the molar concentration of component i, ܭ௜ is the equilibrium constant for the
adsorption of component i, ݇ is the kinetic constant and ܭହ∗ is the equilibrium constant for the
methanol dehydration (reaction 5). The dissociative nature of the methanol adsorption is
expressed in the term ඥܭ஼ுయைுܥ஼ுయைு . Dimethyl ether readily desorbs from the catalyst
surface so ܭ஽ொܥ஽ொ  << 1.
The  alternative  Rideal-Eley  mechanism,  or  indirect  route,  was  proposed  by
Kubelkova et al. based on in situ FTIR tests that suggested the protonation of the methanol
hydroxyl group to form a surface methoxyl and water.118 The methyl group does not
compensate effectively the charge of the surface-bound oxygen and therefore it is labile to the
nucleophilic attack of a methanol molecule, Figure 2.10. According to these researchers it is
possible that the direct and the indirect mechanisms occur simultaneously between 180 and
300 °C.
Figure 2.9. Direct mechanism (Langmuir-Hinshelwood) for the production of dimethyl ether from methanol
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To probe  whether  the  surface  methoxyls  are  kinetically  relevant  in  the  formation  of
dimethyl ether, Wang and co-workers119 methylated the surface of an H-Y zeolite by flowing
13CH3OH at room temperature. After purging the system with dry nitrogen, 12CH3OH was
introduced and the evolution of the methoxy groups was followed by 13C MAS NMR.  The
decrease in the methoxyl signal was accompanied by an increase in the amount of DME
which evidenced that the Rideal-Eley mechanism contributes to the dehydration. However,
this does not exclude the occurrence of the direct route as a parallel, and possibly preferred,
mechanism. Density functional theory (DFT) computational methods have provided
contradictory results about the energy barriers involved in the reaction paths120,121 so  the
principal mechanism for DME formation remains an open question.
2.5.3 By-Product Formation: First C—C Bond and the Hydrocarbon Pool Mechanism
During the dehydration of methanol to dimethyl ether, hydrocarbons can be formed in
a consecutive reaction scheme which involves a combination of DME condensation,
methylation and olefin elimination. The molecular weight of the hydrocarbons produced
increases with the acidity of the catalyst (density and strength), the reaction temperature and
the residence time.122,123 For  strongly  acidic  catalysts  and  operating  temperatures  above
300 °C, hydride transfer and cyclization reactions yield paraffins and cyclic compounds
alongside coke formation.124
Figure 2.10. Indirect mechanism (Rideal-Eley) for the production of dimethyl ether from methanol
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Any mechanistic interpretation must explain three distinctive features of the
hydrocarbon production: 1) the role of dimethyl ether as an intermediate species, 2) the
kinetic induction period that precedes higher yields of hydrocarbons, and 3) the hydrocarbon
distribution. Following the discovery of the methanol to hydrocarbons process by Chang and
Silvestri122, different direct mechanisms (methyl cation, CH3+ and carbene, :CH2) emerged to
explain the formation of the C—C bonds. 109,112 Eventually it became evident that those direct
reactions must be regarded only as initiation steps that are followed by more efficient
autocatalysis through chain growth and cracking.125 These ideas -supported by the
observation that toluene126 and cyclohexanol127 play a co-catalytic role in the production of
hydrocarbons from methanol- resulted in a mechanism by Kolboe and Dahl128 which is
known as the hydrocarbon pool mechanism.
According to the hydrocarbon pool mechanism, the kinetic induction period is a
consequence of the gradual formation of organic species trapped (deposited) in the acidic
catalyst that are the catalytic centres leading to the primary olefinic products. However,
Kolboe’s mechanism was only schematic and no explanation on the nature of the carbon pool
was given. Therefore, research groups in industry (Mobil and UOP)129 and academia130
devoted their efforts to the identification of the species that act as catalytic sites. Experiments
using isotopic labelling and in situ solid-state  NMR have  proven  that  alkylbenzenes  play  a
major role as active centres in the hydrocarbon pool either through the Paring reaction131
(propylene and butylenes) or exocyclic methylation132 (ethylene and propylene).
Additionally, in recent MTH experiments using zeolites with medium size unidirectional
pores, acyclic C4+ hydrocarbons were found among the principal products.133 Since the
structures of those zeolites do not provide enough space for C4+ species to be formed from
highly substituted benzenes, it was proposed that a competing route involving methylation
and cracking of surface alkene chains is operative. This conclusion is consistent with
observations from experiments using 13CH3OH over ZSM-5.134
While some consensus seems to be emerging regarding the participation of entrained
organics in the production of hydrocarbons from methanol, the origin of the first reaction
centres of the pool is still an obscure issue. The contribution of direct mechanisms has been
questioned since they mainly predict the formation of ethylene but in many cases propylene is
the most abundant product even few seconds after the reaction is started.109 However, Wang
and co-workers119 found that when a methylated Y-zeolite is heated above 250 °C, the
methoxy groups on the surface decompose into propane, butane and aromatics. Therefore,
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they concluded that methoxy groups alone are capable to create the primordial hydrocarbon
pool. This conclusion was disputed by Haw and co-workers135 who argued  that  samples  of
HZSM-5 and HSAPO-34 deemed to be free from impurities (from UV-Vis spectra) produce
hydrocarbons upon heating in a sealed vessel. The authors claimed that trace organics coming
from impurities in the methanol or from the incomplete combustion of the catalyst templates
are sufficient to initiate the hydrocarbon pool build-up. Since the concentrations of impurities
that they proposed are below the detection limits of UV-Vis and NMR, so far it is impossible
to prove either theory.
2.6 Syngas to Dimethyl Ether Process: Challenges
As it was discussed above, the higher once through conversions and the lower
hydrogen demand in the feed make the one-stage synthesis of dimethyl ether industrially
attractive. With higher conversions, smaller volumes of gas need to be recycled and therefore
the size of the reactor is significantly decreased which in principle should reduce the cost of
the process.136 However, the products from the single stage conversion would be DME,
methanol, CO2 and water and, due to the similar fugacities of CO2 and DME, the separation
is costly. On the other hand, if methanol and DME are scrubbed (with water or methanol at
low temperature) and carbon dioxide is recycled with the syngas, CO2 will build-up in the
reactor affecting adversely the productivity. The most cost effective solution is to remove
CO2 along with DME and methanol from the reactor effluent and address the problem as an
integral part of the downstream separation.137
From a catalytic perspective, the identification of an ideal dehydration component for
the syngas-to-DME process is still a challenge nowadays. While Cu/ZnO/Al2O3 is a well
established catalyst for methanol synthesis which exhibits good activity and excellent
selectivity, the performance of the different acidic candidates is far from being optimal. γ-
Alumina,138,139 sulphated zirconia139 and SAPO zeotypes140 exhibit good selectivities but their
activities are low. Zeolites, on the other hand, are very active even in the presence of water
but their success catalysing dehydration reactions is such that hydrocarbons and coke are
produced to the detriment of the DME selectivity and of the catalyst lifetime.138,141,142
Moreover, although in sections 2.3.1.2 and 2.3.3 it was mentioned that several studies have
dealt with shape selectivity in methanol to hydrocarbon conversions (350 °C, 1 atm), until
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now this effect has not been studied in detail under syngas-to-DME conditions (250 °C, 50
atm). Nevertheless, there are some indications that the topology of ferrierite may be related to
the higher selectivity towards DME and the superior stability of this zeolite in comparison to
other structures.141,142
The compatibility between the methanol synthesis and the methanol dehydrating
components is another factor that has limited the industrial implementation of the process.143
It sounds reasonable that a close proximity between the catalytic functionalities would give a
better synergy as higher concentrations of CO2 (from WGS) would exist within the pores
from the dehydration of methanol in adjacent sites. In fact, reactor simulations indicate that
less demanding pore diffusion phenomena give higher effectiveness factors and global
reaction rates for a hybrid catalyst compared to a physical mixture of Cu/ZnO/Al2O3 and γ-
Al2O3 pellets.144 Surprisingly, in practice it has been observed that the hybrids prepared by
techniques that would ensure intimate contact between the components (Cu-Zn-Al and γ-
Al2O3 coprecipitation) are less active than hybrids where the components are prepared in
different stages (coprecipitation-impregnation, coprecipitation-sedimentation) and than
simple physical mixtures.145,146,147 These observations can be explained by a detrimental
interaction between the two catalytic components that emerges during the preparation of the
catalyst, its activation147,148 and/or during the syngas conversion into DME149 affecting the
initial activity and the stability of the catalysts. However, despite the crucial role that the
catalyst compatibility has on the viability of the syngas-to-DME process, there are few
studies in the literature addressing this issue directly.143,148
It can be concluded that the success of the syngas-to-DME process requires a careful
design  of  the  global  process  and  the  improvement  of  the  catalytic  system.  In  this  regard,  a
clear understanding of the factors impacting on the stability and the DME selectivity is
needed to identify the most suitable dehydration component. This thesis focuses on the
catalytic performance of γ-alumina and different zeolites in the proton form. The studies on
the Cu/ZnO/Al2O3 and γ- Al2O3 system provide new insights on the effect of the proximity
between the  functionalities.  For  the  zeolites,  shape  selectivity  is  explored  to  understand  the
nature of the species that cause deactivation and to explain the by-product distribution.
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Chapter 3
Experimental Procedures
3.1 Experimental Setup
3.1.1 Continuous Tubular Packed Bed Microreactor System
Catalytic tests were conducted in the continuous tubular microreactor system depicted
in Figure 3.1. For safety reasons, the cylinders containing pure or premixed gases (BOC, CP
grade) were stored in a ventilated and monitored cabinet located outside the lab and
connected to the experimental rig using stainless steel tubing. Inside the laboratory, the
reactor and the online analysis system were placed inside a ventilated enclosure equipped
with  an  H2 monitor that would switch off air-actuated valves to stop the flow from the
cylinders if a leak was detected. Swagelok compression fittings were used in all the
connections. Four high pressure Brooks 5850E mass flow controllers (200 mL·min-1, STP)
were used to regulate the composition and the flowrate of the feed. The reactants at the
operating pressure were fed to a mixing vessel which contained activated carbon particles at
room temperature to remove H2S traces. The N2 and H2/N2 lines bypassed the mixer to enable
operation at atmospheric pressure (during the activation and the post-reaction treatment)
without emptying the mixing vessel. Before entering the reactor, the gases flowed through a
bed of α-alumina at 200 °C to remove Fe and Ni carbonyls that may have formed by the
reaction of carbon monoxide and the stainless steel lining of the gas manifold tubing.
The microreactor consisted of a stainless steel tube (݀௧ =  9.5  mm,  wall  thickness  =
0.89 mm, length = 300 mm) heated by a concentric cartridge-furnace block. The temperature
was measured in the middle of the catalyst bed which had a total length (ܮ௕) of 28 mm.
1,A
A  To favour ideal plug-flow over axial dispersion the following criterion is often used:
ܮ௕
݀௣
> 20݊
ܲ݁௣
ln ൬
1
1− ݔ
൰
where Pep is the Péclet number of the particle, n is the reaction order and x is the fractional conversion. For
differential operation, a second order irreversible reaction was assumed with a maximum conversion of 15%.
The Reynolds number of the particle, Rep, was found to be 0.43 considering the density, the viscosity and the
linear velocity (1.64 x 10-3 m·s-1) of the syngas at 250 °C and 50 bar. A value of 0.5 for Pep has been suggested
when Rep < 1(Moulijn et al., 1991). The minimum catalyst bed length is 6.5 mm.
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The catalyst particles had a mean size (݀௣) of 500 μm and were diluted with inert silicon
carbide (764 μm) to procure isothermal operation. The particle size was chosen so that low
pressure drops were obtained but ݀௧/݀௣ always exceeded 12 to avoid deviations from the
plug-flow regime due to wall effects.2 The diluent to catalyst volume ratio was typically 2:1
but varied between 1:1 and 4:1. The rest of the silicon carbide to complete the required bed
volume was divided in equal amounts of pre- and post-packing.
The pressure in the system was maintained by a backpressure regulator. All the exit
lines were trace heated to prevent any condensation. Two independent detectors were
available to quantify the products online using a gas chromatograph (Shimadzu GC2014)
equipped with automatic sampling valves. Just after the reactor, two consecutive needle
valves were used to direct a sample (3 mL·min-1) to an HP-Plot/Q capillary column (30 m x
0.32 mm x 20 μm) where hydrocarbons and oxygenates were separated before passing to a
Figure 3.1. Schematic representation of the continuous tubular packed bed microreactor
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flame ionisation detector (FID). After the backpressure regulator, another sample (10
mL·min-1) was analysed using a packed column (carbon molecular sieve 80 – 100 mesh) and
a thermal conductivity detector (TCD) to quantify the permanent gases. Additionally, two
vessels  with  100  mL  of  water  at  5  °C  were  available  to  absorb  any  soluble  products  for
offline analysis. In most of the experiments these vessels were bypassed but they were found
useful in long runs to detect trace products that, due to their low concentrations, would not be
detected online.
3.1.2 Internal Recycle Berty Reactor
The schematic representation of the rig used to carry out experiments under
gradientless conditions is presented in Figure 3.2.
Figure 3.2. Schematic representation of the internal recycle Berty reactor
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The internal recycle Berty reactor (Autoclave Engineers) has a 300 mL stationary
basket and a high speed impeller that drives the gas mixture upward and forces it to flow
centrally downward through the catalyst bed. The impeller was operated at 1500 rpm. Four
high pressure Brooks 5850E mass flow controllers (500 mL·min-1,  STP)  were  used  to  feed
the gases. The reactor was heated by a jacket-type three zone furnace and the operating
temperature was regulated by a modular process controller. The catalysts were crushed and
sieved to give an average particle size of 500 μm. Silicon carbide particles (764 μm) were
used  as  diluent,  the  volume ratio  of  diluent  to  catalyst  was  2:1.  Pressure  was  controlled  by
means of a back pressure regulator. All the exit lines were trace heated to prevent
condensation of the products. The analysis of the products was done using the same GC and
detectors described above for the continuous tubular microreactor system. Offline analysis of
water-soluble trace products was also possible using two absorption vessels (200 mL/vessel
at 5 °C) connected in series.
To compare the performance of the Berty reactor to an ideal continuous stirred-tank,
the fluid dynamics in the catalyst bed were evaluated using correlations available in the
literature.3,4 The pressure drop through the catalyst bed was calculated to be less than 1 mbar
and the superficial velocity under typical operation conditions (i.e. 250 °C and 50 bar) was
0.27 m·s-1.B This corresponds to a recycle ratio of 113 considering a feed rate of 200 mL·min-
1 STP. It is usually accepted that recycle reactors operate as perfectly mixed CSTRs when the
recycle ratio is around 20.5
B To calculate the linear velocity of the gas flowing through the catalyst basket, the velocity head generated by
the impeller was set equal to the pressure head caused by the packed bed. The height in meters of fluid pumped
by the impeller is given by:
∆ℎ௚௘௡ = 1.1 ቀ rpm1000ቁଶ
The pressure drop through the packed bed was calculated using a modified form of Leva’s equation:
∆ℎ௕௘ௗ = ∆ܲߩ݃ = ቈ4݂(1 − ߝ)ଷି௡߮ଷି௡ߝ௡ ቉ቆ ܮ݀௣ቇቆݒଶ2݃ቇ
where the height of the bed, ܮ, is 2.5 cm, the void fraction of the bed, ߝ, is 0.4,  and the shape factor, ߮,  is 1
since the particles were assumed to be spheres. The friction factor ݂ and the exponent ݊ are 1 for turbulent flow
(Leva, 1959; Berty, 1974).
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3.2 Catalytic Tests
3.2.1 Catalysts
3.2.1.1 Methanol Synthesis Catalyst
A commercial Cu/ZnO/Al2O3 methanol synthesis catalyst was used (HiFuel R120,
Johnson Matthey). Hereafter the methanol synthesis catalyst will be abbreviated as MSC. The
as-received pellets were crushed and sieved to granules in the range of 250 to 500 μm. The
Cu/ZnO particles obtained were mixed with SiC for the synthesis of methanol only or with
SiC and an acid catalyst for syngas-to-dimethyl ether experiments. No ex situ pre-treatments
were needed for the Cu/ZnO/Al2O3 catalyst.
3.2.1.2 Methanol Dehydration Catalysts
3.2.1.2.1 γ-Alumina and Phosphated γ-Alumina
Spherical pellets of γ-alumina (γ-Al2O3) obtained from Sasol were crushed and sieved
to the desired granule size (250-500 μm). Modified alumina was prepared by adding aqueous
solutions of phosphoric acid to the γ-Al2O3 granules until the pore volume was filled, i.e.
incipient wetness impregnation. The phosphated samples were dried overnight at 120 °C.
Before the catalytic experiments, the unmodified and the phosphated γ-aluminas were
activated ex situ at 400 °C for 4h under flowing air.
3.2.1.2.2 Zeolites
Different zeolites were used as methanol dehydration catalysts. ZSM-5, mordenite
and ferrierite in the NH3-form were purchased from Zeolyst while ammonium exchanged
theta-1 and ZSM-23 were prepared by Dr. Sami Barri following procedures reported
elsewhere.6,7 The zeolite powders were shaped into discs (diameter = 3.18 cm) applying a
load  of  10  ton.  The  discs  were  then  crushed  and  sieved  to  granules  in  the  range  of  250  to
500 μm. The zeolites were activated ex situ at 550 °C for 6h under flowing air to give the
required H-form.
3.2.2 Catalyst Testing Procedure
Once the catalysts were loaded (either in the continuous tubular reactor or in the Berty
reactor), the system was pressurised with N2 to 35 bar and leaks were tested. Next, the
pressure was released and 100 mL·min-1 of a mixture 10% H2/N2 flowed at atmospheric
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pressure while the temperature of the reactor increased from room temperature to 210 °C at a
rate of 1 °C·min-1. The reduction was carried out for 12h after which the reaction temperature
was approached at 1 °C·min-1. The reactor was then by-passed while the back pressure
regulator was adjusted to the desired operating pressure. Subsequently, the reactants were
gradually allowed to flow through the reactor. The effluent was analysed online every 0.5h.
In the case that the reaction temperature needed to be increased during the run, a heating rate
of 1 °C·min-1 was used. When the experiment finished, the reactor was allowed to cool down
at atmospheric pressure flowing 200 mL·min-1 of nitrogen.
3.2.3 Product Analysis
The effluent from the reactor was analysed online by gas chromatography.
Oxygenates and hydrocarbons were separated using an HP-Plot/Q capillary column (30 m x
0.32 mm x 20 μm) and analysed with an FID. Argon, CO and CO2 were separated in a
packed column (carbon molecular sieve 80 – 100 mesh) and detected in a TCD. Sampling
was done using two injection loops of 500 μL that were maintained at 250 °C and close to
atmospheric pressure.
3.2.3.1 Oxygenates and Hydrocarbons
The identification of the retention times in the capillary column was done by manual
injection of standard compounds. By comparison with the peaks obtained during the actual
catalytic runs, it was established that the relevant organic products included methanol,
dimethyl ether, paraffins in the range of C1 to C7 and monolefins in the range of C2 to C7; no
cycles or aromatics were detected. For the quantification of the products, it was assumed that
the volume of each injection was constant. Therefore, it is possible to obtain proportionality
factors, ߙிூ஽,௜, between the molar fraction of the products, ݕ௜, and the area of the peaks given
by the FID, ܣிூ஽,௜. The ߙிூ஽,௜ values are given in Appendix A.
ݕ௜ = ߙிூ஽,௜ ∙ ܣிூ஽,௜ (equation 3.1)
A calibration mixture was purchased from Kinesis (0.2% of each compound, balance
in helium). A flow of 3 mL·min-1 passed through the injection loop under the typical
conditions of the online sampling. The proportionality factors for DME, methanol and
methane were obtained. The factors for the other hydrocarbons were calculated assuming that
the flame ionisation for homologous series depends exclusively on the mass of the compound
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since the molecules consist of the same atoms. Consequently, the rest of the ߙிூ஽,௜ values
were calculated from the factor of methane and the molecular masses, ܯ௜, as follows:
ߙிூ஽,௜ = ߙிூ஽,஼ுర ቀெ಴ಹరெ೔ ቁ (equation 3.2)
3.2.3.2 Carbon Oxides and Argon
Carbon monoxide and carbon dioxide were analysed using a thermal conductivity
detector. Argon was used as an internal standard. The detection of hydrogen was not
quantitative due to the similar conductivity of the helium used as a reference. The TCD was
calibrated flowing 10 mL·min-1 of  the  certified  reactants  (BOC;  5%  Ar  in  CO  and  5%
Ar/25% CO2 in H2) through the injection loop at 250 °C. The proportionality factors, ߙ்஼஽,௜,
that correlate the area of the peaks in the chromatogram, ܣ்஼஽,௜, and the molar fraction of the
compounds, ݕ௜, were obtained using equation 3.1. The ߙ்஼஽,௜ values are given in Appendix A
ݕ௜ = ߙ்஼஽,௜ ∙ ܣ்஼஽,௜ (equation 3.1)
3.2.3.3 Extent of Reaction (ߦ௝) and Reaction Rate (ݎ௝)
The progress of the synthesis was measured by the extent of the reactions involved.
The reaction network includes hydrogenation of CO to methanol, water-gas shift,
methanation of CO, methanol dehydration to dimethyl ether, methanol dehydration to olefins
and hydrogenation of olefins to paraffins, Scheme 3.1.
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Scheme 3.1. Reactions involved in syngas-to-dimethyl ether conversion
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The extent of reaction has the units of mol per unit of time and is defined as
ߦ௝ ≡
௡೔ି௡೔
బ
జ೔
(equation 3.3)
where ݊௜଴ and ݊௜ are the inlet and outlet molar flowrates of species i, and ߭௜ is the
stoichiometric coefficient of i in reaction j. The molar fraction of the carbon containing
compounds can be expressed in terms of the reaction extents as follows:
ݕ஼ை = ௡಴ೀబ ିకభାకమିకయ௡೅బିଶకభିଶకభା∑ కೀ೙೙ ି∑ కು೙೙ (equation 3.4)
ݕ஼ைమ = ௡಴ೀమబ ିకమ௡೅బିଶకభିଶకభା∑ కೀ೙೙ ି∑ కು೙೙ (equation 3.5)
ݕ୑ୣ୓ୌ = కభିకరି∑ ௡కೀ೙೙௡೅బିଶకభିଶకభା∑ కೀ೙೙ ି∑ కು೙೙ (equation 3.6)
ݕେୌర = కయ௡೅బିଶకభିଶకభା∑ కೀ೙೙ ି∑ కು೙೙ (equation 3.7)
ݕୈ୑୉ = కర௡೅బିଶకభିଶకభା∑ కೀ೙೙ ି∑ కು೙೙ (equation 3.8)
ݕ୓୬ = కೀ೙ିకು೙௡೅బିଶకభିଶకభା∑ కೀ೙೙ ି∑ కು೙೙ (equation 3.9)
ݕ୔୬ = కು೙௡೅బିଶకభିଶకభା∑ కೀ೙೙ ି∑ కು೙೙ (equation 3.10)
ݕ௜ is the molar fraction of species i measured by gas chromatography, ߦ௝ is the extent of
reaction j in Scheme 3.1, and ்݊଴  is the total molar flowrate in the feed including H2.
Equations 3.4 to 3.10 were solved simultaneously.
The reaction rates were calculated from the reaction extents obtained in the internal
recycle Berty reactor and in the continuous tubular reactor operated in the differential mode.
The design equation for an ideal gradientless reactor was used:
ݎ௝ = ௥೔߭݅ = కೕௐ (equation 3.11).
where ݎ௝ is the rate of reaction j, ݎ௜ is the rate of formation or consumption of species i, and ܹ
is the mass of catalyst loaded in the reactor. It was assumed that methanol synthesis, water-
gas shift, CO methanation and olefin hydrogenation occur exclusively on Cu/ZnO/Al2O3 so
49
the mass of this catalyst was used in the calculation of the rates. The mass of the acid catalyst
was used for the dehydration reactions.
3.2.3.4 Conversion and Selectivities
Conversion to organics can be calculated independently from the FID and the TCD
measurements. Using the reaction extents calculated from the FID chromatogram the
conversion of carbon oxides,	ܺ஼ைೣ , can be expressed as:
ܺ஼ைೣ = ߦ1+ߦ3௡಴ೀమబ ା௡಴ೀబ (equation 3.12)
On the other hand, conversion can be obtained directly from the TCD as the difference
between the amount of CO and CO2 coming  in  and  out  of  the  reactor.  To  account  for  the
increase in the concentrations due to the stoichiometry of the reactions, the molar fractions of
the carbon oxides were normalised by the corresponding molar fraction of the internal
standard as follows:
ܺ஼ைೣ = ቆ೤಴ೀమబ೤ಲೝబ 	ା	೤಴ೀబ೤ಲೝబ ቇି൬೤಴ೀమ೤ಲೝ 	ା	೤಴ೀ೤ಲೝ൰
ቆ
೤಴ೀమ
బ
೤ಲೝ
బ 	ା	
೤಴ೀ
బ
೤ಲೝ
బ ቇ
(equation 3.13)
where ݕ௜଴ and ݕ௜ are  the  concentrations  of  species i in the inlet and the outlet of the reactor
respectively. By comparing the values obtained from equations 3.12 and 3.13 it was
confirmed that the carbon balance in all the experiments closed within ± 4.1%. The deviation
is attributed to differences in the sensitivity of the detectors and to the different sensitivity for
each of the compounds analysed by TCD.
Selectivities, ௜ܵ, were calculated from the reaction extents using the following
expressions
ܵ୑ୣ୓ୌ = కభିకరି∑ ௡కೀ೙೙
ቀ௡಴ೀమ
బ ା௡಴ೀ
బ ቁି൫௡಴ೀమା௡಴ೀ൯
(equation 3.14)
ܵେୌర = కయቀ௡಴ೀమబ ା௡಴ೀబ ቁି൫௡಴ೀమା௡಴ೀ൯ (equation 3.15)
ܵୈ୑୉ = ଶ∙కర
ቀ௡಴ೀమ
బ ା௡಴ೀ
బ ቁି൫௡಴ೀమା௡಴ೀ൯
(equation 3.16)
ܵ୓୬ = ௡∙కೀ೙
ቀ௡಴ೀమ
బ ା௡಴ೀ
బ ቁି൫௡಴ೀమା௡಴ೀ൯
(equation 3.17)
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ܵ୔୬ = ௡∙కು೙
ቀ௡಴ೀమ
బ ା௡಴ೀ
బ ቁି൫௡಴ೀమା௡಴ೀ൯
(equation 3.18)
The carbon yields were calculated correspond to the moles of product i per mole of
carbon oxides fed and are calculated as the product of the conversion and the corresponding
selectivity.
௜ܻ = ܺ ∙ ௜ܵ (equation 3.18)
3.2.4 Mass Transfer Effects
Although obtaining kinetic rate equations is not the aim of this study, the assessment
of  the  catalyst  deactivation  requires  the  procurement  of  rates  under  conditions  of  kinetic
control. For this reason, it is necessary to confirm the absence of severe internal and external
mass transfer limitations in the methanol synthesis and syngas-to-dimethyl ether experiments.
In this section only external mass transfer will be addressed since the limitations for
intraparticle diffusion depend on the pore size and the pore volume of each catalyst.  This is
crucial  in  the  case  of  the  acid  catalysts  and  therefore  internal  mass  transfer  effects  will  be
discussed in the individual chapters.
In the presence of a solid catalyst, the molecules from the bulk phase have to diffuse
through a thin stagnant film formed around the catalyst particles to reach the surface and
adsorb. If the rate of transport of the reactants is in the same order of magnitude or slower
than the rate of reaction, then the reaction occurs in the regime of external mass transfer
control. A practical way to prevent this situation is to decrease the thickness of the interphase
layer, ߜ, which depends on the fluid dynamics existing in the reactor.C Therefore, the velocity
of the fluid relative to the catalyst particles must be large. In a continuous tubular packed bed
reactor, external gradients are assumed to be negligible if a constant reaction rate is obtained
upon changing the volumetric flow rate while the space time is kept constant.8 The reaction
C The diffusive flux through the boundary layer is given by
ܦ
݀ܥ
݀ݕ
= ܦ (ܥ௢ − ܥ௦)
ߜ
= ݇௚(ܥ௢ − ܥ௦)
where ܦ is the molecular diffusivity, ܥ௢ is the concentration of the reactant in the bulk phase, ܥ௦ is the
concentration of gas phase in immediate contact with the surface, and ߜ is the thickness of the stagnant layer
(Vannice, 2005). The mass transfer coefficient is defined as ݇௚ = ܦ ߜ⁄  and is obtained from the Sherwood
number (Kapteijn, 2008):
ܵℎ = ݇௚݀௣
ܦ
= 0.357
ߝ
ܴ݁௣
଴.଺ସଵܵܿଵ/ଷ					0.1 < 	 ܴ݁௣ < 10; 				ܴ݁௣ = ߩ௙ݑ݀௣ߤ௙ ; 			ܵܿ = ߤ௙ߩ௙ܦ
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rates measured at two different flowrates under the maximum operating pressure used in the
continuous tubular reactor are presented in Table 3.1. Conversions obtained at 250 and
260 °C are far from thermodynamic equilibrium. The feed composition used maximizes the
kinetics of the methanol synthesis. It can be observed that the reaction rates are the same for
both flow conditions, thus flowrates above 210 mL·min-1 were used in the subsequent
experiments.
Table 3.1. Effect of the gas velocity on the methanol synthesis and methanol dehydration rates over physical
mixtures of HiFuel R-120 and γ-Al2O3 in the continuous tubular packed bed reactor*
Flow STP
[mL·min-1] 210 315 210 315
Space velocity
[mmol·min-1·gMSC-1]
31.2 31.2 31.2 31.2
Temperature
[°C] 250 250 260 260
ݎெௌ
[mmol·min-1·g-1] 0.658 0.663 0.906 0.898
ݎெ஽
[mmol·min-1·g-1] 0.541 0.532 0.786 0.780
* Conditions: 65.6% H2, 32.8% CO, 1.6% Ar ; total pressure 5 MPa; MSC : Al2O3 : SiC volume
ratio 1 : 1 : 2; particle size = 500 μm; TOS 5h
Table 3.2. Effect of the impeller speed on the methanol synthesis and methanol dehydration rates over physical
mixtures of HiFuel R-120 and γ-Al2O3 in the internal recycle Berty reactor*
Impeller speed [r.p.m.] 800 1000 1300 1500 1700
Recycle ratio 25.7 32.4 42.5 49.2 55.8
Temperature in the
catalyst bed [°C] 270 270 270 270 270
Temperature in the
gas phase [°C] 270 270 270 270 270
ݎெௌ
[mmol·min-1·g-1] 0.285 0.300 0.292 0.285 0.288
ݎெ஽
[mmol·min-1·g-1] 0.069 0.069 0.069 0.070 0.070
* Conditions: 74.1% H2, 24.7% CO2, 1.2% Ar; total pressure 5 MPa; MSC : Al2O3 : SiC volume ratio 1 : 2 : 2;
particle size = 500 μm; flow 630 mL·min-1; SV 28.1 mmol·min-1·gMSC-1; TOS from 10h, injection each 0.5h
The flow regime in a continuously stirred reactor is easily controlled by adjusting the
mixing parameter. In a typical test to assess the existence of external gradients, the stirring
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speed is increased until no further increase in the rate is observed. Above this speed it is
assumed that no external transport limitations exist.8 The effect of the impeller speed on the
reaction rates obtained in the Berty reactor is presented in Table 3.2. After a steady state was
obtained, the speed of the impeller was decreased stepwise from 1700 to 800 r.p.m. The
temperature in the middle of the catalyst bed and in the gas phase was the same under all
conditions. Constant reaction rates were observed indicating that no external gradients exist.
The CO2 conversion is far from thermodynamic equilibrium. An impeller speed of 1500 r.p.m
was selected to conduct any subsequent experiment under gradientless conditions.
3.3 Catalyst Characterisation
3.3.1 Temperature-Programmed Experiments
Temperature-programmed tests were conducted at atmospheric pressure in a quartz
tube microreactor (݀௧ = 6.35 mm, wall thickness = 1.21 mm, length = 270 mm). An in-house-
built electric oven, consisting of a wire coiled around a quartz cylinder (݀௧ = 21 mm, length =
230 mm), was used to heat up the reactor. A thermocouple was attached to the quartz cylinder
from the inside to control the heating rate. The temperature of the microreactor was recorded
from a second thermocouple attached to its exterior wall at the height where the catalyst bed
was placed. The temperature profile of the oven was evaluated so that the catalyst bed was
positioned in the isothermal section. The gases were fed via mass flow controllers. Vapours
were supplied by saturating an argon stream using a hot and a cold traps connected in series;
the temperature of the cold trap sets the vapour concentration. The volumetric flowrate of all
the gases used in this system was 40 mL·min-1. The effluent of the reactor was analysed
online by mass spectrometry (MS) or with a thermal conductivity detector (TCD).
3.3.1.1 Oxidised Surface Temperature-Programmed Reduction (s-TPR)
To determine the copper surface area and the copper dispersion, the catalyst (~10 mg)
was loaded in the reactor as a powder and reduced for 2h at 210 °C flowing a mixture 10%
H2 in N2. Next, the temperature was decreased to 60 °C and 10% N2O/Ar (BOC) was fed for
0.5h. The gas was then switched back to the reducing mixture and, after purging the reactor
for 0.5h, the temperature of the reactor was increased to 400 °C with a heating rate of
10 °C·min-1.  H2 consumption was measured by TCD. Pure CuO (purity 99.9999%, Alfa
Aesar) was used to calibrate the detector. For the calculation of the Cu surface area, a surface
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density of 1.47 Í 10-19 atoms·m-2 was used. This is the arithmetic mean value of the low
Miller index planes of Cu, namely, the (111), (110) and (100) crystal surfaces.9
Typically, the amount of copper on the surface is calculated from the N2 released in a
breakthrough experiment in which pure N2O is dissociatively adsorbed on a pre-reduced
catalyst to give half-monolayer coverage of Cu (reactive frontal chromatography, RFC).10
However, temperature-programmed reduction of the oxidised surface is considered to be
more accurate since the measurement of H2 consumption is easier than the detection of very
low partial  pressures of N2 in a N2O-rich stream. 11 Additionally, in RFC, it is possible that
N2O is dissociated by other components in the catalyst, such as ZnOX, leading to erroneous
determinations.12 In contrast, s-TPR produces a symmetric consumption peak which is
distinctive of Cu2O reduction as it appears at lower temperatures than the bulk CuO and ZnO
reduction peaks.11
3.3.1.2 Temperature-Programmed Oxidation (TPO)
One of the techniques used to measure the amount of coke deposited on the spent
catalysts is temperature-programmed oxidation. The spent catalyst (50 mg) was loaded in the
quartz microreactor as powder. A mixture 10% O2 in Ar was used as oxidising gas. The
temperature was increased from room temperature to 800 °C at 10 °C·min-1. CO2 evolution
was detected by mass spectrometry following the signal m/z 44. To calibrate the detector, a
certified mixture 20% CO2/Ar  (BOC)  was  injected  with  a  2  mL  loop.  Before  reaching  the
detector, the calibration sample passed through a 150 mL cylinder that broadened the pulse
response due to backmixing and dead flow regions.
3.3.1.3 Temperature-Programmed Desorption (TPD)
Temperature-programmed desorption of ammonia (NH3-TPD) was conducted over
the different acid catalysts. The samples (50 mg) were loaded in the reactor and pre-treated
flowing Ar for 2h (at 400 °C for alumina, 550 °C for zeolites). Ammonia adsorption was
conducted at 110 °C for 1.5h from a mixture 5% NH3 in Ar (BOC). After purging the reactor
with  argon  for  2h,  the  temperature  was  increased  to  700  °C  at  10  °C·min-1. Ammonia
desorption was followed by MS with the signal m/z 16. The spectrometer was calibrated for
ammonia in the same way as for carbon dioxide.
Water desorption (H2O-TPD) from the modified γ-alumina was studied. Following
the pre-treatment at 400 °C, the catalyst (70 mg) was saturated with 4% H2O at 110 °C. After
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purging for 2h, the temperature was increased to 710 °C at a rate of 20 °C·min-1. Water
desorption was followed by the signal m/z 16. The experiment was only qualitative.
3.3.1.4 Temperature-Programmed Reaction (TP-reaction)
Temperature-programmed methanol dehydration was carried out at ambient pressure.
Typically 70 mg of catalyst were loaded in the reactor and pre-treated at high temperature as
described above. Methanol was fed in concentrations between 10% and 20%. Methanol
consumption was determined from signal m/z 32 while dimethyl ether formation was
calculated from signal m/z 45. By-product olefins are detected following signal m/z 27. To
calculate selectivities and conversions, signal m/z 20 of argon was used as an internal
reference. Temperature-programmed dehydration was used to screen catalyst activities
(heating rate 10 °C·min-1) and to calculate activation energies (step increases in temperature).
The rig was also used to assess the stability of the acid catalysts in long runs (24h) at constant
temperature.
3.3.2 Nitrogen Physisorption
Physisorption of N2 was conducted at -196 °C in a Micrometrics Tristar apparatus.
Porosity was assessed by BJH applied to the desorption isotherms while the specific surface
areas were calculated by the BET method. The external surface area was obtained by
subtracting the micropore area obtained using the t-plot approach from the BET specific
surface area.
3.3.3 Thermogravimetric Analysis (TGA)
A thermogravimetric TA Instruments TAQ500 analyser was used to measure the
carbon content of the catalysts. Typically, the samples were exposed to air and heated from
35 °C to 900 °C. In the case of Cu/ZnO/Al2O3, the temperature was maintained at 120 °C for
2h before running the heating ramp to avoid weight gain due to copper oxidation.
3.3.4 X-Ray Powder Diffraction (XRD)
A PANalytical X’Pert Pro multipurpose diffractometer (Cu Kα radiation) was used to
obtain the diffraction patterns of the catalyst powders. The equipment operated at room
temperature, in the reflection mode, and at 40 kV and 30 mA. The samples were scanned in
the range from 5 to 80° 2-theta angles. The particle size of the Cu crystallites was estimated
with the Scherrer equation from the full width at half maximum of the Cu (111) reflection at
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2θ = 43.6°. The diffractograms were corrected to account for the contribution of Kα2, which
may be relevant for the diffraction angles of interest.
3.3.5 Transmission-Electron Microscopy/Energy Dispersive Spectroscopy (TEM/EDS)
High resolution electron microscopy (HRTEM) images were obtained on a JEOL
2010 operating at 200 kV. Samples were prepared by dispersing the catalyst powder in
isopropanol and allowing a drop to dry onto a holey carbon gold grid (300 mesh, Agar
Scientific). Microanalysis was done on an Oxford Instruments INCA energy dispersive X-ray
spectrometer.
3.3.6 Scanning-Electron Microscopy (SEM)
The surface morphology of the zeolites was examined by scanning-electron
microscopy using a Zeiss Auriga FIB/FEG-SEM microscope. The samples were coated with
gold.
3.3.7 Inductively Coupled Plasma-Optical Emission Spectrometry (ICP-OES)
The catalyst samples were ground into powder and treated with a mixture of
concentrated hydrochloric and nitric acids in a volume ratio 3 to 1. The Cu/ZnO/Al2O3
catalyst was completely digested by this method but for the acid catalysts the acid treatment
only leached the Cu and Zn from their surface. After 48h, particulates were removed using a
syringe-driven filter (0.22 µm) and the acid solution was analysed in a Perkin Elmer Optima
2000DV apparatus. The detector was calibrated using standard solutions (TraceCERT,
Fluka).
The uncertainty of the analysis carried out by ICP-OES was obtained by combining
the uncertainties involved in the preparation of the samples and those arising from the actual
measurements. To do this, a combined standard uncertainty was calculated assuming that the
variables were not correlated. For the laboratory tools and instruments used in the preparation
of the samples, the uncertainty was considered to be equal to the smallest unit that could be
read, i.e. 0.1 mg for the balance and 50 mL for the micropipette. In the ICP-OES instrument a
total  of  six  measurements  were  done  for  each  sample  and  the  standard  deviation  from  the
mean was calculated. The uncertainty of these repeated measurements was considered to be
equal to the value of two standard deviations. The uncertainty of the analysis was calculated
using the propagation of uncertainty equation for a non-linear combination of the variables
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ߪ௙ = ඩ෍൬߲݂߲ݔ௜൰ଶ ߪ௫೔ଶ
௫೔
where ߪ௙ represents the uncertainty of function ݂ and ߪ௫೔ is  the  uncertainty  of
variable ݔ௜.
3.3.8 X-Ray Fluorescence (XRF)
The bulk atomic composition of the catalyst was determined by X-ray fluorescence in
a Bruker AXS instrument. Typically the analysis was conducted over 3 g of sample grounded
into a fine powder.
3.3.9 Offline Gas Chromatography/Mass Spectrometry (GC-MS)
Spent catalyst samples (15 mg) were digested using 0.5 mL of 20% HF and the
carbonaceous compounds were extracted with an equal volume of CH2Cl2 following the
method proposed by Guisnet et al.13 Subsequently, the organic phase was analysed using an
HP-6890 gas chromatograph with an Agilent-5973 mass selective detector (GC-MS). The
analysis was conducted in the Centre of Excellence for Mass Spectrometry, King’s College
London.
3.3.10 Electron Paramagnetic Resonance (EPR)
The acid catalysts in powder form were analysed by continuous-wave electron
paramagnetic resonance at room temperature and at -223 °C in a Bruker E560D-P instrument
operating in the X-band with microwave attenuation of 30 dB and modulation amplitude of 5
G. The experiments were carried out in the London Centre for Nanotechnology at University
College London.
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Chapter 4 
Syngas Conversion to Dimethyl Ether over 
Cu/ZnO/Al2O3 and γ-Al2O3–Based Catalysts: Effect 
of CO2 to CO Ratio on the Activity and Stability 
Over the last decades different mild acidic catalysts have been tested for the combined 
synthesis of methanol and dimethyl ether. Among the different options, -alumina stands out 
due to its adequate activity and its high selectivity towards DME.
1
 However, the relatively 
poor stability of hybrids and physical mixtures containing -Al2O3 is one of the factors that 
have limited the industrial implementation of the syngas-to-dimethyl ether process. In the 
literature, most of the work on deactivation has dealt with coke formation and with thermal 
sintering of the methanol synthesis component,
2 , 3 , 4
 and other mechanisms affecting the 
stability of the catalysts have only recently attracted attention.  
The stability during STD conversions has been found to improve as the physical 
separation between the methanol synthesis and the acid components increases. The effect was 
first reported by Peng et al.
5 , 6
 over Cu/ZnO/Al2O3 and γ-Al2O3 mixtures in slurry type 
reactors but it has also been observed in the absence of a liquid dispersion medium and using 
zeolites as dehydration catalysts.
7,8
 Since the deactivation requires contact time and contact 
area between the metallic and the acidic functions, it has been proposed that the mechanism 
involves the surface transport of active species between the catalysts although only 
circumstantial evidence has been provided so far. 
It has been reported that the addition of phosphate groups to the γ-alumina in the sub-
monolayer region reduces the extent of the deactivation caused by the proximity between the 
hydrogenation and the dehydration catalysts.
9
 It was speculated that the moderate acidity of 
aluminium phosphate decreases the chemical potential sink that attracts mobile species 
rendering a much more stable system compared to pure γ-Al2O3. However, the exact nature 
of the phosphorus mediation of the activity loss has not been studied in depth.  
In this chapter the catalytic stability during the single-stage synthesis of DME is 
studied using Cu/ZnO/Al2O3 for the synthesis of methanol and γ-Al2O3 or phosphated γ-
Al2O3 as dehydration catalysts. Firstly, the characterisation of the methanol synthesis catalyst, 
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the pure γ-Al2O3 and the phosphorus modified γ-Al2O3 is given. Then the effect of physical 
separation between Cu/ZnO/Al2O3 and pure γ-Al2O3 under H2/CO and H2/CO2 feeds is 
explored using an internal recycle reactor which secures that all the catalyst particles are 
exposed to the same gas-phase composition regardless of their position in the gradientless 
vessel. In the third section, the synthesis of methanol (over the Cu/ZnO/Al2O3 catalyst alone) 
and the single-stage synthesis of DME (over physical mixtures of Cu/ZnO/Al2O3 and γ-
Al2O3) are studied in a tubular reactor operating at low conversions to minimise the impact of 
the reaction products on the performance of the catalysts. Then the influence that phosphorus 
addition to γ-Al2O3 has on the stability of the physical mixtures is assessed. Finally, at the 
end of the chapter, the activity and stability of the Cu/ZnO/Al2O3 alone and mixed with pure 
γ-Al2O3 or phosphated alumina are assessed for different CO2 to CO ratios in the syngas. 
 
4.1 Catalyst Characterisation 
4.1.1 Methanol Synthesis Catalyst 
The chemical composition of the commercial Cu/ZnO/Al2O3 (HiFuel R120, Johnson 
Matthey) according to the supplier data sheet and determined experimentally are given in 
Table 4.1.  
Table 4.1 Chemical composition of the commercial Cu/ZnO catalyst HiFuel R120 
  Graphite Free Composition [wt.%] 
Graphite 
Binder 
  CuO ZnO Al2O3 Others [wt.%] 
Nominal
 a
 50.5 30.8 18.7 traces — 
Experimental
 b
 49.3 29.4 16.9 4.4 5.4 
a. Product Bulletin. Alfa Aesar: August 2010                                                                                                                                                                                                                                                                                                                  
b. Oxide composition calculated from ICP-OES. Graphite content determined by TGA 
There is a good agreement between the reported and the experimental values. The 
composition measured by ICP-OES was cross-checked by X-ray fluorescence (XRF) 
conducted over the catalyst grounded into a fine powder. Part of the mass of the catalyst 
corresponds to additives used as die lubricants, as solid binders to increase the mechanical 
resistance of the pellets or as pore-forming agents to increase the porosity.
 10,11
 The X-ray 
diffraction patterns (Figure 4.2) evidence the presence of graphitic carbon used as additive. 
Moreover, the TPO profile of the fresh Cu/ZnO catalyst shows the evolution of CO2 in the 
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Figure 4.1 H2-TPR profile of a) the as-received HiFuel R120 and     
b) N2O oxidised catalyst. Conditions: β = 10°C·min
-1
, 10% H2/N2 
temperature region that corresponds to highly H-deficient carbon, i.e. above 700 °C. The 
contribution of graphite to the total mass of the commercial catalyst was measured by TGA. 
Other additives may also be present. 
 
 
 
The H2-TPR profile of the as-received catalyst shows a peak at 215 °C with a small 
shoulder appearing at lower temperatures, Figure 4.1a. The measured H2 consumption 
consistently exceeds the theoretical amount based on the ICP-OES results and on a CuO 
stoichiometry (~ 3–5% higher than expected). This suggests that other species in the catalyst 
may be partially reduced, i.e. ZnO. The surface temperature programmed reduction (s-TPR) 
profile of the methanol synthesis catalyst is presented in Figure 4.1b. Activation was carried 
out flowing a mixture 10% H2/N2 at atmospheric pressure and 210 °C for 12h (details in 
Section 3.2.2). From the profile in Figure 4.1a, most CuO species in the catalyst are expected 
to be reduced to Cu
0
 after the activation treatment. Higher temperatures lead to shorter 
reduction times but may impact on the final Cu dispersion.
12
 After activation, the surface of 
the catalyst was oxidised with N2O at 60 °C to form a monolayer of Cu2O.
13
 The subsequent 
reduction of the surface gives a symmetric peak centred at 150 °C from which the Cu surface 
area and dispersion can be calculated (details in Section 3.3.1.1).  
It is important to mention that the Cu surface areas determined by this method are 
useful for the comparison of different samples but the absolute values are inaccurate. The 
main reason is that the calculation relies on the assumption that copper is the only element 
61 
 
Figure 4.2 XRD powder patterns of HiFuel R120. a) As-received 
CuO/ZnO/Al2O3 and b) N2O-oxidised surface after catalyst reduction 
present in metallic state (and is completely reduced) so the chemisorption of N2O takes place 
exclusively on Cu atoms to the extent of one monolayer. However, it is likely that the 
pretreatment used to reduce de catalyst before N2O oxidation (2h at 210°C flowing a mixture 
10% H2 in N2) is not sufficient to reduce all the copper to Cu
0
. To get an idea of the extent of 
copper reduction achieved, a TPR test was conducted in which a fresh catalyst was reduced 
with a mixture 10% H2 in N2 for 12h at 210°C, i.e. a longer pretreatment than usual. 
Subsequently the reactor was cooled down to 30°C, still under the reducing mixture, and then 
the temperature was increased to 400°C at a rate of 10°C·min
-1
. It was found that around 
3.7% of the total copper remained as Cu2O after the reduction procedure. Additionaly, there 
is strong evidence that ZnO reduces to metallic Zn at the interface with Cu forming a Cu/Zn 
alloy. When the reduced sample is exposed to nitrous oxide, the zinc atoms that have been 
incorporated into the Cu surface are expected to react with a stoichiometry 1:1 (in contrast to 
Cu
0
 which reacts with 0.5 N2O molecules). In the following reduction step those atoms will 
be mistakenly counted as Cu2O. Finally, due to the presence of Al2O3 in the catalyst, the 
thermal treatment under reducing conditions can also result in the formation of spinel 
structures, CuxZn1-xAl2O4 with x < 1. The Cu and Zn incorporated into the spinel do not react 
with nitrous oxide. 
 
 
The diffraction peaks of the as-received methanol synthesis catalyst correspond to 
CuO and to graphite and were indexed accordingly,
14
 Figure 4.2a. The X-ray diffraction 
pattern of the N2O oxidised catalyst is presented in Figure 4.2b. The Cu2O monolayer 
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prevents from structural changes that may occur by reoxidation of the bulk Cu
0
 crystallites 
when the activated catalyst is exposed to air. The characteristic diffraction peaks for Cu
0
 and 
ZnO are observed.
14
 
The textural properties of the commercial methanol synthesis catalyst and the 
properties of the copper species are presented in Table 4.2. The volume-averaged crystallite 
size of the reduced catalyst was calculated from the Cu
0
 (111) reflection at 2θ = 43.6° using 
the Scherrer equation. The Cu surface area was determined from s-TPR assuming an average 
Cu surface density of 1.47  10-19 atoms·m-2.13 
Table 4.2 Textural properties, Cu crystallite size and surface area                                                                                                       
of the commercial Cu/ZnO catalyst HiFuel R120 
  
BET Surface 
Area [m
2
·g
-1
] 
Pore Volume 
[cm
3
·g
-1
] 
Crystallite Size 
dCu (111) [nm] 
Cu Surface 
Area [m
2
·g
-1
] 
Cu/ZnO/Al2O3 80 0.22 7.0 68 
 
4.1.2 γ–Alumina-based Dehydration Catalysts 
Pure γ-Al2O3 and phosphated γ-Al2O3 were used to catalyse the self-condensation 
reaction of methanol to dimethyl ether. The modified samples were prepared by incipient 
wetness impregnation using aqueous solutions of orthophosphoric acid.  Details are given in 
Section 3.2.1. The phosphate pentoxide loadings correspond to the sub-monolayer region; the 
monolayer capacity is around 6.8 wt.% P2O5/Al2O3.
15,16
 The textural properties of the γ-
Al2O3-based catalysts are presented in Table 4.3. No aluminium phosphate crystallites were 
detected in the diffraction patterns of the modified aluminas, Figure 4.3. 
Table 4.3 Textural properties and acid density of the pure and phosphorus modified γ-alumina 
Catalyst 
Nominal 
Loading                                  
[wt.% P2O5] 
Actual 
Loading
a
[wt.% P2O5] 
BET Surface 
Area [m
2
·g
-1
] 
Pore Volume 
[cm
3
·g
-1
] 
NH3 
desorbed 
[μmol·g-1] 
γ-Al2O3 0 0 202 0.51 16 
2P–Al 2 2.8 190 0.49 24 
4P–Al 4 5.2 178 0.44 25 
6P–Al 6 6.1 152 0.38 31 
a. Composition determined by XRF 
A decrease in the BET surface area and pore volume with phosphate loading is 
observed and is related to a loss in microporosity caused by the fusion of the walls through 
phosphate links and by pore blockage resulting from acid erosion.
16
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Figure 4.4 NH3-TPD profile of γ–Al2O3 and P 
modified γ–Al2O3. Conditions: β = 20°C·min
-
1
, 5% NH3/Ar, Tads = 110°C 
Figure 4.5 H2O-TPD profile of γ–Al2O3 and P 
modified γ–Al2O3. Conditions: β = 20°C·min
-1
, 
4% H2O/Ar, Tads = 110°C 
Figure 4.3 XRD powder patterns of pure and P-modified γ-
Al2O3
 
 
         
 
 
There is an increase in the number of weak acid sites with phosphorus substitution 
evidenced by the larger desorption peak at 210 °C, Figure4.4. This is in agreement with the 
stronger average acidity of Al
3+
 compared to H3PO4 (calculated in terms of the energy 
requirements for protonation and deprotonation)
17
 and with the reported lower activity of 
phosphoric acid in hydration-dehydration reactions.
18,19
 The increase in the acid density, on 
the other hand, reflects that for each isolated hydroxyl of alumina consumed during 
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Figure 4.6 DME yield in temperature programmed methanol dehydration (TP-dehydration).                            
Conditions: 3.8% MeOH/Ar, 1 bar, β = 10°C·min-1, 3.8% MeOH/Ar, SV = 1.4 L·min-1·g-1 
impregnation, two new acid sites are created. Interactions between neighbouring phosphate 
molecules are expected to become relevant only at higher loadings, leading to the formation 
of linear di- and triphosphate chains.
20,21
 
 Desorption of water from pure alumina occurs in three distinctive peaks centred at 
220 °C, 370 °C and 540 °C, Figure 4.5. Upon phosphorus addition, the low- and high-
temperature peaks increase their size while the mid-temperature peak disappears gradually. 
These changes are accompanied by a shift in the locus of the maxima of the low- and high-
energy states to lower (ca. 15 °C) and higher (ca. 30 °C) temperatures respectively. The total 
amount of water desorbed was found to increase by 5.6% between the fresh γ-alumina and 
2P-Al, while the corresponding increment was around 25% for 4P-Al and 6P-Al. 
4.1.2.1 Acid Catalyst Screening: Methanol Dehydration 
 To screen the activity of the pure and the phosphated aluminas, methanol dehydration 
was conducted at 1 bar and under a temperature program using the quartz microreactor 
described in Section 3.3.1. The concentrations of the reactant and the products were followed 
by a mass spectrometer. The yields of dimethyl ether obtained for the different catalysts and 
calculated from signal m/z = 45 are presented in Figure 4.6.  
 
 
 The yields of dimethyl ether are below equilibrium over the whole range of 
temperatures. The dehydration activity of γ-alumina decreases with phosphorous addition 
although the TP-dehydration profiles below 270 °C are very similar, indicating that there are 
no big differences in the energetic requirements for DME formation. This is in agreement 
with the results of Ng,
22
 who found a slight increase in the apparent activation energy for 
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methanol dehydration from 105 kJ·mol
-1
 over γ-Al2O3 to 116 kJ·mol
-1
 over γ-Al2O3 with a 
P2O5 loading of 5 wt.%. Above 270 °C, the dimethyl ether yield approaches a plateau and 
decreases subsequently. The decline in the DME yield coincides with a sharp increase in 
hydrocarbon formation. Hydrocarbons were detected following signals m/z = 16 (methane) 
and m/z = 28 (ethylene), which are presented in Appendix B. The results clearly show that 
the addition of phosphorus reduces hydrocarbon formation on γ-alumina, in agreement with 
previous reports.
19 
 
4.2 Effect of Proximity between Cu/ZnO/Al2O3 and γ-Al2O3: H2/CO and 
H2/CO2 Conversion to DME under Gradientless Conditions 
The gradientless characteristics of internal recycle reactors are convenient to 
investigate the impact of catalyst proximity on the activity since the concentration and 
temperature profiles in the gas phase are independent from the packing characteristics, i.e. the 
use of diluent, the order in which the catalysts are loaded, the use of physical mixtures or 
composites, etc. Moreover, in the Berty reactor used in the present study, the catalyst basket 
is fixed which minimises particle attrition during the experimental run. 
In the present section, the results of STD experiments using different packing 
methods for the catalyst bed are presented. First, the influence of intraparticle mass transfer 
limitations on the observed reaction rates was assessed and adequate particle sizes were 
chosen for the subsequent catalytic tests. Then, the impact that the proximity between the 
metallic and the acidic functions has on the activity was studied for the conversion of H2/CO 
and H2/CO2. 
4.2.1 Internal Mass Transfer Effects in the Berty Reactor 
Limitations for the intraparticle diffusion of reactants and products depend on the pore 
size and pore volume of the catalysts. To check for the influence of pore diffusion on the 
reaction rates, the size of the catalysts has been decreased to reduce the ratio of internal to 
external surface area of the particles used. Usually an increase in the rate with decreasing 
particle size reveals the presence of significant mass transfer resistance.  
The experiments were conducted in the absence of diluent over physical mixtures of 
Cu/ZnO/Al2O3 and γ-Al2O3 in a mass ratio 1:1. Three particle sizes were used: commercial 
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pellets of HiFuel R120 (cylinders, r = 3.0 mm, l = 5.2 mm) and γ-alumina (spheres, r = 1.8 
mm), particles between 250 and 500 μm and particles between 106 and 250 μm. The impeller 
speed was 1500 r.p.m. The reaction was carried out at 260 °C and 5 MPa using a mixture 
24.7% CO2, 1.2% Ar, balance H2. The space velocity used in the experimental runs was 28.1 
mmol·min
-1
·gMSC
-1
. The reaction rates after 10 hours on stream and the calculated Weisz–
Prater numbers
23
 (NW–P) are presented in Table 4.4.  
 
Table 4.4 Effect of the catalyst particle size on the methanol synthesis and methanol dehydration rates over 
physical mixtures of HiFuel R-120 and γ-Al2O3 in the internal recycle Berty reactor. 
Methanol Synthesis Catalyst 
Catalyst form pellets 250-500 μm 106-250 μm 
Max. equivalent radius [μm] 4125 500 250 
rMS × 10
3
 [mol·s
-1
·kg
-1
] 4.15 4.75 4.71 
NW–P 0.108 0.002 0.0004 
Methanol Dehydration Catalyst 
Catalyst form pellets 250-500 μm 106-250 μm 
Max. equivalent radius [μm] 3000 500 250 
rMD × 10
3
 [mol·s
-1
·kg
-1
] 0.97 1.16 1.2 
NW–P 1.006 0.033 0.0086 
 
The COX conversions obtained are far from the equilibrium limit (around 4%) so a 
maximum value of 0.3 for the Weisz-Prater criterion is a valid approximation.
A
 All the 
Weisz-Prater numbers in Table 4.4 are below 0.3 except for the γ-alumina pellets. This is due 
to the relatively large catalyst particles and the low concentration of methanol in the reactor. 
From the results in Table 4.4, it can be observed that practically the same reaction rates were 
obtained using particles in the size range of 250-500 μm and 106-250 μm. The slightly lower 
methanol synthesis rate observed for the 106-250 μm particles is attributed to a slow loss of 
fine catalyst powder which sticks to the walls of the reactor vessel.
22
 Therefore, a particle size 
range of 250-500 μm was chosen to conduct the experiments. It is important to mention that 
                                                             
A
 According to the Weisz–Prater criterion, the diffusional limitations for an irreversible second order reaction 
are negligible if: 
     
      
 
      
     
     is the Weisz–Prater adimensional number,      is the observed reaction rate per volume of catalyst,    is 
the radius of the catalyst particle,    is the concentration of the reactants in the external surface and      is the 
effective diffusivity (molecular + Knudsen).    is equal to the concentration of CO2 in the gas phase since there 
are no external transport limitations. The effective diffusivities at 260°C and 5 MPa were 3.0 × 10
-6
 m
2
·s
-1
 and 
2.7 × 10
-6
 m
2
·s
-1
 for CO2 in H2 and CH3OH in H2 respectively (Vannice, 2005)
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Figure 4.7 Distribution of the methanol synthesis and dehydration functions in the catalyst basket 
the syngas composition used in these experiments is not expected to give the highest reaction 
rates which should be obtained under CO-rich conditions. However, the calculated Weisz-
Prater numbers show that the observed reaction rates would need to be two orders of 
magnitude larger to cause a significant limitation of pore diffusion. Such high rates are 
improbable and the selected particle size is considered to be adequate to test the whole range 
of syngas composition. 
4.2.2 Proximity of Catalytic Functions: Effect on Activity 
To determine the effect of varying the physical separation between the hydrogenating 
and dehydrating functions, dimethyl ether conversion was conducted over different catalyst 
beds. Particles of methanol synthesis component (MSC) and γ-alumina (mass ratio 2:1) were 
loaded separated by a layer of silica wool or in a physical mixture. Additionally, the 
commercial Cu/ZnO/Al2O3 catalyst and γ-alumina pellets were grounded in a mass ratio 2 to 
1, re-pelletised and sieved to composite granules in the range 250 to 500 μm. For comparison, 
a run over the MSC alone is also included. No diluent (SiC) was used in these experiments. A 
schematic representation of the packing methods for the catalyst beds is presented in Figure 
4.7. 
 
 
 The amounts of MSC and γ-alumina used correspond to a 1:1 volume ratio, which 
allows for a more extensive contact between the hydrogenating and dehydrating functions in 
the catalyst mixtures. The conversions obtained under CO-rich (Figure 4.8) and CO2-rich 
conditions (Figure 4.9) are below the equilibrium values enabling the assessment of the 
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Figure 4.8 Effect of proximity between the catalytic functions on the carbon yields,                                                 
a) Organic oxygenate yield (MeOH + DME), b) DME yield.                                                                                         
Feed conditions: 12.3% CO, 6.0% CO2, 81.7% H2, 5 MPa, 260°C, SV = 2.4 mmol·gMSC
-1
·min
-1
 
deactivation trends for the different bed packing methods. The experiments were carried out 
at 260 °C and 5 MPa. 
 
 
 
From a CO-rich syngas, the reaction over the MSC alone gives methanol as the only 
organic product. In the three runs containing γ-alumina, only methanol and dimethyl ether 
were detected (besides COX). The slightly higher conversion observed for the synthesis of 
methanol only is due to the lower concentration of water that prevails in the absence of the 
dehydration catalyst, around 50 mbar of H2O during the synthesis of methanol alone 
compared to 700–1000 mbar in the presence of the dehydration catalyst. Water is known to 
influence negatively the kinetics of methanol synthesis
24
 either blocking the active sites
25
 or 
promoting the reconstruction of the Cu-ZnO surface.
26
 Figure 4.8a and b show a decrease in 
the activity of the methanol synthesis and dehydration catalysts throughout the experimental 
runs. However, when the hydrogenation and dehydration catalysts are in contact, there is a 
fast deactivation during the first 5h on stream that is not observed for the MSC alone or the 
separated beds. The initial deactivation becomes more significant as the proximity between 
the catalytic functions increases, being more severe for the composite catalyst than for the 
physical mixture. In addition, the detrimental influence of proximity seems to be more 
marked on γ-Al2O3 than on Cu/ZnO/Al2O3. The trends obtained in the experiments 
containing both active functions can be extrapolated to very similar initial conversions. 
Nevertheless, since the experimental data points during the first hours on stream are not 
sufficient to do an accurate extrapolation, the possibility that the deactivation begins before 
the syngas is admitted in the reactor (e.g. during mixing or catalyst reduction) cannot be ruled 
out. 
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Figure 4.9 Effect of proximity between the catalytic functions on the carbon yields,                                      
a) Organic oxygenate yield (MeOH + DME), b) DME yield.                                                          
Feed conditions: 25% CO2 75% H2, 5 MPa, 260°C, SV = 2.4 mmol·gMSC
-1
·min
-1
 
  
 
 
The conversion levels from H2/CO2 (~ 8.5% MSC alone, ~ 8.0% in the presence of γ-
alumina) are lower than those obtained from CO-rich syngas, Figure 4.9. Under CO2-rich 
conditions, the reverse water-gas shift maintains higher concentrations of water in the reactor 
(~ 2.7 bar) which decreases the methanol synthesis rate. Moreover, the selectivity towards 
DME decreases due to the competitive adsorption of water on alumina which reduces 
significantly the number of acid sites available.
27
 There is a decrease in the activity of the 
hydrogenating and dehydrating functions throughout the run but it is less severe than the 
observed using a CO-rich feed. Furthermore, the deactivation profile is the same for all the 
packing methods regardless of the physical separation between the components. These results 
indicate that the deactivation caused by the intimate contact between the Cu/ZnO catalyst and 
the γ-Al2O3 also depends on the composition of the syngas used, i.e. its oxidising-reducing 
potential.    
Loss of activity depending on the proximity between Cu/ZnO/Al2O3 and γ-Al2O3 has 
been reported previously for STD conversions conducted in the liquid phase.
5,6
 In a slurry 
reactor, however, deactivation mechanisms such as attrition and leaching may be relevant, 
which is not the case of fixed packed beds and gas-solid catalytic reactions. Surprisingly, 
there are no studies in the literature addressing the loss of activity related to the intimate 
contact between the MSC and γ-alumina during STD conversions in the gas phase. In spite of 
this omission, previous reports show evidence of the detrimental effect of catalyst proximity. 
Hybrids prepared by techniques that promote intimate contact between the active functions 
(Cu-Zn-Al and γ-Al2O3 coprecipitation) have been found to be less active than hybrids whose 
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components were prepared in different stages (coprecipitation–impregnation, coprecipitation–
sedimentation) and than simple physical mixtures.
28,29,30
 Hybrid catalysts are known to be 
more stable under CO2-rich conditions and this is normally ascribed to limited coke 
formation in the presence of water.
4
 However, coking is unlikely to be the cause of the 
deactivation observed in Figure 4.8 since, under gradientless conditions, it should affect the 
catalyst particles similarly, regardless of their separation. On the other hand, it has been 
reported that the stability of hybrids containing γ-alumina increases if, before a CO-rich 
syngas is fed, the catalyst is treated for some time at higher temperatures and under higher H2 
concentrations than those used during the reduction.
31,32
 This pretreatment may be hindering 
the fast initial deactivation of the hybrid that occurs under strongly reducing conditions rather 
than increasing its stability. In the following sections the mechanism causing the loss of 
activity by catalyst proximity is investigated.  
 
4.3 Cu/ZnO/Al2O3 and γ-Al2O3 Deactivation under Strongly Reducing 
Syngas and Low Exposure to the Products (Tubular Reactor) 
 In the previous section it was shown that the extent of the deactivation induced by the 
proximity between the catalytic functions depends on the composition of the syngas, being 
more significant under reducing atmospheres. The detrimental interactions that cause the 
deactivation occur in physical mixtures as well as in composite catalysts. Since the use of 
physical mixtures allows for the individual characterisation of the catalytic components, the 
subsequent studies were performed over physical mixtures of Cu/ZnO/Al2O3 and γ-alumina-
based catalysts. 
In a continuous stirred tank all the particles are exposed to the gas composition of the 
outlet, which is bound to the conversion achieved in the reactor. For this reason, it is difficult 
to carry out experiments at high and intermediate conversion levels, varying the separation 
between the catalysts (and therefore their activity) and maintaining the outlet composition 
identical for all the bed packing methods. Additionally, the Berty reactor used is a bench 
scale unit and the operation at low conversions is impractical as it requires very high 
flowrates in the feed or very large catalyst dilution ratios. Conversely, the continuous tubular 
microreactor described in Section 3.1.1 can operate at differential conversions. In 
consequence, the whole packed bed is exposed to an atmosphere with a composition similar 
to the feedstock regardless of the extent of deactivation. 
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In this section the loss of activity of Cu/ZnO/Al2O3 and γ-Al2O3 mixtures is studied in 
a continuous tubular reactor feeding strongly reducing syngas (H2/CO). Catalytic tests were 
conducted in which the physical separation between the particles was varied by the addition 
of an inert diluent. The spent catalysts were characterised aiming to understand the 
mechanism that causes the loss of activity. The results of an experimental run using γ-
alumina that was deliberately contaminated with ZnO are discussed. 
4.3.1 Catalyst Deactivation during the STD Conversion from H2/CO 
To assess the extent of the contact-induced deactivation in the tubular packed bed 
reactor, a couple of experiments were conducted at 250 °C and 5 MPa feeding H2 and CO 
(ratio 2:1). Physical mixtures of MSC and γ-alumina were diluted with inert silicon carbide to 
give volume ratios 1:1:2 and 1:1:4. Different dilution ratios provide different degrees of 
contact between the mixture components. The catalyst beds were placed between equal 
volumes of pre and post packing of SiC to give a total packed volume of 2 mL. In both 
experiments the masses of MSC and γ-Al2O3 were 0.3 g and 0.15 g respectively, and the feed 
flow rate 210 mL·min
-1
 (STP). 
For both catalyst mixtures, methanol (selectivity ~ 40%), DME (selectivity ~ 30%) 
and CO2 (selectivity ~ 30%) were the only oxygenated products with CO conversion levels 
around 13.0%. Methane was produced at trace levels with a yield below 0.01% and no higher 
hydrocarbons were detected. The total methanol yield (~10 %) is higher for the mixtures than 
for the methanol synthesis catalyst alone, which gave a value of 2.2%. However, this 
enhancement in methanol production for the physical mixtures is not caused by the 
conversion of methanol into thermodynamically less-limiting species DME since the yields 
are still far from the CO hydrogenation equilibrium at these conditions (57.8%). The 
synergetic effect of the coupled system under the conditions used here stems from the rapid 
transformation of the water produced by methanol dehydration to CO2 via the water–gas shift 
reaction. Water-gas shift reaches equilibrium and is limited by the amount of water formed 
during the methanol dehydration. CO2 addition to CO is known to produce a sharp increase in 
the methanol productivity for CO-rich synthesis gases.
2,24 ,33
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Figure 4.10 Rate evolution with TOS for different catalyst dilution ratios. a) Methanol synthesis (MS),                   
b) methanol dehydration (MD). Feed conditions: H2/CO = 2, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
. 
MSC : γ-Al2O3 : SiC volume ratios 1:1:2 and 1:1:4 
          
 
 
The reaction rates were obtained from the design equation of a differential reactor as 
detailed in Section 3.2. The profiles of the methanol synthesis and dehydration rates with 
time on stream are presented in Figure 4.10 for the two dilution ratios used. In both cases, 
there is a decrease in the activity of the catalytic functions throughout the run although the 
deactivation seems to be faster for the less diluted mixture (1:1:2). Likewise, as the catalyst 
dilution ratio increases (and therefore the physical separation between the components), 
higher reaction rates are obtained over the whole timeframe of the experiment. 
The experimental deactivation data for the MSC and the γ-Al2O3 were fitted to a 
simple power law equation of the type 
  
  
      
      (equation 4.1). 
  is the reaction rate,   the time on stream,    is the deactivation rate constant and   is a 
constant exponent. Power law expressions are typically used to describe deactivation by 
metal particle growth. The value of the exponent   usually varies between 2 and 15 and is 
assumed to be related to the growth mechanism although there is no consensus regarding its 
interpretation.
34
 A value of 2 has been previously related to particle migration-coalescence 
events for which the time for merging and colliding is long compared to the diffusional 
time.
35,36
 For the present experimental data, the value of the exponent was arbitrarily set to 2. 
The linear fits for the hydrogenation and dehydration components are presented in Figure 
4.11. Since the data obtained in the beginning of the experimental runs deviate from the 
second order power law trend, the points for the first 5h on stream were not considered in the 
fitting. The squared correlation coefficients (R
2
) are above 0.98 in all cases. The slopes of 
adjusted lines correspond to the deactivation rate constants.  
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Figure 4.11 Linear fits of the inverse rates of a) methanol synthesis and b) methanol dehydration                          
versus time on stream. MSC : γ-Al2O3 : SiC volume ratios 1:1:2 and 1:1:4 
Figure 4.12 Quadratic fits for a) methanol synthesis rate and b) methanol dehydration rate                                         
versus time on stream.  MSC : γ-Al2O3 : SiC volume ratios 1:1:2 and 1:1:4 
   
 
 
It is clear that there are two different deactivation regimes following two different 
functions. The deactivation during the first hours is faster than the observed over longer times 
on stream as revealed by the deactivation constants given in Table 4.5. Therefore, to obtain 
the initial reaction rates it was necessary to independently fit the experimental points for the 
first five hours of the run to second order polynomial expressions from which the reaction 
rates at zero time on stream were extrapolated (Figure 4.12).  
      
  
 
 
The stabilities of the catalyst mixtures with different dilution ratios are summarised in 
Table 4.5. The extrapolated initial rates of methanol synthesis and dehydration are presented. 
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Table 4.5 also includes the residual activities after 5h on stream and at the end of the run 
(20h) which were calculated as the reaction rates normalised with respect to the extrapolated 
value at TOS = 0h. The second order deactivation constants for the initial and long term 
deactivation regimes are also given. 
Table 4.5 Initial methanol synthesis (MS) and methanol dehydration (MD) reaction rates, residual activities and 
second order deactivation constants for physical mixtures with different dilution ratios 
Degree of 
Contact 
Initial Rate 
[mmol·min-1·g-1] 
Residual 
Activity 5h [%] 
Initial kd 
[min·g·mmol-1·h-1] 
Residual Activity 
20h [%] 
Long Term kd 
[min·g·mmol-1·h-1] 
MS MD MS MD MS MD MS MD MS MD 
Low
 a
 1.15 0.85 76.9 84.9 0.053 0.036 64.3 72.1 0.014 0.016 
High
 b
 0.93 0.65 68.0 80.0 0.086 0.065 50.9 63.8 0.039 0.036 
a. MSC : γ-Al2O3 : SiC = 1 : 1 : 4 
b. MSC : γ-Al2O3 : SiC = 1 : 1 : 2 
The    values in Table 4.5 demonstrate that the long term deactivation rates of 
Cu/ZnO/Al2O3 and γ-alumina increase with the particle proximity. For the same catalyst 
dilution, the deactivation rates    are similar for the MSC and γ-Al2O3 indicating that the loss 
of activity of both components is interrelated. The initial deactivation is also faster for the 
mixtures in close contact. Moreover, the fact that the extrapolated initial reaction rates, Table 
4.5, decrease as the degree of contact increases suggests that the deactivation starts before the 
reaction, possibly during the catalyst activation. The initial activity and the deactivation 
profile of STD catalysts have been reported to depend on the reduction pretreatment.
31,32
 In 
any case, since the deactivation by proximity requires contact time and contact area between 
the metallic and acidic functions, the mechanism is likely to involve the surface transport of 
species from one catalyst to the other. It has been speculated that the deactivation is caused 
by the transfer of metal species (in particular ZnOx) from the MSC to the γ-alumina through 
surface diffusion.
5,6
 This is supported by experiments showing that the initial fast 
deactivation of physical mixtures is mitigated when Zn-doped γ-Al2O3 is used.
6,22
 The 
migration is thought to be driven by a chemical potential sink that attracts mobile (base) 
species towards the acidic sites of γ-Al2O3. 
4.3.2 Characterisation of the Spent Catalysts 
 The components of the catalyst mixture were separated after reaction and studied to 
determine the causes of the deactivation. The characterisation of the methanol synthesis 
component for different dilution ratios is presented in Table 4.6. It is known that the absence 
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of water promotes coke deposition which is often identified as the main cause of deactivation 
in single-step DME synthesis catalysts at moderate temperatures.
4
 In the present experiments 
with H2/CO feed, the catalyst mixtures were exposed to water concentrations calculated to be 
below 0.03 v/v%. However, the coke contents in the recovered Cu/ZnO/Al2O3 catalysts are 
orders of magnitude lower than those typically reported in the literature.
3,4
 This is assumed to 
be a consequence of the lower temperature used, the higher space velocity and therefore 
lower conversions, and the high methanol selectivity of the commercial Cu/ZnO/Al2O3 
catalyst in comparison to others with significant Fischer–Tropsch activity.4 It is unlikely, 
therefore, that coke formation is responsible for the loss in activity of the Cu catalyst in the 
physical mixtures. On the other hand, there is a marked decrease in the copper surface area of 
the MSC accompanied by an increase in the crystallite size measured by XRD from 68 m
2
·g
-1
 
and 7.0 nm to values around 30 m
2
·g
-1
 and 12.7 nm. The loss of active sites through particle 
growth is large enough to explain the decrease in the hydrogenation rates observed in Figure 
4.10. Additionally, the extent of the reconstruction of the MSC surface seems to be slightly 
larger as the proximity between the MSC and γ-Al2O3 increases. 
Table 4.6 Cu surface area, crystallite size and coke content of the recovered Cu/ZnO/Al2O3 
MSC:γ-Al2O3:SiC 
Degree of 
Contact 
Cu Surface 
Area                 
[m2·g-1] 
Crystallite 
Size Cu                      
[nm] 
Coke Content 
[μmol CO2·g
-1] 
1 : 1 : 4 Low 28 12.8 70 
1 : 1 : 2 High 32 12.6 63 
 
 The characterisation of the recovered γ-Al2O3 is presented in Table 4.7. The amount 
of coke on the alumina is comparable to that formed on the MSC and does not vary 
significantly with the catalyst proximity. In fact, the amount of CO2 measured by TPO 
divided by the total amount of methanol that was dehydrated during the whole experimental 
run are very similar for low and high degrees of contact, i.e. 61 and 59 μmolCO2·molMeOH
-1
 
respectively.  
As mentioned previously, the dependence of the reaction rates on the proximity 
between the catalysts suggests that the deactivation mechanism involves the transfer of active 
species between the components of the mixture. The detection of migrated species is 
complicated by the presence of adventitious MSC particles physically attached to the spent γ-
alumina. No Cu or Zn were detected by TEM/EDS over the clean sampling spots where no 
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adventitious particles were observed. However, the migration of metallic species must occur 
only in the contact points between different catalysts and these are difficult to identify 
visually or by microscopic inspection. Therefore, it was considered to be more convenient to 
measure the average content of zinc and copper rather than the composition in very limited 
sampling areas (as in TEM/EDS). To this aim, the spent γ-Al2O3 particles (~ 50 mg) were 
separated from the physical mixture and leached with aqua regia for analysis by ICP-OES.  
When two or more samples recovered from the same physical mixture were analysed 
by ICP, there were some variations in the amounts of Cu and Zn per mass γ-alumina 
measured. These differences may be caused by the randomness of the contact between 
particles of different catalysts in the bed, and by some contamination with MSC debris that 
may have formed during the separation of the mixture components. The results of a blank 
analysis conducted over a mixture that was separated without being exposed to catalysis, 
reflected this weakness in the procedure (see Appendix B). However, contrary to the blank 
analysis which gave Cu to Zn ratios close to those of the fresh Cu/ZnO/Al2O3 catalyst, it was 
observed that the samples that were exposed to syngas consistently showed higher 
concentrations of zinc on the γ-Al2O3. Since the adventitious particles are expected to have 
the composition of the bulk MSC particles, the excess of zinc on the spent samples is 
ascribed to the transfer of Zn-containing species from the hydrogenating component to the 
acid catalyst. The excess of Zn over the concentration of the methanol synthesis catalyst is 
presented in Table 4.7 for both dilution ratios. Regarding the transfer of copper during the 
STD reaction, EPR spectroscopic measurements did not detect any Cu
2+
 on the spent γ-
Al2O3. However, it is possible that other species with no paramagnetic behaviour are 
migrating. In any case, the ICP analysis reveals that the amount of zinc transferred to the acid 
catalyst is higher than the amount of copper, if any. 
Table 4.7 Coke content and excess zinc on the recovered γ-Al2O3 
MSC:γ-Al2O3:SiC 
Degree of 
Contact 
Coke Content 
[μmol CO2·g
-1] 
Excess Zinc                     
[μmol·g-1] 
1 : 1 : 4 Low 108 7.1 ± 0.2 
1 : 1 : 2 High 72 7.6 ± 0.1 
 
 The mechanism by which the deactivation occurs is speculative and may have several 
origins. Peng and co-workers proposed that the decrease in the activity of Cu/ZnO/Al2O3 and 
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γ-alumina is due to the transfer of Cu and Zn to the acid component, reducing the availability 
of active sites on both catalysts.
5,6
 Recently, García-Trenco et al. proposed that Al
3+
 species 
may migrate from the acid catalyst to the MSC under STD conditions through a water-
assisted mechanism, modifying the interaction between Cu and ZnOx.
37
 The experimental 
results presented above suggest that the deactivation of the MSC is not caused directly by a 
decrease in the Cu and Zn content due to inter-catalyst transfer, as proposed by Peng. 
Conversely, contact between the MSC and γ-Al2O3 may provide a chemical potential sink for 
ZnOx migration indirectly causing a greater loss of Cu surface area. It is known that the 
structure of the Cu/ZnO system changes reversibly during methanol synthesis,
2,38,39 ,40 , 41
 
especially under strongly reducing conditions which can lead to particle coalescence
42
 or 
partial encapsulation of Cu by ZnOx and alloy formation.
43
  
4.3.3 STD Conversion over ZnO-Contaminated γ–Al2O3   
 The migration of Zn-containing species from the Cu/ZnO/Al2O3 catalyst to the γ-
Al2O3 is related to a difference in the concentration of Zn between the two materials which 
drives the surface diffusion. Therefore, it is expected that the presence of ZnO on the acid 
component in the beginning of the experimental run would decrease the severity of the initial 
deactivation regime which has been ascribed to the loss of Zn-species. To prove this 
hypothesis, zinc oxide (Sigma-Aldrich) and γ-Al2O3 were ground into fine powders, 
thoroughly mixed and pressed into tablets which were then crushed and sieved to granules in 
the size range of 250 to 500 μm. The particles were calcined at 400 °C for 4h under flowing 
air. Subsequently, the Zn-modified γ-Al2O3 and MSC particles (250-500 μm) were physically 
mixed and diluted with silicon carbide (764 μm) in a volume ratio 1:1:2. The reaction was 
carried out under the conditions used for the MSC + γ-Al2O3 mixtures. 
 The amount of Zn in the contaminated alumina sample was 549 μmol·g-1 according to 
the ICP analysis. With the addition of ZnO, the BET surface area decreased from 202 to     
176 m
2
·g
-1
 which was accompanied by a slight decrease in the pore volume from 0.51 to 0.46 
cm
3
·g
-1
. The reaction rates extrapolated to 0h on stream using pure γ-Al2O3 and the Zn-
modified γ-Al2O3 are given in Table 4.8 for the same SiC dilution.  
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Figure 4.13 Residual activities against time on stream for a) methanol synthesis b) methanol dehydration.                 
i) CZA + γ-Al2O3, ii) CZA + Zn/γ-Al2O3 (mixed Zn = 549 μmol·g
-1
).                                                                 
Feed conditions: 250°C, 5 MPa, SV = 30 mmol·gCZA
-1
·min
-1
 
Table 4.8. Initial reaction for MSC + γ-Al2O3 and MSC + Zn-modified γ-Al2O3 mixtures
 a 
Zinc content 
[μmol·g-1] 
Initial Methanol 
Synthesis Rate       
[mmol·min-1·gMSC
-1] 
Initial Water-Gas          
Shift Rate                                     
[mmol·min-1·gMSC
-1] 
Initial Methanol 
Dehydration Rate 
[mmol·min-1·gAl
-1] 
Initial Methanation 
Rate X 104                                    
[mmol·min-1·gMSC
-1] 
0 0.93 0.32 0.66 3.7 
549 0.94 0.33 0.67 6.8 
a. H2/CO = 2, 250 °C, 5 MPa, SV = 30 mmol·min
-1· gMSC
-1.  MSC : γ-Al2O3 : SiC volume ratio 1 : 1 : 2 
     
 
 
Since the catalytic deactivation is a function of the gas phase composition, the fact 
that the initial reaction rates are similar for mixtures containing the pure and the ZnO-
modified alumina allows for a direct comparison of the deactivation trends. The severity of 
the loss of hydrogenation and dehydration activities is clearly decreased when ZnO is in 
intimate contact with γ-Al2O3, Figure 4.13. This is in agreement with the idea that the 
presence of Zn reduces the concentration gradient that causes the transfer of Zn-containing 
species from the methanol synthesis catalyst to the γ-alumina. As a consequence the activity 
of the Cu/ZnO/Al2O3 catalyst and the acid component are better preserved. 
 
4.4 Effect of Phosphorus Modification of γ-Al2O3 on Deactivation:                          
H2/CO Conversion to Dimethyl Ether 
Phosphate groups exhibit acid (P–OH) and base (P=O) properties with lower strengths 
than Al
3+
.
18
 For this reason, the addition of phosphorus to γ-Al2O3 has been reported to 
reduce significantly the by-products obtained in syngas-to-DME conversions compared to the 
unmodified catalysts.
19
 Also, in studies of the one-step synthesis of DME in a slurry phase 
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reactor, a milder deactivation has been observed when phosphated γ-alumina is used as 
dehydration catalyst. It has been claimed that the moderate acidity of aluminium phosphate 
decreases the chemical potential sink that attracts mobile species rendering a much more 
stable catalyst mixture compared to γ-Al2O3.
9
  
In this section the effect of the phosphorus on the stability of physical mixtures of 
Cu/ZnO/Al2O3 and γ-Al2O3 is studied for the combined synthesis of methanol and DME from 
H2/CO. The aim is to determine whether the presence of phosphate groups on the surface of 
alumina helps to mediate the deactivation of physical mixtures in the gas-solid catalysed STD 
process and to contribute in the understanding of the processes that lead to lower activities 
when the catalytic functions are in close proximity. The experiments reported in this section 
were carried out at low conversion levels in the continuous tubular reactor since these 
conditions were shown to maximise the extent of the deactivation. 
4.4.1 H2/CO Conversion to DME over Pure and Phosphated γ-Alumina (Tubular Reactor) 
The effect of phosphorus addition was studied in the tubular packed bed reactor under 
the conditions described in the previous section (250 °C, 5 MPa, H2/CO = 2). Pure γ-alumina 
and γ-alumina with orthophosphate nominal loadings of 2 wt.% (2P-Al), 4 wt.% (4P-Al) and 
6 wt.% (6P-Al) were used in the experiments. The physical mixtures were diluted with inert 
silicon carbide to give a volume ratio 1:1:4 and a catalyst bed of 1.5 mL placed between pre 
and post packing (0.25 mL) of SiC. Methanol synthesis conversion over the Cu/ZnO/Al2O3 
alone was conducted for comparison. A space velocity of 30 mmol·gMSC
-1
·min
-1
 was used in 
all the experimental runs. 
Methanol is the main product obtained over Cu/ZnO/Al2O3 alone. Only traces of 
methane, DME and CO2 were detected. For the catalyst mixtures, methanol (selectivity 40-
60%), DME (selectivity 20-30%) and CO2 (selectivity 20-30%) were the only oxygenated 
products with CO conversion levels between 10.7 and 13.4%. The space-time yield of 
methane (0.3 μmol·gMSC
-1
·min
-1
) is similar for the MSC alone and for the mixtures, which 
indicates that it is formed over the metallic sites by the complete hydrogenation of CO. The 
methanol synthesis and methanol dehydration rates, calculated from the exit mole fractions 
are presented in Figure 4.14. 
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Figure 4.14 Rate evolution with TOS for different P2O5 loadings, a) methanol synthesis (MS),                                     
b) methanol dehydration (MD). Feed conditions: H2/CO = 2, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
, 
MSC : γ-Al2O3 : SiC volume ratios 1:1:4 
Figure 4.15 Initial methanol synthesis  and methanol dehydration  rates.                                                                   
Surface normalised dehydration rate . Feed conditions: H2/CO = 2, 250°C, 5 MPa,                                                             
SV = 30 mmol·gMSC
-1
·min
-1, MSC : γ-Al2O3 : SiC volume ratios 1:1:4 
    
 
 
As it was discussed in the previous section, for the MSC + γ-Al2O3 mixture both 
components undergo a fast initial decrease in activity followed by a gradual long term decay. 
The severity of this loss of activity is notably reduced by the addition of phosphorus on the γ-
Al2O3, Figure 4.14. Indeed, the rapid initial deactivation seen with the MSC + γ-Al2O3 
mixture is suppressed when the phosphate loading approaches the monolayer capacity of γ-
Al2O3. The deactivation rate of the methanol synthesis component of the mixtures containing 
4P-Al and 6P-Al is very similar to that of Cu/ZnO/Al2O3 alone evidencing that the 
detrimental interactions with the acid catalyst are significantly alleviated. Likewise, the 
stability of the dehydration catalyst is improved by phosphorus addition, Figure 4.14b. The 
data points corresponding to the first five hours on stream for the different physical mixtures 
were fitted to a second order polynomial as it was done previously in Figure 4.12. The initial 
reaction rates, i.e. the values extrapolated to zero time on stream, and their uncertainties 
(based on the R
2
 coefficient) are presented in Figure 4.15.   
 
 
81 
 
Figure 4.16 X-ray diffraction patterns of Cu/ZnO/Al2O3 recovered from physical mixtures                                        
containing pure and P-modified γ-alumina at the end of the reaction 
The initial methanol production rates are found to be the same for all the catalyst 
mixtures within the uncertainty in the extrapolated values. As a result it can be concluded that 
the deactivation that occurs during reduction for the Cu/ZnO catalyst in contact with pure γ-
Al2O3 is not substantially different from that observed for the MSC mixed with phosphated 
alumina. On the other hand, the initial dehydration rate decreases as the loading of 
phosphorus increases. Normalisation with respect to the specific surface area of the acid 
catalysts reveals that the trend is due to acid erosion during phosphate impregnation and to 
differences in the chemical properties (acid strength and activation energies) between the 
pure and the modified catalysts. 
4.4.2 Characterisation of the Spent Catalysts 
 The methanol synthesis catalysts recovered from the mixtures show a decrease in the 
Cu surface area which follows the trend of the deactivation. As the loading of phosphorus in 
the acid catalyst increases, the Cu particle growth in the MSC decreases and higher 
hydrogenation rates are obtained. The decrease in the Cu surface area is accompanied by an 
increase in the copper crystallite size determined by X-ray diffraction, Figure 4.16. The 
trends were confirmed by transmission electron microscope images, Figure 4.17. On the other 
hand, the coke content of the recovered MSC is low and increases with CO conversion. 
Therefore, the lower Cu surface areas are caused by copper particle growth rather than by the 
coverage of active Cu sites by carbonaceous species, as suggested by other authors.
44,45
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Figure 4.17 TEM images of the spent mixtures a) MSC + γ-Al2O3 and b) MSC + 6P-Al.                                              
Reaction conditions:  H2/CO = 2, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
, TOS ~ 23h 
 
                 
 
 
The measured Cu surface area, crystallite size and coke content for the recovered 
catalysts are presented in Table 4.9. The Cu surface areas of the MSCs in the mixtures 
correlate well with the methanol synthesis rates observed at the end of the experimental runs, 
Figure 4.18. The Cu surface area of the fresh MSC (Table 4.2) is in agreement with the 
average value of the initial methanol synthesis rates of the catalyst mixtures. The 
experimental point for the MSC alone is not included in the comparison since the gas 
concentrations obtained in the absence of an acid catalyst differ significantly from those 
prevailing with the physical mixtures. Consequently, the reaction rates are not directly 
comparable. 
Table 4.9 Cu surface area, crystallite size and coke content of the recovered Cu/ZnO/Al2O3 
Catalyst System 
Cu Surface 
Area                 
[m2·g-1] 
Crystallite 
Size Cu                      
[nm] 
Coke Content 
[μmol CO2·g
-1] 
MSC + γ-Al2O3 24 12.6 63 
MSC + 2P-Al 32 12.0 67 
MSC + 4P-Al 45 10.2 65 
MSC + 6P-Al 58 9.8 70 
MSC alone 50 11.1 30 
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Figure 4.18 Final methanol synthesis rates and Cu surface areas for the MSC 
recovered from the mixture (coloured symbols). Averaged initial (extrapolated) 
methanol synthesis rate of the mixtures and Cu surface area of the fresh MSC, .                            
Feed conditions:  H2/CO = 2, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
 
 
 
 In Figure 4.18, a strong correlation between the number of Cu
0
 sites and the 
hydrogenation activity of the methanol synthesis component is observed. Similar results have 
been reported previously and have led to the attribution of the methanol synthesis activity to 
Cu
0
 species
46,47
 which may be assisted by interactions with the support.
48,49
 Thermal sintering 
is the most likely cause for the loss of Cu surface area since the experiments were conducted 
above the Hüttig temperature of copper, i.e. 180 °C. Under these conditions, the thermal 
energy is enough to overcome the cohesive forces that hold the metal atoms together in small 
clusters, so the particles become mobile and activated for rearrangements. However, the 
present results indicate that the addition of phosphorus to the γ-Al2O3 dehydration component 
improves the stability of the MSC in the physical mixtures by facilitating the retention of the 
Cu surface area and these observations cannot be explained by thermal sintering alone. 
Therefore possibility that the migration of phosphorus from the acid catalyst to the MSC was 
responsible for the enhancement in the stability of the copper particles was explored. No 
phosphorus was detected by TEM-EDS analysis of the spent MSC samples recovered after 
24h on stream. Additionally, a sample of Cu/ZnO/Al2O3 that was impregnated by the 
incipient wetness method with an aqueous solution of H3PO4 to a nominal loading of 0.1 
wt.% P2O5, and mixed with γ-Al2O3 to be tested for STD conversion at H2/CO = 2, 250 °C 
and 5 MPa. The methanol synthesis rates were found to be slightly lower for the mixture 
containing the modified MSC and no big differences in the deactivation profile were 
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observed (see Appendix B). An enhancement in the stability in MSC is unlikely since surface 
H3PO4 and P4O10 are known to be poisons for syngas hydrogenation at very low 
concentrations.
50,51
 
Coke deposition and excess zinc contents measured for the acid catalysts after 
reaction are presented in Table 4.10. Coke formation increases with the dehydration activity, 
being lower for the phosphated γ-alumina samples. This is in agreement with the results of 
temperature-programmed methanol synthesis (Section 4.1.2.1) and with previous reports.
19,22
 
Phosphated γ-Al2O3 is less active than γ-Al2O3 for dimethyl ether formation but it is also less 
active for side reactions that lead to carbon deposition. The amount of excess zinc on the 
spent acid catalysts also decreases with the addition of phosphorus.  
Table 4.10 Coke content and excess zinc on the recovered pure and P-modified γ-Al2O3 
Catalyst System 
Coke Content 
[μmol CO2·g
-1
] 
Excess Zinc    
[μmol·g-1] 
MSC + γ-Al2O3 81 7.1 ± 3.1 
MSC + 2P-Al 79 7.5 ± 1.7 
MSC + 4P-Al 75 3.5 ± 3.0 
MSC + 6P-Al 76 2.9 ± 2.0 
 
 The decrease in the amount of zinc transferred from the MSC to the acid catalyst 
coincides with the improvement in the stability of the mixtures with phosphorus addition to 
the γ-alumina. The presence of phosphate groups on the surface of γ-Al2O3 may reduce the 
chemical potential for zinc migration or the diffusion coefficient of zinc species on the 
surface of the acid catalysts, as proposed by Peng et al.
9
 The transfer of zinc from the MSC to 
the acid catalyst leads to an increase in the mobility of the Cu particles in a remote-controlled 
deactivation mechanism. The results from the catalytic tests in the Berty reactor (Section 4.2) 
indicate that, besides the detrimental effect of catalyst proximity, the loss of activity is also 
enhanced by the reducing potential of the syngas (adsoptive reconstruction). This is in 
agreement with recent DFT calculations showing that the most stable surface complex under 
CO-rich conditions, i.e. copper carbonyl (CuCO), has low energy barriers for surface 
diffusion over Cu and ZnO. Contrarily, the presence of CO2 and H2O in the gas phase favours 
copper hydroxyl (CuOH) and di-copper formate bidentate (Cu2HCOO) complexes with 
relatively high free energy barriers that lower the mobility of copper.
52
 Considering the role 
of the adsorbates inducing the reconstruction of the Cu surface, it can be speculated that 
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water adsorbed on the P2O5–γ-Al2O3 plays an important role mediating the deactivation. 
Temperature-programmed desorption of water showed that the amount of weakly-held water 
increases with phosphorus loading, as revealed by the downward shift of the mid-temperature 
desorption peak from 380 °C to 250 °C, Figure 4.5. Adsorbed water or surface hydroxyls 
may transfer from the phosphated γ-Al2O3 to the MSC by inverse spillover
53
 thereby helping 
to maintain the stoichiometry of ZnO.  
 
4.5 Effect of CO2 to CO Ratio on the Deactivation of the Cu/ZnO/Al2O3 
Catalyst during Methanol Synthesis 
It has been recognised that the reducing potential of the surrounding gases affects the 
morphology of Cu/ZnO/Al2O3 catalysts impacting on the stability under methanol synthesis 
and syngas-to-DME conditions. In slurry phase reactors, where water removal from the 
catalyst surface is impeded by the mineral oil used as dispersion medium, Cu and ZnO 
growth has been reported to be caused by hydrothermal sintering.
54,55
 However, the effect is 
observed only with water concentrations exceeding 10% while lower contents apparently 
promote catalyst stability.
55
 Kuechen and Hoffmann
56
 found that the deactivation rate of 
Cu/ZnO/Al2O3 catalysts depends on the feed gas composition, being more severe for CO-rich 
syngas than for CO2/H2. The authors explained their results assuming that two different 
hydrogenation mechanisms are operative under methanol synthesis conditions, one of which 
deactivates significantly faster. The same dependence between catalyst deactivation and 
syngas composition was observed by Sahibzada and co-workers
42
 using a truly differential 
reactor to measure the intrinsic methanol synthesis rates. Under CO/H2 the methanol 
synthesis activity was found to decrease alongside the Cu surface area without any evidence 
of carbon deposition. Regrettably, the authors did not provide the characterisation of the 
spent Cu/ZnO/Al2O3 catalysts for the rest of the syngas compositions.  
The experimental results provided so far indicate that the composition of the reactive 
atmosphere strongly influences the deactivation profile of the catalysts. Therefore, it is 
important to study the effect that the oxidising/reducing potential of the syngas has on the 
deactivation of the Cu/ZnO/Al2O3 component alone or mixed with the alumina-based acid 
catalysts. In this section the results of methanol synthesis experiments in which the CO2 to 
CO ratio of the syngas was varied are presented and discussed. The following section (4.6) 
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will deal with the effect of the syngas composition on the deactivation of mixtures containing 
γ-Al2O3 or phosphated γ-Al2O3.  
4.5.1 Performance of the Cu/ZnO/Al2O3 Catalyst (Tubular Reactor) 
 The Cu/ZnO/Al2O3 catalyst alone was tested for the synthesis of methanol in the 
tubular packed bed microreactor described previously. The experiments were carried out at 
250 °C and 5 MPa. The catalyst was diluted with silicon carbide in a volume ratio 1:1. The 
catalyst bed was placed between equal volumes of SiC to give a total packed volume of 2 
mL. A space velocity of 30 mmol·gMSC
-1
·min
-1
 was used in all the experimental runs. The 
ratio of CO2 to the total carbon oxides, R = CO2/(CO + CO2), was varied across the 
experiments and the amount of H2 was adjusted to give a stoichiometric feed for methanol 
synthesis, i.e. (H2 – CO2)/(CO + CO2) = 2. Four different syngas compositions were studied: 
R = 0, R = 0.17, R = 0.64 and R = 1.  
Methanol and methane were the only organics produced at all CO2/COx ratios, with 
methane being detected only at trace levels (yield < 0.01%). The amounts of CO and CO2 
detected in the effluent correspond to the WGS equilibrium compositions. On the other hand, 
the COx conversions to methanol given in Table 4.11 were far from the methanol synthesis 
equilibrium for the different CO/CO2/H2 contents. The increase in the methanol yield with the 
addition of CO2 to the feed stems from the more favourable kinetics for the hydrogenation of 
CO2 compared to CO over Cu/ZnO-based catalyst. With a further increment in the CO2 
content, the reverse water-gas shift becomes relevant and the water concentration in the 
reactor increases more rapidly, lowering the methanol synthesis rate.
24,25,26
 
Table 4.11 Experimental COx conversions and equilibrium conversions to methanol                                                                                   
over Cu/ZnO/Al2O3 catalyst alone for different syngas compositions 
   
      
 
Experimental 
Conversion
a
 [%] 
Calculated 
Equilibrium 
Conversion [%] 
H2O Partial 
Pressure
b
      
[mbar] 
0.00 3.5 57.7 – 
0.17 12.8 53.1 90 
0.64 8.9 44.2 720 
1.00 8.4 19.1 2000 
a. Values obtained after 1h on stream 
b. Average values throughout the experimental run 
 
 
The evolution of the methanol synthesis rates with time on stream for the different 
feed compositions is presented in Figure 4.19. Variations in the rate of deactivation are 
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Figure 4.19 Rate evolution with TOS for different 
syngas compositions. Feed conditions: R value in 
figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-
1
·min
-1
 
Figure 4.20 Residual activities against TOS for 
different syngas compositions.                                     
Feed:, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
observable although the trend is not clear due to differences in the values of the 
hydrogenation rates. To allow for an unbiased comparison, the methanol synthesis rates for 
the first 5h on stream of each run were fitted to a quadratic expression. The y-intercept 
corresponds to the reaction rate at 0h on stream, which was used to calculate the residual 
activities, Figure 4.20. 
     
 
 
Two different deactivation regimes can be identified from Figure 4.20: a fast initial 
deactivation (during the first 5 to 10h on stream) followed by a more gradual decay. The 
initial decline in the methanol synthesis rate becomes more significant as the reducing 
potential of the syngas increases, while the long-term deactivation seems to affect the 
catalysts similarly regardless of the feed composition. The existence of two deactivation 
regimes that depend on the syngas composition has been reported previously.
57
  
The deactivation data was fitted to a power law expression of the type of equation 4.1 
except that the residual activities,  , from Figure 4.19 were used instead of the actual reaction 
rates,  
  
  
    
         (equation 4.2). 
The value of the exponent   was set to 2 to compare the normalised deactivation rate 
constants,   
 , consistently for the different feed compositions, Figure 4.21. The fitting for the 
deactivation data obtained during the first 5h of the run is given in Appendix B. Second order 
power law expressions have been used previously to describe the deactivation of silica-
supported Cu/ZnO under CO/H2.
58
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Figure 4.21 Linear fits of the inverse residual MS activities for different syngas compositions.                                             
Feed conditions: R value in figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
Table 4.12 Reaction rates extrapolated to 0h on stream and deactivation rate constants                                                   
for the synthesis of methanol over Cu/ZnO/Al2O3 
   
      
 
Initial Methanol 
Synthesis Rate       
[mmol·min-1·gMSC
-1] 
Initial Water-Gas          
Shift Rate                                     
[mmol·min-1·gMSC
-1] 
Initial 
Methanation Rate 
X 104                                    
[mmol·min-1·gMSC
-1] 
Initial 
Deactivation Rate, 
   
 
 [h-1] 
Long-term 
Reactivation 
Rate,   
 
[h-1] 
0.00 0.34 – 5.1 0.040 0.016 
0.17 1.26 0.04 6.1 0.024 0.011 
0.64 0.74 -0.54 5.3 0.020 0.008 
1.00 0.58 -1.49 2.6 0.006 0.007 
a. Conditions: 250 °C, 5 MPa, SV = 30 mmol·min-1· gMSC
-1.  MSC : SiC volume ratio 1 : 1  
 
 
 
 
 
The deactivation of the MSC under CO2/H2 (R = 1) is well described by the second 
order deactivation power law in the whole range of TOS. As CO is added to the feed, the 
experimental points for the first hours on stream increasingly deviate from the fitted trends 
due to a faster deactivation in the beginning of the reaction. The initial reaction rates, i.e. the 
values of rates extrapolated to TOS = 0h, are given in Table 4.12 as well as the deactivation 
rate constants for the initial and the long-term loss of activity. The   
  constant values for both 
regimes increase with the reducing potential of the syngas but the difference is more marked 
for the initial deactivation.  
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4.5.1.1 Characterisation of the Spent Cu/ZnO/Al2O3 Catalyst 
The copper surface areas, crystallite sizes and coke contents of the MSC measured 
after catalysis under different reaction environments are presented in Table 4.13. Only low 
amounts of coke were formed over the Cu/ZnO/Al2O3 catalyst under the experimental 
conditions used. This is in agreement with the low activity of copper to catalyse C—O 
breaking and C—C formation, which limits the deposition of heavy organic products. The 
amount of carbon deposited increases with the methanol productivity and decreases with the 
CO2 content in the feed (for similar conversion levels). The attenuation of carbon deposition 
in the presence of CO2 has been correlated with higher water concentrations in the gas phase 
that decrease the surface concentration of methoxy species preventing the formation of coke 
precursors.
4
  
Table 4.13 Coke content, copper surface area and crystallite size of the Cu/ZnO/Al2O3                                       
recovered after reaction under different syngas compositions 
   
      
 
Coke Content 
[μmol CO2·g
-1
] 
Coke              
Coverage 
a
               
[nm
2
·g
-1
] 
Cu Surface 
Area                 
[m
2
·g
-1
] 
Crystallite Size                    
[nm] 
0.00 30 1.6 50 11.1 
0.17 41 2.2 56 10.8 
0.64 15 0.8 59 10.1 
1.00 10 0.54 61 10.5 
a. Values calculated from the Van der Waals area of carbon, i.e. 0.09 nm2·atom-1 
 The Cu surface areas of the MSC after reaction are smaller than the value measured 
for the fresh catalyst (68 m
2
·g
-1
). The decrease coincides with a significant increment in the 
Cu crystallite size derived from the line broadening of the Cu (111) reflection in the X-ray 
diffractograms. The Cu crystallite size of the MSC measured just after reduction is 7.0 nm. 
Particle growth is lower in the presence of CO2, in agreement with the deactivation rate 
constants given in Table 4.12. Hence, particle growth is related to the deactivation of 
Cu/Zn/Al2O3 although it does not fully account for the activity decay observed under 
reducing atmospheres. The initial deviation of CO/H2 (R = 0) from the linear fit in Figure 
4.21 is likely to be caused by the deterioration of the interface between Cu and ZnOx species, 
as proposed by Prieto et al.
58,59
 On the other hand, the good description obtained under 
CO2/H2 (R = 1) using equation 4.2 may be related to lessened interactions between the Cu 
particles and the support (non-wetting phenomena) that prevail under oxidising 
conditions.
38,60
 The increase of   
  with increasing CO contents in the feed is in agreement 
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with the low diffusion energy barriers calculated for carbonyl complexes (CuCO). Cu–
adsorbate complexes formed in the presence of CO2 and H2O, i.e. Cu2HCOO and CuOH, are 
significantly less mobile according to the activation energies for surface migration over 
metallic copper and ZnO predicted by DFT.
52
 
 
4.6 Effect of CO2 to CO Ratio on the Deactivation of Cu/ZnO/Al2O3 +         
γ-Al2O3 and  Cu/ZnO/Al2O3 + Phosphated γ-Al2O3 in STD Conversion 
The physical mixtures were tested for syngas-to-DME conversions in the tubular 
packed bed microreactor under the conditions described in the previous section for the 
methanol synthesis experiments, i.e. a space velocity of 30 mmol·gMSC
-1
·min
-1
 at 250 °C and 
5 MPa. The catalysts were diluted with silicon carbide in a volume ratio 1:1:2 to provide a 
high degree of contact between the MSC and the acid particles. The catalyst bed was placed 
between equal volumes of SiC to give a total packed volume of 2 mL. The feed compositions 
were varied across the experiments as reported in Section 4.5. 
4.6.1 Performance of the Cu/ZnO/Al2O3 + γ-Al2O3 Physical Mixture (Tubular Reactor) 
Over the physical mixture containing the MSC and the unmodified γ-Al2O3, 
methanol, dimethyl ether and methane were the only organics detected under the feed 
compositions tested. In all cases, methane is produced with very low carbon yields, i.e. below 
0.005%. The water-gas shift reaction was found to have fast kinetics and approaches 
equilibrium under every experimental condition used. The carbon oxide conversions are far 
from the equilibrium values, Table 4.14. 
 
Table 4.14 Experimental COx conversions and equilibrium conversions to methanol and DME                                                                                   
over MSC + γ-Al2O3 physical mixtures for different syngas compositions 
   
      
 
Experimental 
Conversion
a
 [%] 
Calculated 
Equilibrium 
Conversion [%] 
H2O Partial 
Pressure
b
   
[mbar] 
0.00 9.8 72.5 10 
0.17 10.5 64.8 97 
0.64 8.3 45.7 735 
1.00 7.8 13.3 2580 
a. Values obtained after 1h on stream 
b. Average values throughout the experimental run 
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Figure 4.22 Catalyst activities of MSC + γ-Al2O3 against TOS for different syngas compositions: a) methanol 
synthesis rates, b) residual methanol synthesis activities, c) methanol dehydration rates, d) residual methanol 
dehydration rates. Feed conditions: R value in figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
 The differences in the conversion levels obtained for the physical mixture, Table 4.14, 
and for the MSC alone, Table 4.11, stem from the enhancement (under CO-rich conditions) 
and attenuation (under CO2-rich) of the reaction kinetics caused by the water produced in the 
synthesis of DME. The methanol synthesis and dehydration rates, Figure 4.22a and c, 
indicate that the selectivity to oxygenated organics varies with the feed composition. For CO-
rich feeds dimethyl ether is the main product but the addition of CO2 increases the selectivity 
towards methanol. The lower dehydration rate under CO2-rich conditions is caused by the 
competitive adsorption of water over the Lewis sites of γ-alumina.27   
                           
 
 
 
 
 
 
   
The deactivation of the hydrogenating function in the physical mixture (Figure 4.22a 
and b) exhibits the same dependence with the syngas composition as the methanol synthesis 
catalyst alone in Figure 4.19. The loss of activity of γ-alumina (Figure 4.22c and d) is also 
more severe under strongly reducing atmospheres than in the presence of CO2. These 
observations agree with the results obtained using the internal recycle Berty reactor (Section 
4.2). The residual methanol synthesis activities fitted to a second order power law expression 
(equation 4.2) are shown in Figure 4.23. The initial reaction rates, obtained by extrapolating a 
second order polynomial fitted to the data for the first 5h on stream, and the initial (first 5h) 
and long-term deactivation constants are given in Table 4.15. 
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Figure 4.23 Linear fits of the inverse residual MS activities of the Cu/ZnO/Al2O3 catalyst                                    
physically mixed with γ-alumina under different syngas compositions.                                                                       
Feed conditions: R value in figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
Table 4.15 Reaction rates extrapolated to 0h on stream and methanol synthesis deactivation                                      
rate constants over Cu/ZnO/Al2O3 + γ-Al2O3 mixtures 
   
      
 
Initial Methanol 
Synthesis Rate       
[mmol·min-1·gMSC
-1] 
Initial Water-Gas          
Shift Rate                                     
[mmol·min-1·gMSC
-1] 
Initial Methanol 
Dehydration Rate                                  
[mmol·min-1·gMSC
-1] 
Initial MS 
Deactivation Rate, 
   
 
 [h-1] 
Long-term MS 
Reactivation 
Rate,   
 
 [h-1] 
0.00 0.93 0.32 0.66 0.076 0.026 
0.17 0.94 0.15 0.39 0.053 0.014 
0.64 0.65 -0.29 0.14 0.024 0.009 
1.00 0.55 -1.34 0.03 0.010 0.007 
a. Conditions: 250 °C, 5 MPa, SV = 30 mmol·min-1· gMSC
-1.  MSC : γ-Al2O3 : SiC volume ratio 1 : 1 : 2  
 
 
 
 
 
The initial and the long-term   
 
 constant were found to be very similar under CO2/H2, 
and very close to the values obtained for the MSC alone under analogous conditions (Table 
4.12). With the addition of CO to the feed (low R values) the difference between the fast 
initial deactivation and the subsequent gradual decay becomes more marked and the data 
points in the beginning of the run deviate from the long-term trend. Although the same 
behaviour was observed for the Cu/ZnO/Al2O3 catalyst alone (Table 4.12), the initial and the 
long-term deactivations are significantly more severe in the presence of γ-Al2O3. 
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4.6.1.1 Characterisation of the Spent Cu/ZnO/Al2O3 and γ-Al2O3 
 The amounts of carbon deposited on the surface of the methanol synthesis component 
in the physical mixtures, Table 4.16, are slightly higher than the contents measured for the Cu 
catalyst alone, Table 4.13. However, coke formation is still limited and does not account for 
the deactivation that occurs, particularly under reducing conditions. The catalysts exposed to 
less reducing syngas retain greater Cu surface areas after reaction, Table 4.16, and exhibit 
better stabilities over the timescale of the experiments. At the same time the crystallite sizes 
determined by XRD increase, suggesting that the decline in the hydrogenation activity is 
caused principally by changes in the morphology that lead to particle growth. The Cu surface 
area and the crystallite size of the MSC recovered from the mixtures after exposure to 
CO2/H2 are comparable to the values measured for the Cu catalyst alone spent under the same 
conditions. Contrarily, as the CO content in the feed increases, the decrease in the Cu surface 
area and the increase in the Cu
0
 (111) crystallite size become significantly larger for the spent 
MSC in the mixture than for the spent MSC alone. The experimental evidence indicates that 
the proximity of γ-Al2O3 induces greater loss of Cu surface area in the methanol synthesis 
catalyst which would otherwise undergo a slower particle growth in response to the reactive 
environment. 
Table 4.16 Coke content, copper surface area and crystallite size of the Cu/ZnO/Al2O3                                       
recovered from MSC + γ-Al2O3 mixtures after reaction under different syngas compositions 
   
      
 
Coke Content 
[μmol CO2·g
-1
] 
Coke              
Coverage 
a
               
[nm
2
·g
-1
] 
Cu Surface 
Area                 
[m
2
·g
-1
] 
Crystallite Size                    
[nm] 
0.00 63 3.4 38 12.8 
0.17 58 3.2 48 11.3 
0.64 37 2.0 54 10.4 
1.00 30 1.6 57 10.2 
a. Values calculated from the Van der Waals area of carbon, i.e. 0.09 nm2·atom-1 
 
 The characterisation of the spent γ-alumina is given in Table 4.17. The coke levels on 
the catalysts are similar to those found on the methanol synthesis catalyst recovered from the 
same physical mixture. As the CO2 content in the feed increases, less carbon is deposited on 
γ-Al2O3 due to the attenuation of the acidity by adsorbed water molecules. Besides coking, 
excess zinc in the catalyst also contributes to the decay of the dehydration activity. As the 
reducing potential of the synthesis gas decreases, less zinc is found in excess over the 
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recovered acid catalysts. This suggests that zinc migration is lowered by higher water 
concentrations on the surface of the γ-alumina or by a more stoichiometric ZnO structure in 
the methanol synthesis catalyst. It is important to mention that the decrease in the 
concentration of methanol due to the deactivation of the MSC catalyst contributes, at least 
partially, to the decrease of the dehydration rate observed Figure 4.22c and d. To decouple 
this effect it is necessary to include a kinetic model in the analysis (see Appendix B) 
Table 4.17 Coke content and excess zinc on γ-Al2O3 recovered from                                                                               
MSC + γ-Al2O3 mixtures after reaction under different syngas compositions 
   
      
 
Coke Content 
[μmol CO2·g
-1] 
Coke              
Coverage a               
[nm2·g-1] 
Excess Zinc    
[μmol·g-1] 
Zinc              
Coverage a               
[nm Zn·g-1] 
0.00 73 4.0 7.6 ± 2.1 0.25 
0.17 64 3.5 6.0 ± 2.1 0.20 
0.64 52 2.8 5.8 ± 2.3 0.19 
1.00 47 2.6 5.7 ± 2.3 0.19 
 
 The increase in the amount of zinc transferred to the acid catalyst correlates with the 
deactivation of the Cu/ZnO/Al2O3 catalyst only for strongly reducing syngas mixtures. Based 
on the methanol synthesis deactivation rates obtained for the MSC alone and in the physical 
mixture, the impact of Zn migration (or any other species transferred) on the stability of the 
Cu/ZnO-based catalyst is minimal under less reducing environments. In agreement, the Cu 
surface areas and crystallite sizes of the catalysts spent under CO2/H2 are similar even in the 
presence of γ-Al2O3, which indicates that any remote-controlled deactivation mechanism is 
less significant in those cases. The results suggest that, under reducing conditions, the transfer 
of zinc from the MSC to the acid catalyst promotes a deeper reduction of ZnOx in the 
interface with Cu, leading to an increase in the mobility of Cu. Deep reduction of ZnO in the 
interface with copper is known to produce α-brass reducing the number of the catalytically 
active sites.
61,62,63
 Additionally, as the interfacial energy between Cu and Zn decreases in the 
course of the reduction of the support, the Cu particles tend to spread or migrate over ZnO 
and become more mobile.
38,39
  
4.6.1.2 Morphology Changes during Syngas-to-DME Conversions 
 Compared to the properties of the copper species in the fresh methanol synthesis 
catalyst (Cu S.A. = 68 m
2
·g
-1
; dCu (111) = 7.0 nm) all the spent MSCs, alone or in the mixtures, 
exhibit a considerable increment in the Cu surface areas and crystallite sizes regardless of the 
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Figure 4.24 Change in the Cu surface area  and Cu
0
 (111) crystallite size  with time on stream.                              
Cu/ZnO/Al2O3 recovered from MSC + γ-Al2O3 mixtures feeding a) CO/H2 and b) CO2/H2                                                                      
Conditions: 250°C, 5 MPa, stoichiometric gas, SV = 30 mmol·gMSC
-1
·min
-1
 
composition of the syngas used. Nonetheless, the surface reconstruction seems to have a 
stronger effect on the hydrogenation activity under reducing conditions than in the presence 
of CO2. To assess the influence of the catalyst morphology on the stability, the conversion of 
CO/H2 (R = 0) and CO2/H2 (R = 1) was conducted over physical mixtures MSC + γ-Al2O3 
stopping the reaction at different times on stream. The characterisation of the recovered 
Cu/ZnO/Al2O3 is given in Figure 4.24. The excess zinc in the samples measured by ICP at 
different times on stream is given in Appendix B. 
    
 
 
For the syngas consisting of CO and H2, the reconstruction of the catalyst surface is 
gradual and occurs alongside the loss of methanol synthesis activity. Conversely, under 
CO2/H2, reconstruction takes place mainly during the first minutes of exposure to the gas 
without any major effect on the stability. It seems that under strongly reducing conditions 
particle growth induced by the adsorbed gas (and/or the intermediates) dictates the extent of 
the loss of activity in agreement with previous reports.
38,39,42
 By contrast, in the presence of 
CO2/H2, copper reconstruction is very fast (instantaneous) and the resulting morphology is 
remarkably stable over the timescale of the experiments. It is important to stress, however, 
that the Cu particle sizes determined by XRD are twice as large as those calculated from the 
surface area measurements, which were between 3.9 and 7.6 nm under CO/H2 and 3.9 and        
4.7 nm under CO2/H2. This discrepancy may be related to changes in the intensity and in the 
shape of the diffraction peaks that render the application of the Scherrer equation inaccurate. 
According to the wetting/non-wetting properties of the Cu/ZnO system,
38
 reducing 
conditions create oxygen vacancies in the zinc oxide that lower the surface and interfacial 
energies allowing the Cu particles to spread over the support and to form Cu-Zn surface 
alloys.
43,61
 On the contrary, under oxidising atmospheres the zinc oxide is more 
96 
 
stoichiometric so Cu forms Zn-clean sphere-like particles with larger contact angles (see 
Chapter 2, Section 2.3). The shape modifications that lead to spherical particles take place 
before 0.5h on stream, Figure4.24b, which is in the order of time required to achieve the 
equilibrium morphology in response to the gaseous environment in real-space HRTEM 
experiments using model Cu/Zn catalysts.
64
 
The results presented in this section point to an increased mobility of the Cu species 
over the support when exposed to CO and H2, which leads to particle growth either by 
migration and coalescence or by mass transport between the metal particles (Ostwald 
ripening).
59
 Conversely, CO2 favours the formation of less mobile Cu particles although an 
instantaneous growth was observed immediately after exposure to the syngas.
52
 This sudden 
increase was completely unexpected but, since the trend was observed by two independent 
analytical techniques, it is evident that a systematic change is taking place. The abrupt 
exposure of the Cu/ZnO/Al2O3 catalyst to 5 MPa of CO2/H2 produces a significant release of 
heat due to the adsorption and hydrogenation of CO2. If the heat is not dissipated effectively 
from the catalyst bed it can accelerate the growth of copper particles by thermal sintering. In 
the case of CO/H2, the effect of the sudden exposure to the reactants seems to be hindered by 
the higher mobility of the Cu particles throughout the whole experiment. 
It is important to mention that some researchers have reported deactivation in the 
presence of high concentrations of water (5-10 bar) caused by copper and zinc oxide 
crystallisation during syngas-to-DME
54,55
 and methanol synthesis.
65,66
 The fact that the effect 
is not seen in the present experiments may be related to the timescale of the runs and the 
relatively low H2O partial pressures (<  2.6 bar) caused by the low conversion levels. 
4.6.2 Performance of the Cu/ZnO/Al2O3 + 6P-Al Physical Mixture (Tubular Reactor) 
Methanol, DME and methane are the only organics detected as products in the 
catalytic tests conducted using the physical mixtures containing 6P-Al. Methane is produced 
with carbon yields below 0.005%. Over this mixture, the water-gas shift reaction was found 
to give compositions near equilibrium under every experimental condition tested. The COx 
conversion levels are very similar to those obtained using γ-Al2O3 as acid catalyst, Table 
4.18. The small differences are due to the lower dehydration activity of the phosphated 
alumina (see Sections 4.1 and 4.4) and the effect that water formation has on the methanol 
synthesis rate.  
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Figure 4.25 Catalyst activities of MSC + 6P-Al against TOS for different syngas compositions: a) methanol 
synthesis rates, b) residual methanol synthesis activities, c) methanol dehydration rates, d) residual methanol 
dehydration rates. Feed conditions: R value in figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
Table 4.18 Experimental COx conversions and equilibrium conversions to methanol and DME                                                                                   
over MSC + 6P-Al physical mixtures for different syngas compositions 
   
      
 
Experimental 
Conversion
a
 [%] 
Calculated 
Equilibrium 
Conversion [%] 
H2O Partial 
Pressure
b
   
[mbar] 
0.00 10.4 72.5 8 
0.17 12.8 64.8 95 
0.64 8.2 45.7 725 
1.00 7.5 13.3 2275 
a. Values obtained after 1h on stream 
b. Average values throughout the experimental run 
 
 
 The methanol synthesis and dehydration rates obtained using the MSC + 6P-Al are 
given in Figure 4.25a and c. While the initial methanol synthesis rates of the mixtures with 
6P-Al are similar to those with γ-Al2O3, the initial dehydration rates per mass of catalyst are 
lower over the phosphated catalyst. The low dehydration rates are related to the decrease in 
the specific surface area with P-addition and to the chemistry of the active sites as discussed 
earlier (Sections 4.1.2 and 4.4.1). Consequently, the selectivities towards DME are lower for 
the mixtures containing 6P-Al and, just as in the case of γ-alumina, they decrease with 
increasing CO2 contents in the feed. The fact that the dehydration rate over 6P-Al is 
significantly affected by water adsorption agrees with the fact that phosphorus addition does 
not introduce strong Brønsted acidity on the γ-Al2O3.
20
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Figure 4.26 Residual activities at the end of the experimental run for a) the methanol synthesis component,                     
b) the dehydration component. Catalyst system in the figure captions.                                                                                
Feed conditions: R value in figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
 To allow for a clear comparison of the stability of the catalyst mixture, the residual 
activities normalised with respect to the extrapolated rates are given in Figure 4.25 b and d. 
Only the data points for the first 5h on stream were considered in the second order 
polynomial fitting used. The extrapolated initial reaction rates are given in Table 4.19. The 
extent of the deactivation of the mixture containing 6P-Al depends on the syngas 
composition, being more sever under strongly reducing conditions. Compared to the 
unmodified alumina, the addition of phosphorus results in a better preserved dehydration 
activity for all the feed compositions tested. The activity loss of the MSC is also lower in the 
presence of 6P-Al; the residual activity values obtained after 20h are found to be close to 
those of the Cu/ZnO/Al2O3 catalyst alone. A comparison of the residual activities obtained at 
the end of the experimental runs for the Cu/ZnO/Al2O3 alone and for the two physical 
mixtures is given in Figure 4.26. 
    
 
 
The time evolution of the residual hydrogenation activity was fitted to the second 
order power law given in equation 4.2, Figure 4.27. The initial and the long-term 
deactivations, given in Table 4.19, are larger for low R values, as observed previously for the 
MSC alone and mixed with γ-alumina. Both deactivation regimes are considerably slower for 
the mixture containing phosphated alumina than those obtained in the presence of pure γ-
Al2O3 (Table 4.15), and very close to those obtained for the MSC alone (Table 4.12) over the 
whole range of feed compositions. Therefore, it appears that the phosphate groups on the acid 
catalyst have a positive impact on the stability of the MSC since the severity of the initial fast 
deactivation does not increase as in the case of close proximity with γ-Al2O3. This is in 
agreement with the improvement of the stability observed previously for the catalyst mixtures 
with phosphated alumina as dehydration catalyst (Section 4.4). 
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Figure 4.27 Linear fits of the inverse residual MS activities of the Cu/ZnO/Al2O3 catalyst                                    
physically mixed with 6P-Al under different syngas compositions.                                                                                          
Feed conditions: R value in figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
Table 4.19 Reaction rates extrapolated to 0h on stream and methanol synthesis deactivation                                      
rate constants over Cu/ZnO/Al2O3 + 6P-Al mixtures 
   
      
 
Initial Methanol 
Synthesis Rate       
[mmol·min-1·gMSC
-1] 
Initial Water-Gas          
Shift Rate                                     
[mmol·min-1·gMSC
-1] 
Initial Methanol 
Dehydration Rate                                  
[mmol·min-1·gMSC
-1] 
Initial MS 
Deactivation Rate, 
   
 
 [h-1] 
Long-term MS 
Reactivation 
Rate,   
 
 [h-1] 
0.00 0.99 0.24 0.48 0.030 0.017 
0.17 1.19 0.07 0.24 0.028 0.012 
0.64 0.64 -0.04 0.05 0.018 0.008 
1.00 0.53 -1.39 0.01 0.005 0.007 
a. Conditions: 250 °C, 5 MPa, SV = 30 mmol·min-1· gMSC
-1.  MSC : γ-Al2O3 : SiC volume ratio 1 : 1 : 2  
 
 
 
 
4.6.2.1 Characterisation of the Spent Cu/ZnO/Al2O3 and 6P-Al 
 The amounts of coke formed during reaction at the different feed conditions on the 
MSC mixed with 6P-Al are given in Table 4.20. The properties of the copper species at the 
end of the experimental runs are also included. Carbon deposition on the Cu-based catalyst 
correlates with the conversions obtained and with the concentration of CO2 (and H2O) in the 
reaction medium. The amounts of CO2 evolved from the spent catalyst in TPO experiments 
are relatively low and, consequently, the deposition of carbon residues cannot be considered 
the main cause of deactivation. On the other hand, at the end of the experimental run there is 
a significant decrease in the number of Cu
0
 sites on the surface caused by growth of the 
supported metal particles. The extent of the changes of the copper species observed in Table 
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4.20 is not as severe as that observed on the MSC samples recovered from the mixtures with 
γ-alumina. Phosphate groups on the γ-Al2O3 help to retain greater surface areas under CO-
rich conditions. In the presence of CO2, the particle growth is comparable to that obtained on 
the MSC spent alone or mixed with γ-alumina. The results indicate that the role of 
phosphorus mediating the deactivation by particle growth is relevant only when oxidising 
species are not available from the gas phase.  
Table 4.20 Coke content, copper surface area and crystallite size of the Cu/ZnO/Al2O3                                       
recovered from MSC + 6P-Al mixtures after reaction under different syngas compositions 
   
      
 
Coke Content 
[μmol CO2·g
-1
] 
Coke              
Coverage 
a
               
[nm
2
·g
-1
] 
Cu Surface 
Area                 
[m
2
·g
-1
] 
Crystallite Size                    
[nm] 
0.00 63 3.4 51 109 
0.17 56 3.1 57 10.3 
0.64 33 1.8 61 9.8 
1.00 27 1.5 58 11.2 
a. Values calculated from the Van der Waals area of carbon, i.e. 0.09 nm2·atom-1 
 Compared to the coke contents measured on the spent γ-Al2O3, carbon deposition is 
lower on the phosphated alumina (6P-Al) over the whole range of syngas compositions, 
Table 4.21. This concurs with a higher tolerance of phosphated alumina to coking which 
stems from the lower strength of the acid sites.
19,22
  
Table 4.21 Coke content and excess zinc on 6P-Al recovered from                                                                               
MSC + 6P-Al mixtures after reaction under different syngas compositions 
   
      
 
Coke Content 
[μmol CO2·g
-1] 
Coke              
Coverage 
a
               
[nm C·g
-1
] 
Excess Zinc    
[μmol·g-1] 
Zinc              
Coverage 
a
               
[nm Zn·g
-1
] 
0.00 46 2.5 2.9 ± 1.4 0.09 
0.17 51 2.9 3.9 ± 1.6 0.13 
0.64 56 3.1 2.4 ± 1.1 0.08 
1.00 33 1.8 3.9 ± 1.5 0.13 
 
The excess of zinc on the 6P-Al samples is also lower than on the unmodified 
catalysts. Zinc transfer is prevented by the addition of phosphorus to the alumina surface 
although the nature of this effect is still difficult to decide definitely. It is possible that the 
lower acidity of phosphated γ-Al2O3 decreases the chemical potential gradient that drives the 
migration of basic Zn-containing species towards the surface of the acidic catalyst. However, 
since the remote controlled deactivation does not occur for the mixtures containing 
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unmodified alumina when water molecules are readily available from the gaseous phase, it is 
very likely that adsorbed water plays a key role in the mediation of the activity loss. It can be 
speculated that adsorbed water or hydroxyls decrease the surface diffusion coefficient of Zn 
γ-Al2O3 limiting the net rate of metal transfer between the catalysts. Additionally, based on 
the H2O-TPD results displayed in Figure4.5, reverse water spillover from the acid catalyst to 
the MSC may help to keep a more oxidised ZnOx stoichiometry which would limit Cu 
reconstruction and mobility. 
 
4.7 Conclusions 
 A deactivation mechanism that takes place during the gas-solid catalysed syngas-to-
dimethyl ether conversion over systems containing Cu/ZnO/Al2O3 and γ-alumina is reported. 
The activity loss can be observed over composite catalysts and physical mixtures and affects 
the hydrogenating and dehydrating functions simultaneously. The extent of the deactivation 
becomes more significant as the physical separation between the methanol synthesis and 
dehydration components decreases. Additionally, the severity of the deactivation was found 
to depend on the composition of the reactive environment. Under strongly reducing 
conditions, i.e. CO-rich syngas, a fast initial loss of activity occurs during the first hours of 
the reaction followed by a more gradual decay thereafter. Conversely, for less reducing 
syngas mixtures, i.e. high CO2 contents, a more stable catalytic performance is obtained and 
the initial fast deactivation is completely absent. 
 The deactivation mechanism requires contact time and contact area between the two 
catalysts revealing the involvement of surface transport of active species from one component 
to the other. Characterisation by ICP-EOS demonstrates the presence of an excess of zinc on 
the γ-Al2O3 particles recovered from physical mixtures after the reaction, which contributes 
to the decrease in the dehydration activity. The migration is probably driven by a chemical 
potential sink caused by the basic character of zinc and the acidic character of the γ-alumina. 
The amount of zinc transferred increases with the reducing potential of the syngas indicating 
that low concentrations of oxygen-containing species (water and hydroxyls) on the surface of 
γ-Al2O3 and/or a less-stoichiometric zinc oxide promote the mobility of Zn between the 
catalytic functions.  
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 Under strongly reducing atmospheres, the loss of zinc in the methanol synthesis 
catalyst stimulates copper particle growth which would otherwise undergo a slower 
reconstruction in response to the reactive environment. A continuous decrease in the number 
of surface Cu
0
 sites due to crystallite growth was shown to occur alongside the loss of 
hydrogenation activity under CO-rich conditions. It is likely that zinc migration causes a 
deeper reduction of ZnOx species at the interface with Cu, leading to a higher mobility of the 
supported metal and to an increase in the tendency to form brass alloys. The STD catalyst 
mixtures containing γ-Al2O3 are significantly more stable under less reducing conditions. 
CO2 in the syngas also induces reconstruction on the Cu/ZnO/Al2O3 catalyst but the changes 
are instantaneous and the resulting morphology is remarkably stable over the timescale of the 
experiments.  
 The addition of phosphorus to γ-alumina mediates the loss of activity of the physical 
mixtures by decreasing the amount of zinc transferred from the Cu/ZnO/Al2O3 catalyst 
thereby helping to retain greater Cu surface areas. No phosphorus was detected by TEM/EDS 
analysis on the methanol synthesis catalyst. The mechanism by which the deactivation is 
reduced is speculative and might have several origins. It is possible that the lower acid 
strength of phosphate groups decreases the driving force for the surface migration of Zn-
containing species. The surface diffusivity of zinc on γ-Al2O3 may also be reduced by the 
presence of phosphorus. On the other hand, the fact that the detrimental effect of catalyst 
proximity is only observed under strongly reducing environments suggests that adsorbed 
water molecules or hydroxyls on the phosphated samples may play a crucial role reducing the 
deactivation of the mixture components. A study of water desorption from the phosphated γ-
alumina showed that the amount of weakly-held water increases with phosphorus loading, as 
revealed by the downward shift of the mid-temperature desorption peak from 380 to 250 °C. 
Adsorbed water or surface hydroxyls may transfer from the phosphated γ-Al2O3 to the MSC 
by inverse spillover helping to maintain the stoichiometry of ZnO. Under the more oxidising 
conditions of CO2/H2, when the water concentration in the gas phase is high, the initial 
deactivation rates are low and the presence of phosphorus has no effect. 
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Chapter 5
H2/CO and H2/CO2 Conversion to Dimethyl Ether
over Cu/ZnO/Al2O3 and H-Zeolites: Influence of
Shape-Selectivity, Cu-Ion Exchange and
Dealumination on the Activity and Stability
Zeolites in the protonic form are very active for methanol dehydration even under
high partial pressures of water and therefore they are regarded as promising catalysts in
syngas-to-dimethyl ether processes (STD). Unfortunately, zeolites are often victims of their
own success and in some cases their high dehydration activity leads to poor selectivities and
fast deactivation due to coke formation.1,2 Additionally, it has been observed that solid-state
copper exchange between the methanol synthesis catalyst and different zeolites occurs during
the production of dimethyl ether from syngas using composite catalysts affecting their
stability.3,4 However, there is not enough information regarding this deactivation mode when
physical mixtures are used. Framework dealumination has also been reported under CO2-rich
conditions impacting on the selectivity to DME and causing a slight increase in the activity
followed by a monotonous deactivation.5 In this chapter, these three mechanisms of catalyst
deactivation are studied using physical mixtures containing zeolites with different topologies
and acidities (density and strength).
The present chapter is divided in four experimental sections and begins with the
characterisation of the different zeolite catalysts used in the studies. Then, in section 2, the
influence  of  shape-selectivity  on  the  product  distribution  and  on  the  deactivation  related  to
carbon deposition is assessed. Under syngas-to-DME conditions (240-270 °C and 30-50 bar)
the pore structure of the zeolites can be expected to be crucial in limiting hydrocarbon
formation without detriment to the DME productivity although few reports exist on this
phenomenon.1, 6 Recently, García-Trenco et al.7conducted a thorough study addressing the
impact of the zeolite topology on the performance of hybrid catalysts in syngas-to-DME
conversion. They used 10 atom-ring bi- and tri-dimensional structures (ZSM-5, FER, MCM-
22, IM-5 and TNU-9) and the delaminated MWW structure, ITQ-2, all with Si/Al ratios
around  10.  The  loss  of  activity  for  the  hybrids  was  found  to  be  related  mainly  to  the
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aluminium content in the exterior of the zeolite crystallites. This was explained by a
detrimental interaction between the Cu/ZnO component and the proton-exchange positions
located on the external surface of the acid catalyst. The study reported in the present chapter
addresses shape-related effects on syngas-to-DME conversion using different zeolites mixed
with Cu/ZnO/Al2O3 particles. In contrast to the composite catalysts studied by García-Trenco
et al.7, the use of physical mixtures facilitates the independent characterisation of the mixture
components and minimises the effect of the direct contact between the catalytic functions. As
a consequence, the assessment of the intrinsic causes of the deactivation of the zeolites under
the actual STD conditions is possible. The main focus of the present work is the use of theta-
1 and ZSM-23 (medium pore unidirectional structures), and ferrierite (medium and small size
bidirectional  pores),  which  affords  direct  comparison  with  the  work  on  hybrids  and  earlier
studies. Mordenite (large pseudo-unidirectional pores), and ZSM-5 (medium size three-
dimensional structure) were also used since these structures have been widely studied for
methanol-to-hydrocarbons and syngas-to-DME processes both as hybrids1,7 and physical
mixtures.2,8 The experiments were conducted under strongly reducing conditions and at very
low CO conversions to reduce mediation of deactivation by high water partial pressures.
In the third section, the solid-state exchange of Cu and Zn ions induced by the contact
between the methanol synthesis catalyst and zeolite particles in physical mixtures is explored.
In the previous chapter, the role of Zn-transfer on the loss of catalytic activity of
Cu/ZnO/Al2O3 and γ-Al2O3 mixtures was discussed and it is possible that similar phenomena
occur when zeolites are used as dehydration catalysts. Using hybrid catalysts, García-Trenco
et al. found that Cu2+ ions migrated to the exchange positions of HZSM-5 and correlated this
to the observed decrease in activity.4 The  aim  of  this  section  is  to  determine  whether  the
inter-catalyst transfer of metallic ions has any effect of the catalytic performance observed for
the physical mixtures studied in section 2.
The last experimental section of the chapter deals with the performance of physical
mixtures containing HZSM-5 zeolites with different silica to alumina ratios in the conversion
of  H2/CO2 to DME. Under strongly reducing atmospheres the water-gas shift equilibrium
favours high water partial pressures in the reactor, which may cause loss of aluminium atoms
from the zeolite framework.5 The performance of HZSM-5 zeolites is examined and the
spent catalysts are characterised looking for evidence of dealumination.
108
Figure 5.1. XRD powder patterns of the fresh
zeolites to be used in the catalyst mixtures
5.1Catalyst Characterisation
The composition and physicochemical properties of the commercial HiFuel R120
Cu/ZnO catalyst were presented in detail in the previous chapter. The relevant information is
summarised in Table 5.1.
Table 5.1. Morphological characterisation of HiFuel R120
BET Surface
Area [m2·g-1]
Pore Volume
[cm3·g-1]
Crystallite size
Cu(111) [nm]
Cu Surface
Area [m2·g-1]
80 0.22 7.0 68
For the zeolites, the crystalline purity was checked by powder X-ray diffraction,
Figure 5.1. The structures are entirely consistent with the known patterns. 9 The nominal
compositions of the zeolites are given in Table 5.2.
The temperature-programmed desorption of ammonia (NH3-TPD) for the zeolites in
their proton form gave two desorption peaks as shown in Figure 5.2. The amount of NH3
desorbed from the zeolites was calculated after deconvolution of the low temperature (LT)
and high temperature (HT) peaks and is given in Table 5.2. The high temperature peak is
associated mainly with ammonia adsorbed on the framework of the zeolite (Brønsted acidity),
while the low temperature peak corresponds to NH3 molecules that are hydrogen-bonded to
those chemisorbed within the pores or associated with extra-framework aluminium species.10
Figure 5.2. NH3-TPD profiles of the fresh zeolites.
Adsorption at 110 °C, β = 10 °C·min-1
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The location of the high temperature maxima reflects the average heat of adsorption of
ammonia over each zeolite so the acid strength of the samples follows the general trend:
MOR > FER > ZSM-23 ³ theta-1 ≈ ZSM-5. It should be noted that the possibility that the
channel structure of the zeolite imposes constraints to the diffusion of molecules (modifying
the position of the desorption peaks) has been disregarded.
Table 5.2. Nominal composition, textural and chemical properties of the zeolites
SiO2/Al2O3 SBET Sext
Pore
Volume
LT NH3
Desorption
HT NH3
Desorption
Framework
Site Conc. a
[mol/mol] [m2·g-1] [m2·g-1] [cm3·g-1] [mmol·g-1] [mmol·g-1] [mmol·g-1]
ZSM-5 50 404 41 0.173 0.32 0.52 0.64
MOR 20 432 51 0.100 0.44 1.02 1.54
FER 55 308 42 0.124 0.41 0.60 0.59
Theta-1 63 208 38 0.079 0.30 0.50 0.52
ZSM-23 68 204 15 0.071 0.32 0.47 0.48
a. Calculated based on the nominal SiO2/Al2O3 ratios
The textural properties of the different structures are provided in Table 5.2. The BET
surface areas, the external surface areas calculated by the t-plot approach and the micropore
volumes calculated by the BJH method applied to the desorption branch are in agreement
with values in the literature and with the supplier data sheets.11
The nitrogen physisorption isotherms at 77 K are presented in Figure 5.3. In all the
cases, significant adsorption occurs at very low relative pressures (p/p°) as expected for
microporous solids. ZSM-5 exhibits a type Ib isotherm with the monolayer overlapping with
multilayer adsorption. A type H3 hysteresis loop due to capillary condensation is observed,
which extends over the entire mesoporous region and closes around p/p° = 0.42,12 Figure
5.3a. The broad hysteresis indicates that mesoporosity emerges from inter-crystallite voids
rather than form well defined medium pores. Mordenite, ferrierite and theta-1, Figure 5.3b, c
and d respectively, present a very well defined monolayer and an almost reversible
adsorption-desorption behaviour up to p/po = 0.8. The loops near the saturation pressure are
due to nitrogen condensation in the voids of agglomerated particles. For ZSM-23, a narrow
hysteresis that extends over the whole range of adsorption is caused by large void slits13
originated within agglomerates of crystallites of similar shape and size. From Figure 5.3e it is
also evident that ZSM-23 is a purely microporous zeolite showing N2 adsorption at low
relative pressures (p/po) followed by a remarkably horizontal plateau. On the contrary, the
rest of the zeolites adsorb N2 mainly in the micropore region but the uptake continues in the
mesoporous region of the isotherm.
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Considering the similar topology of FER (pseudo-unidirectional pores), theta-1 and
ZSM-23, the almost purely microporous nature of ZSM-23 suggests that the crystallites are
larger. SEM images confirm that the crystallites of theta-1 are relatively small (< 0.2 μm,
nanorods) compared to those of ZSM-23 (> 1 μm, rods), Figure 5.4. In the case of FER, the
mesoporosity arises from intercrystalline voids resulting from the small size and shape of the
crystals (<0.8 μm, plates). The crystallites of ZSM-5 and mordenite were platelets with sizes
around 0.2 μm and 0.4 μm respectively.
Figure 5.3. Nitrogen adsorption and desorption isotherms at 77 K for:
a) ZSM-5, b) mordenite, c) ferrierite, d) theta-1 and e) ZSM-23
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5.2 Shape-Selectivity Effects in Syngas-to-Dimethyl Ether over
Cu/ZnO/Al2O3 and Zeolite Mixtures: Carbon Deposition and By-
Product Formation
While the effect of carbon deposition has been extensively studied in methanol-to-
hydrocarbon conversions (MTH), for STD over zeolites there are few reports dealing with
coke-related effects apart from an obvious decrease in activity. It has been recognised that the
product distribution and the catalyst deactivation are affected by the acid density and strength
of the zeolite, the operating temperature and pressure, and the space velocity used. 14
Figure 5.4. Scanning electron microscopy images of: a) FER, b) theta-1, c) ZSM-23, d) ZSM-5 and e) MOR
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However, although it is known that –together with the chemical composition- the pore
topology is a key design parameter in catalysis by zeolites, this aspect is usually disregarded
in the STD literature. Only recently has the effect of the channel structure on the catalytic
performance of hybrids7 and mixtures15 for the single-stage production of DME started to be
studied systematically.
The nature and the amount of the coke deposits depend on the volume that is available
to contain them inside the pores, in the channel intersections and in the cavities of the
zeolites. The carbon build-up rate may also be affected by spatial restrictions for the
formation of bulky molecules. From MTH experiments it has been acknowledged that these
carbonaceous species are catalytic centres for methylation and olefin elimination and that the
nature of these deposits influences the hydrocarbon distribution obtained. 16  Eventually,
increasing carbon deposition leads to a decrease in the number of accessible catalytic sites
causing the deactivation of the acidic function.
Table 5.3. Simplified screening of the sieving properties of different structuresA
To study the effect of the zeolite topology on the STD performance, different zeolites
were tested in physical mixtures with Cu/ZnO/Al2O3 particles. Mordenite (MOR), ZSM-5,
ferrierite (FER), theta-1 and ZSM-23 were used; the structures are described in Figure 2.8 in
A Assuming that the molecules are spherical and non polar, the interaction energy, Ф(ݎ),  is  well  described by
the Lennard-Jones potential
Ф(ݎ) = 4߳ ൤ቀఙ
௥
ቁ
ଵଶ
− ቀఙ
௥
ቁ
଺
൨
where ߪ and ߳ are characteristic constants of the molecular species. The kinetic diameter is the intermolecular
distance of closest approach for two molecules colliding with zero kinetic energy, i.e. Ф(ݎ) = 0, ݎ௞ = ߪ. The
Lennard-Jones distance in Å was calculated as ߪ = 0.809 ஼ܸଵ/ଷ  where ஼ܸ  is the critical molar volume in
cm3·mol-1 (Beck, 1974).
LCD = 6.5 Å PLD = 7.3 Å LCD = 7.1 Å PLD = 5.8 Å LCD = 7.0 Å PLD = 5.1 Å LCD = 5.7 Å PLD = 5.3 Å LCD = 5.7 Å PLD = 5.2 Å
Methanol 4.5 ü ü ü ü ü ü ü ü ü ü
Dimethyl ether 5.0 ü ü ü ü ü ü ü ü ü ü
Ethene 4.6 ü ü ü ü ü ü ü ü ü ü
Propene 5.2 ü ü ü ü ü ü ü ü ü ü
Benzene 5.8 ü ü ü ü ü û ü û ü û
Tetramethylbenzene 7.1 û ü ü û û û û û û û
Hexamethylbenzene 7.6 û û û û û û û û û û
Naphthalene 6.7 û ü ü û ü û û û û û
MOR ZSM-5 FER Theta-1 ZSM-22
Molecule d k  [Å]
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Chapter 2. A broad estimation of the size of the species that would be allowed to pass through
the  pores  or  occupy  the  cavities  of  these  catalysts  is  given  in  Table  5.3.  The  structures  are
characterised in terms of the largest cavity diameter (LCD) and the pore limiting diameter
(PLD), that are the maximum of the pore distribution and the widest pore opening in the
computer-simulated structures respectively.17 The minimum kinetic diameter, dk, was used as
a single parameter to describe the penetrability of different molecules through the zeolite
channels.18,19 It  is  important  to  note  that  lattice  relaxation  of  the  zeolite  framework  and  the
orientation of the molecules are not considered in this approach. From the differences in
Table  5.3  it  is  reasonable  to  expect  a  significant  influence  of  the  pore  topology  on  the
catalytic performance of the zeolites in the STD process. In the following sections, the results
of catalytic tests are presented and discussed.
5.2.1. Details of the Activity Tests
The  continuous  tubular  micro-reactor  described  in  Section  3.1.1  was  used  in  the
experimental runs. The Cu/ZnO catalyst (0.3 g) and the zeolite (0.3g) were mixed with inert
silicon carbide to give a volume ratio 1:2:3 and a catalyst bed volume of 1.5 mL, which was
placed between pre- and post-packing (0.25 mL) of SiC. The catalysts were activated flowing
100 mL∙min-1 of a mixture 10% H2 in N2 at 210 °C and atmospheric pressure for 12h, more
details are available in Chapter 3. The experiments were conducted feeding H2 and CO in a
ratio 2 to 1 with a GHSV of 8400 h-1 based on the catalyst bed volume. The pressure was 3
MPa. Each experiment had three periods with different reaction temperatures: 250 °C (9
hours), 260 °C (15 hours) and 270 °C (8 hours) run consecutively. After each period, the
following reaction temperature was approached at a rate of 1 °C·min-1.
5.2.2. Catalytic Performance
The conversion and selectivities for the methanol synthesis component alone are
presented in Figure 5.5a. Under the conditions used, methanol and carbon dioxide account for
96% and 3% of the products respectively. Methane and dimethyl ether were detected at trace
levels with yields below 0.02%. A slight decrease in the CO hydrogenation activity is
observed during the first 6h on stream but the catalyst becomes stable thereafter. The
conversions  obtained  at  the  different  temperatures  (<  4%)  are  far  from  the  thermodynamic
equilibrium for the synthesis of methanol (38% at 250 °C, 31% at 260 °C and 24% at
270 °C). These low conversions are a consequence of the high space velocity used.
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Table 5.4. Initial reaction rates for the methanol synthesis component alone and for different catalyst mixtures.
Conditions: H2/CO = 2; T = 250 °C; P = 3 MPa; GHSV = 8400 h-1
HiFuela γ-Al2O3 ZSM-5 MOR FER Theta-1 ZSM-23
Methanol synthesis rateb
[mmol·min-1·g-1] 0.228 0.413 0.580 0.726 0.532 0.606 0.664
Methanol dehydration
ratec [mmol·min-1·g-1] 0.010 0.173 0.536 0.695 0.428 0.517 0.603
a. Methanol synthesis alone. Dehydration rate normalised against the mass of HiFuel
b. Rate normalised against the mass of Cu/ZnO/Al2O3
c. Rate normalised against the mass of acid catalyst
Figure 5.5. CO conversion and selectivities to methanol p, DME ¨, hydrocarbons Ç and CO2Ä.
a) Cu/ZnO, b) Cu/ZnO + ZSM5, c) Cu/ZnO + MOR, d) Cu/ZnO + FER, e) Cu/ZnO + theta-1, f) Cu/ZnO + ZSM-23.
Conditions: H2/CO = 2, P = 3 MPa, SV = 8400 h-1, temperatures in figure captions
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The  CO  conversions  and  selectivities  to  methanol,  DME,  hydrocarbons,  and  CO2
obtained using physical mixtures of the Cu/ZnO/alumina catalyst with a zeolite are shown in
Figure 5.5b to f. Dimethyl ether, olefins and paraffins were the only dehydration products
detected in the gas phase. The initial methanol synthesis and dehydration activities
(extrapolated to zero time on stream) at 250 °C and 3 MPa for alumina and for the different
zeolite structures are presented in Table 5.4. It is observed that the combination of the
Cu/ZnO catalyst with an acid catalyst increases the total methanol synthesis rate. Moreover, it
is evident that the enhancement increases with the activity of the dehydration function due to
more favourable kinetics for CO2 hydrogenation.20 Higher CO2 and  H2 concentrations are
maintained through the water-gas shift which removes the water formed in the dehydration
reactions. Water-gas shift was found to proceed fast since equilibrium concentrations of CO
and CO2 were  detected  for  all  the  physical  mixtures.  On  the  contrary,  the  conversions  to
oxygenates are far from the methanol synthesis equilibrium and therefore no thermodynamic
synergy occurs under these experimental conditions. Longer contact times are required to
observe any lifting of the thermodynamic constraints on the methanol synthesis.
Table 5.5. Hydrocarbon yields during the first 8h on stream.
Conditions: H2/CO = 2; T = 250 °C; P = 3 MPa; GHSV = 8400 h-1
Time on stream
[h]
Hydrocarbon yield [mol %]
ZSM-5 MOR FER Theta-1 ZSM-23
0.2 0.19 3.8 0.05 0.08 0.06
0.7 0.20 4.0 0.07 0.10 0.08
1.2 0.21 4.1 0.08 0.11 0.10
1.7 0.23 3.9 0.10 0.12 0.11
3.3 0.29 2.3 0.12 0.15 0.06
4.8 0.37 1.5 0.13 0.13 0.05
6.4 0.50 1.2 0.14 0.10 0.04
7.9 0.63 1.0 0.15 0.09 0.04
All the catalyst mixtures tested undergo a kinetic induction period for hydrocarbon
production in the beginning of the experimental runs, Table 5.5. Such a phenomenon has
been widely reported in methanol-to-hydrocarbon conversions and is ascribed to the gradual
formation of organic species trapped in the zeolite (carbon-pool) that catalyse the synthesis of
hydrocarbons. It is worth noting that the significant production of hydrocarbons observed in
Figure 5.5 contrasts with the low levels of hydrocarbons and the corresponding high
selectivity towards DME reported by García-Trenco et al.7 for  hybrids  containing  zeolites.
The difference is attributed to the very low water concentrations obtained in the present work
(below 0.1 bar) due to the low conversion levels, in comparison to studies conducted close to
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equilibrium conversions (pwater ~ 1.5  bar).  The  higher  water  pressure  has  the  effect  of
lowering the acidity thereby limiting hydrocarbon and coke formation. In addition, the
interactions that arise from the proximity between the Cu/ZnO and the acidic functions are
lower for physical mixtures7 and therefore greater retention of acidity is expected.
5.2.3 Product Distribution
The conversion and selectivity for the physical mixtures containing ZSM-5 and
mordenite are presented in Figure 5.5b and c respectively. It can be observed that the
catalytic performance is strongly dependent on the time on stream and the reaction
temperature. In the case of ZSM-5, Figure 5.5.b, DME accounts initially for 88% of the total
organic products (methanol, DME and hydrocarbons) and decreases to 73% during the first
8h  on  stream  at  250  °C  while  the  hydrocarbon  fraction  increases  from  4%  to  17%.  This  is
likely to coincide with the formation of entrained hydrocarbon species within the zeolite
voids that build up from reactions involving DME and methanol (kinetic induction period).21
One hour after increasing the reaction temperature to 260 °C, a steady exit composition was
obtained in which DME and hydrocarbons represented 54% and 38% of the organics
respectively. With a further increment in the temperature to 270 °C, hydrocarbons became the
main organic product (56%) to the detriment of DME (35%). For mordenite, Figure 5.5.c,
hydrocarbons are the main dehydration product after just 30 min of reaction at 250 °C and
their selectivity increases during the first 4h on stream. This fast induction period is attributed
to the high acid strength (Figure 5.2) and acid site density (Table 5.2) of MOR, and to the
absence  of  spatial  constraints  inside  the  channels  that  facilitates  the  initial  formation  of
organic species. Higher acid densities increase the probability for condensation reactions to
occur, hence increasing the coking rate. Likewise, stronger acidity facilitates the formation of
carbonium ions (coke precursors) and causes a more pronounced retention of coke molecules,
leading to faster induction periods. As the deposited molecules become bulkier the acid sites
are less accessible and the diffusion of products from the pores is also more difficult.
Consequently, dimethyl ether becomes the main organic product (55%) followed by
hydrocarbons (34%). The water-gas shift rate decreases as less water is produced from
dehydration reactions, causing the CO conversion to plummet. Increasing the reaction
temperatures to 260 °C and 270 °C does not appear to affect the selectivities significantly,
Figure 5.5.c. The relatively high hydrocarbon yields observed for mordenite and ZSM-5 are
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in  agreement  with  the  results  obtained  by  Stiefel  et  al.  using  these  zeolites  (Si/Al  =  45)  in
physical mixtures.2
The catalytic behaviours for the physical mixtures that contained the 10 atom-ring
pseudo-unidirectional (FER) and unidirectional (theta-1 and ZSM-23) zeolites are shown in
Figure 5.5.d, e and f respectively. Ferrierite and theta-1 exhibited similar conversion levels
and the highest selectivity towards dimethyl ether. Conversions increased with temperature as
expected but the selectivities remained almost constant. In both cases DME accounts for
~85% of the organics produced followed by 10% methanol for FER and 13% for theta-1.
Ferrierite produces slightly more hydrocarbons (5%) than theta-1 (2%) under these conditions
but  this  difference  is  relatively  small  considering  that  FER has  around 20% more  Brønsted
sites than theta-1and that the acid strength of ferrierite is higher. With a higher density of acid
sites in the ferrierite channels, the reaction products are more likely to undergo chemical
transformations  along  the  diffusion  paths.  Considering  the  larger  crystallite  size  of  FER
compared to theta-1, it is apparent that the topology of ferrierite prevents the formation of
hydrocarbons, possibly by providing a preferential path for the diffusion of small reactants
and products (i.e. methanol and dimethyl ether). In the case of ZSM-23 the initial DME
selectivity is also high, around 81% of the organic products but, in contrast to FER and theta-
1, selectivity to DME decreases continuously during the run while the selectivity to methanol
increases. The CO conversion decreases alongside the dehydration activity but the
deactivation of ZSM-23 is more gradual than the observed for mordenite. Although the
methanol productivities (mmolMeOH·g-1·min-1)  at  260 and 270 °C are similar for the catalyst
mixtures containing MOR and theta-1 (see Appendix C), most of the methanol formed in the
presence of mordenite is transformed into DME and hydrocarbons while less than 50% is
converted into dehydration products by the partially deactivated ZSM-23. This is related to
the higher density and strength of the acid sites of mordenite compared to ZSM-23. In
addition, the low external surface area of ZSM-23 suggests that the vast majority of the acid
sites available are located inside the channels and, due to the long diffusion paths associated
with the large ZSM-23 crystallites (Figure 5.4), those sites would be difficult to access in the
coked zeolite. The impact of carbon deposition on the loss activity is discussed in more detail
in Section 5.2.4 below.
For the physical mixtures presented in Figure 5.5, the selectivity towards DME
follows the trend: theta-1 ≈ FER > MOR > ZSM-5 > ZSM-23. Theta-1 and ferrierite are also
the most stable dehydration functions. It is also observed that the induction period for
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hydrocarbon formation increases mainly with the void space in the structure (Table 5.3) and,
to a lower extent, with the acid strength of the catalyst (Figure 5.2). Therefore the fastest
induction corresponds to mordenite followed by ZSM-5. On the other hand, ZSM-23
deactivates without showing a significant increase in the hydrocarbon productivity.
5.2.3.1 Hydrocarbon Distribution
The hydrocarbon product selectivities in the gas phase for the various mixtures at
different temperatures are given in Table 5.6. Paraffins and olefins are the only hydrocarbons
obtained as by-products; no cyclic or aromatic species were detected. In principle methane
can be formed over the acid catalyst from surface methoxyl species22 but the space-time
yields obtained with the present catalyst mixtures are similar to those observed during the
methanol synthesis alone over Cu/ZnO/Al2O3 (~0.5 μmol·g-1·min-1).  This suggests that  CH4
is mainly formed over the metallic component from CO hydrogenation. For higher
hydrocarbons, the ratio paraffin to olefin was found to decrease as the molecular weight of
the hydrocarbons increases, Table 5.6.
Table 5.6. Hydrocarbon molar distribution in the gas phase and paraffin to olefin ratios for ZSM-5, mordenite,
ferrierite, theta-1 and ZSM-23 at different temperatures,a 3 MPa, 8400 h-1
ZSM-5 MOR FER Theta-1 ZSM-23
HC
[mol%]
P/O
ratio
HC
[mol%]
P/O
ratio
HC
[mol%]
P/O
ratio
HC
[mol%]
P/O
ratio
HC
[mol%]
P/O
ratio
Reaction temperature 250 °C
C1 2.7 — 9.0 — 5.3 — 6.0 — 24.7 —
C2 29.9 17.5 70.1 20.5 85.0 80.1 71.9 50.2 10.3 30.7
C3 34.1 11.6 4.3 14.9 2.2 62.1 4.1 36.5 11.4 10.9
C4 14.6 0.5 12.7 7.1 2.6 50.2 3.3 22.4 14.6 8.9
C5 10.5 0.1 3.9 6.7 4.8 0.0 14.7 0.4 39.0 0.7
C6+ 8.2 0.0 0.0 —   0.0 — 0.0 —   0.0 —
Reaction temperature 260 °C
C1 1.9 — 8.2 — 12.2 — 11.7 — 22.8 —
C2 24.0 21.9 72.5 18.8 72.0 92.9 45.1 44.0 10.0 32.8
C3 35.3 14.6 4.1 8.8 3.1 74.2 8.9 38.2 15.8 11.1
C4 13.4 0.9 11.3 5.9 4.3 58.5 10.4 23.3 18.6 9.4
C5 8.6 0.1 3.9 3.7 8.3 2.0 18.6 2.0 27.5 0.8
C6+ 16.8 0.1 0.0 —   0.0 — 5.3 1.0   5.2 0.0
Reaction temperature 270 °C
C1 1.5 — 7.6 — 15.4 — 16.4 — 22.1 —
C2 25.1 25.5 74.8 17.2 61.9 94.3 41.0 45.4 10.8 34.1
C3 34.9 17.4 4.8 6.6 4.6 77.5 10.7 37.5 15.4 12.0
C4 13.6 0.9 8.8 3.8 6.0 60.2 10.7 24.6 18.6 10.1
C5 9.1 0.1 4.1 3.7 8.5 3.1 15.6 0.1 23.6 0.7
C6+ 15.7 0.1 0.0 —   3.5 5.6 0.0   9.5 0.0
a. The values at 250 °C, 260 °C and 270 °C correspond to TOS 8h, 22h and 30h respectively
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From the vast experience on MTH gained in the last four decades, it has been
established that dimethyl ether is an intermediate product in the dehydration of methanol.23
The reaction path of methanol conversion to hydrocarbons can be summarised as:
୬
ଶ
[2 CH3OH ↔ CH3OCH3 + H2O] → CnH2n + nH2O → aromatics and paraffins
If the nature of the acid catalysed hydride transfer reactions is considered, it is evident
that the production of paraffins and aromatics must be coupled. The hydrogens attached to
carbon atoms located in α-position with respect to the double bond are particularly
susceptible to hydride abstraction by a carbonium ion due to the formation of a resonance-
stabilised allylic ion.24
The process can take place repeatedly leading to higher degrees of unsaturations as more
paraffins are produced. Cyclization of the trienes formed by this mechanism occurs rapidly25
and  therefore,  the  fact  that  no  aromatics  were  detected  in  the  gas  phase  during  the
experimental runs is surprising. Two processes may account for this observation: a) paraffin
formation is not catalysed uniquely by the acid centres, and/or b) the low volatility of the
aromatics formed prevents their desorption from the zeolite. Regarding the first explanation,
it is possible that paraffins are produced by the hydrogenation of olefins over the Cu/ZnO. To
test this hypothesis, a methanol synthesis experiment was conducted co-feeding syngas and
low concentrations of ethylene at 260 °C and 5MPa, Figure 5.5. The methanol synthesis rate
was not affected and a complete conversion to ethane was obtained. Moreover, in Table 5.6 it
is observed that there is a decrease in the paraffin to olefin ratio as the molecular weight of
the hydrocarbons increases. This is consistent with a steric hindrance for the adsorption of
branched alkenes on the Cu surface.26 The probability of having alkyl groups attached to the
doubly bonded carbon atoms increases with the size of the molecules as these isomers are
thermodynamically more favourable. On the contrary, if all the aromatics that correspond to
the paraffin yield obtained were deposited over the zeolite, the deactivation of the
dehydration catalyst would be significantly faster than the trends presented in Figure5.5. For
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instance, in the case of ZSM-5 (acid density of 5.3 mmol·g-1), the average space-time yield of
the paraffins at 260 °C is 0.07 mmol·g-1·min-1 and the catalyst should be completely
deactivated  after  few  hours  on  stream.  However,  this  does  not  imply  that  paraffins  are
produced exclusively over the metal function. The analysis by GC-MS of the organics
retained in spent catalysts (see details in section 3.3.8) shows the presence of alkylbenzenes
in all the zeolites, Figure 5.7. Hydrogen deficient carbon species, that are not soluble in
CH2Cl2, may also be present in the heavily coked catalysts, i.e. MOR and ZSM-5. Therefore,
part of the paraffins observed in all cases is formed by hydride transfer reactions.
Figure 5.6. Methanol synthesis co-feeding pure ethylene. Methanol yield ¨ and ethylene
conversion +. Conditions: H2/CO = 2, T = 260 °C, P = 5 MPa, SV = 9.4 mmol·min-1·g-1.
Ethylene concentrations in figure caption.
Figure 5.7. GC-MS analyses of the retained material in the spent
zeolites: mordenite, ferrierite, ZSM-23, theta-1 and ZSM-5.
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The presence of alkylbenzenes in the soluble retained material, Figure 5.7, is in
agreement with previous studies showing that methylbenzenes are active centres in MTH
processes.27,28  In addition, studies using 13C-methanol over ZSM-529,30 have suggested that
while lower hydrocarbons (ethylene and propene) are formed mainly by reactions involving a
methyl substituted aromatic ring, C4+ olefins are formed by a competing route involving
methylation and cracking of surface alkene chains (oligomers). The mechanism controlling
hydrocarbon formation is related to the topology of the zeolites.31,32
Remarkably, under the conditions used in the present study, similar selectivities
towards  C2 and  C4+ were obtained over ZSM-5, theta-1 and ZSM-23 suggesting that the
alkylbenzene and surface chain mechanisms may be operating simultaneously. Moreover, the
selectivity towards ethylene and propylene on FER and theta-1 decreases with time on stream
while the C4+ selectivity increases, Table 5.6. This indicates that, during the experimental run,
the sites responsible for the formation of C2 and  C3 deactivate more than the C4+ centres
(selective deactivation33),  and  therefore  the  species  are  likely  to  be  formed  by  different
routes. For the unidirectional zeolites, the steric effects limiting alkylbenzene formation
inside the medium size pores may be counteracted by the higher stability of the carbocations
formed by the aromatic ring. Therefore, low amounts of polysubstituted benzenes may form
on the exterior surface of theta-1 and ZSM-23.
Regarding the C2 to C3 ratio, it has been reported that benzenes with up to four methyl
groups eliminate predominantly ethylene while those with more substituents produce propene
and small amounts of isobutene.30 Ethlyene is formed through exocyclic methylation and
does not require a high number of alkyl substitutions in the aromatic cycle, Figure 5.8a.
Propene and butene, on the other hand, are produced by the paring reaction in a mechanism
that involves the contraction of the benzene cycle into a five-carbon ring, Figure 5.8b. The
nucleophilic attack from an internal double bond is more favourable in polysubstituted
benzenes due to the higher exposure of the positive charge in the ring. B
B In the particular case of ZSM-5, a significant amount of isobutene may be formed by the Paring reaction since
the structure provides enough space for bulky intermediates. For the unidirectional zeolites, the surface alkene
route to produce C4 is more favourable (Teketel, 2012).
122
For MOR, FER and theta-1 the higher abundance of benzenes with up to four alkyls in the
extracts, Figure 5.7, is consistent with the observed high selectivity towards ethane in the gas
products Table 5.6. For ZSM-23 and ZSM-5 the relative amounts of low and highly
substituted rings were similar, and consequently the selectivities to ethane and propane are
observed to be closer. However, it is important to note that it is not possible to conclude
based solely on the observation of the presence of alkylbenzenes as in Figure 5.7 that these
are active centres in the zeolites tested. For instance, Bjørgen et al. found that while
hexamethylbenzene is catalytically active for MTH conversion over mordenite, 34  it is
unreactive over ZSM-5.29
5.2.4 Catalyst Deactivation
The X-ray diffraction patterns for the zeolites recovered after reaction are shown in
Figure 5.9.  Mordenite is not presented because it was impossible to separate the heavily
coked particles from the mixture by visual inspection. The position of the diffraction peaks is
consistent with the fresh catalysts, Figure 5.1, indicating that the crystal structures are
maintained during reaction. Nevertheless, a decrease in the intensity of the reflections at low
2θ is noticeable for all the spent samples. Since low diffraction angles correspond to planes
with low Miller indices that pass through the centre of channels,9 the decrease in the intensity
is probably caused by carbonaceous material on the pore walls of the zeolites. Coke
molecules are expected to be formed inside the zeolite pores where most of the acid sites are
located.35 The loss of aluminium from the framework of the zeolite is unlikely under the
conditions  of  the  experiments  due  to  the  low concentration  of  water  in  the  reactor  as  noted
above.
a b
Figure 5.8. Olefin elimination mechanisms: a) Exocyclic methylation, b) Paring reaction
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The coke content of the different catalysts was determined by TPO, Figure 5.10. For
the methanol synthesis components CO2 evolved in two regions: one between 200 and
300 °C, and a high temperature peak with a maximum around 710 °C that corresponds to
graphitic carbon (5.4 wt% determined by TGA) used to shape the commercial pellets of the
commercial Cu/ZnO/alumina catalyst. The amount of CO2 at low temperature was around
0.3 μmol·mg-1 for the Cu catalysts which is low in comparison to other reported values
(~ 10 wt.%).36,37 This is assumed to be a consequence of the relatively high space velocities
and the excess of H2 used in the present experiments.
Figure 5.9. XRD patterns of the zeolites
recovered after reaction
Figure 5.10. TPO profile of the spent HiFuelTM R120.
Conditions: β = 10 °C·min-1, CO2 = m/z 44
Figure 5.11. TPO profile of the spent acid catalysts.
Conditions: β = 10 °C·min-1, CO2 = m/z 44 (solid line), H2O = m/z 18 (dashed line)
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The TPO profiles of the spent zeolites are presented in Figure 5.11. The total coke
contents and the coke selectivities in the conversion of methanol are given in Table 5.7. In the
case of mordenite, it was impossible to separate the components from the spent mixture so
the analysis was carried over a sample containing both catalysts. For spent MOR, CO2 was
detected over a wide range of temperatures, but the main contribution had a maximum at
625 °C. Considering the low combustion temperatures of the compounds deposited over the
spent Cu catalysts (see Figure 5.10), the 625 °C peak was assigned to bulky polyaromatics
located in the wide pores of mordenite. This heavy coke is not soluble in CH2Cl2, hence it
was not detected in the GC-MS analysis of the extracts, Figure 5.7. Additionally, diffusion
restrictions may arise from the pseudo-unidimensional channel structure of MOR
contributing to such a high decoking temperature.38 In any case, the significant amount of
carbonaceous species deposited over mordenite (Table 5.7) reduces the number of catalytic
sites available and restricts the mass transport of reactants and products causing the steep
decrease in the observed CO conversion, Figure 5.5c. In the case of spent ZSM-5,
4.4 mmol·g-1 of CO2 were evolved in a broad range of temperatures (200-675 °C)
corresponding to polycyclic hydrocarbons with varying hydrogen content. The relatively high
stability of ZSM-5 observed in CO hydrogenation, Figure 5.5b, stems from a restricted
transition-state for the formation of bulky carbon molecules within its pores. A hydrogen
deficient  coke  layer  is  formed  mainly  on  the  external  surface  of  the  ZSM-5  crystallites
leaving the acid sites in the channels accessible for catalysis.29,38,39
Table 5.7. Coke content in the spent zeolites and coke selectivity
Coke Content Coke Selectivity a
[mmol·g-1] [mgC·gMeOH-1]
ZSM-5 4.4 4.6
MOR b 11.8 19.2
FER 2.5 2.8
Theta-1 3.4 3.7
ZSM-23 3.3 10.9
a. Defined as the mass of carbon deposited per total mass of methanol
converted (DME + hydrocarbons + coke)
b. Includes the carbon in Cu/ZnO/Al2O3
The  oxidation  of  the  carbonaceous  compounds  on  the  spent  FER  occurs  in  two
distinctive stages: 365 °C (alkylbenzenes) and 495 °C (light polyaromatics). The total amount
of CO2 produced is a comparatively low value and evidently very bulky carbon species are
not formed. This contributes to the good stability observed in Figure 5.4d which is in
agreement with previous reports.1,40,41 Coke oxidation for theta-1 and ZSM-23 occurs mainly
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in the high temperature range with a maximum at 730 °C corresponding to graphitic coke.
Since the catalytic tests were conducted at low temperatures where graphitisation of
carbonaceous deposits is not expected, graphite is assumed to be formed during TPO from a
combination of restricted diffusion and enhanced dehydrogenation of coke as the temperature
is increased. This interpretation is supported by the presence of significant quantity of alkyl
benzenes in the compounds extracted from both spent zeolites, Figure 5.7, and by the
production of water during TPO without any parallel evolution of CO2 in the temperature
range corresponding to polyaromatics, Figure 5.11. It has been reported that below ca. 475 °C
the oxidation of the carbon component of coke is chemically controlled while the hydrogen
component is readily combusted.42 Therefore, due to the diffusional constraints in theta-1 and
ZSM-23, the oxygen molecules that reach the carbonaceous deposits will react mainly with
hydrogen creating unsaturations that will eventually lead to graphitic coke, which is more
difficult  to  burn.  A  similar  shift  of  the  CO2 maxima towards higher temperatures was
obtained for mordenite and reveals the existence of significant diffusion limitations in the
coked catalyst.
To clarify the nature of the carbonaceous deposits on theta-1 and ZSM-23, EPR
analysis of the spent zeolite samples was performed. The samples showed a symmetric sharp
signal centred at about 335 mT with no hyperfine splitting, which was much stronger in the
spectrum from spent ZSM-23 (Figure 5.12 and Figure 5.13). This signal has been assigned
previously to highly unsaturated polyaromatic radicals associated with high temperature
coke, 43  or related hydrocarbon peroxy radicals as the present samples were exposed
extensively to air prior to EPR. Since graphite compounds exhibit quite different signals,43,44
EPR provides confirmatory evidence that graphitic coke was not formed during the catalytic
tests.
Figure 5.12. EPR spectra for the spent theta-1 at 55 K. Figure 5.13. EPR spectra for the
spent ZSM-23 at room temperature
(black) and at 55 K (blue).
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The high selectivity of ZSM-23 towards coke compared to the obtained for theta-1
and FER (Table 5.7) is striking considering their similarity in dimensionality, channel widths
and relative acidity. However, some significant differences in the zeolite samples are
apparent in the nitrogen adsorption isotherms (Figure 5.3) and the SEM images (Figure 5.4).
The  crystallites  of  theta-1  and  ZSM-23  have  the  same  rod-like  morphology,  but  the
crystallites of ZSM-23 are significantly larger. With increasing crystallite size, the diffusion
paths of molecules inside the pores are lengthened. This leads to the formation and
accumulation of less-volatile carbon species on ZSM-23, which is confirmed by the delay in
the H2O signal observed in the TPO profile of ZSM-23 compared to theta-1(Figure 5.11). The
bulky organics that accumulate gradually inside the channels decrease the accessibility of
methanol to the dehydration sites causing loss of activity and a corresponding rise in
selectivity to methanol, Figure 5.5.f.
Ferrierite, on the other hand, presents a completely different morphology although the
average crystallite size is similar to that of ZSM-23, Figure 5.4a. Based on the Lennard-Jones
dimensions of the organics detected in the gas phase, the narrow channels running across the
medium pores of ferrierite offer enough space for diffusion of methanol, DME, methane and
ethane (ethylene) exclusively. Consequently, the formation of coke and hydrocarbons is
prevented since methanol and DME are unlikely to find alkylbenzene centres along these
narrow channels. The existence of a preferential channel for small molecules that is not
severely blocked by coke is consistent with the lower diffusional constraints observed during
the temperature programmed oxidation of carbonaceous deposits on the spent ferrierite. As
mentioned above the burning rate of hydrogen is taken to be controlled by oxygen diffusion
while carbon combustion is chemically controlled. Therefore, the existence of an additional
diffusion path in the ferrierite provides enough oxygen to oxidise the carbon at lower
temperatures, preventing graphitisation, Figure 5.11.
Although there is a broad correlation between the decrease in the dehydration activity
and  the  amount  of  carbon  deposited  on  the  zeolites,  from  the  results  presented  above  it  is
clear that the deactivation trends cannot be explained exclusively by this parameter. The
deactivation of the zeolites during the syngas-to-DME reactions over physical mixtures is a
shape-related phenomenon determined by the pore structure and the crystallite size of the
zeolites used. Moreover the results show that the nature of the entrained organics depends on
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the pore structure of the zeolite and dictates the by-product distribution during the single-
stage synthesis of DME. Finally, it is important to stress that recently García-Trenco et al.7
reported a strong correlation between the external surface area and the loss of dehydration
activity for hybrid catalysts containing medium pore bi- and tri-dimensional zeolites. The
observation was explained in terms of the detrimental interaction between the Cu/ZnO and
the acid function which depends on the availability of acid sites in the exterior of the
crystallites. Contrary to their observations, this correlation was not observed for the physical
mixtures in the present study (see Table 5.2) as the deactivation of the dehydration function is
dominated by carbon formation. However, a contribution of contact-induced deactivation
cannot be completely dismissed.
5.3 Solid-State Ion-Exchange: Deactivation of H-Zeolites
As it was discussed in Chapter 4, a rapid initial deactivation of physical mixtures of
Cu/ZnO/Al2O3 and γ-Al2O3 has been observed due to the migration of metallic species from
the methanol synthesis catalyst to the acid sites of the dehydration function.45,46 In the case of
zeolites, the migration of metallic cations is driven by the negative charge introduced by the
isomorphous substitution of Al3+ ions in the crystalline framework. Compensation can be
provided by extra-framework cations and therefore zeolites are prone to ion-exchange with
the metallic components of the Cu/ZnO catalyst.
While ion-exchange is usually carried out in aqueous solutions, it has been
demonstrated that the transport of the involved species from salt or oxide crystallites to the
zeolite surface may occur via surface diffusion. This mechanism of charge introduction is
known  as  contact-induced  or  solid-state  ion  exchange  (SSIE)  and  has  been  reported  for
different salts and oxides between 250 and 450 °C under inert, oxidative and reducing
atmospheres.47 It has been demonstrated that the presence of water is neither detrimental nor
beneficial for SSIE with insoluble oxides such as CuO.48 On the  other  hand,  solid-state  ion
exchange  of  HZSM-5  with  CuO,  Ga2O3 and  In2O3 is significantly enhanced in a reductive
environment such as the one existing during the STD conversion.49,50
Recently, García-Trenco et al.3,4 reported on the deactivation caused by the migration
of Cu2+ ions to proton-exchange positions using hybrid catalysts containing Cu/ZnO/Al2O3
and  HZSM-5.  Copper  migration  was  detected  by  electron  paramagnetic  resonance  and  was
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observed to cause an increase in the Lewis acidity due to the presence of extra-framework Cu
cations. Moreover, the authors speculated about the possible migration of Zn-containing
species that do not have paramagnetic properties. Since no migration was observed using
physical mixtures of Cu/ZnO/Al2O3 and HZSM-5 particles, it was concluded that a very close
contact between the function is required to observe this deactivation mode. In a later work
using 10-member ring zeolites with different topologies, García-Trenco et al.7 showed that
the deactivation rate correlates with the number of Brønsted acid sites located in the exterior
surface of the zeolites. In this section, solid-state ion exchange is studied for the physical
mixtures of Cu/ZnO/Al2O3 and  zeolites  ZSM-5,  FER,  theta-1  and  ZSM-23.  Implications  on
the catalyst deactivation are discussed.
5.3.1 Cu-Ion Exchange
The investigation of the exchange of transition metal cations into zeolites through
solid-state reactions is the domain of EPR spectroscopy.47 For isolated Cu2+ species, the EPR
spectrum usually shows an axially symmetric signal with four resolved hyperfine splitting
lines (g|| ≈ 2.3, A|| ≈ 15  mT).47-50 These parameters are characteristic of exchanged copper
ions interacting with Al3+ ions from the framework and show very small variations for
different zeolite structures.47 The spectrum of a Cu/ZSM-23 sample obtained by conventional
exchange is presented in Figure 5.14.
The EPR spectra for the zeolites recovered after reaction are presented in Figure 5.15.
Again, mordenite is not included as it was impossible to distinguish between the Cu/ZnO
particles and the heavily coked spent zeolite. The spectra of the spent zeolites are dominated
by a symmetric sharp signal with no hyperfine splitting centred at about 335 mT whose
Figure 5.14. EPR spectrum at 55 K of Cu2+–containing
ZSM-23 obtained by conventional exchange
Figure 5.15. Comparison of the EPR spectra at 55 K
of spent zeolites and Cu-exchanged ZSM-23
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intensity increases with decreasing temperatures. This signal has been previously assigned to
species  with  highly  delocalised  π-electrons,  most  probably  polyenes  or  polyaromatics
compounds.43 Quantitative information is difficult to obtain since the interaction of coke with
oxygen  under  ambient  conditions  may  affect  the  intensity  of  the  EPR  signals.  Besides  this
strong radical signal, a hint of the characteristic broad feature of Cu2+ at  about  320  mT  is
observed particularly for FER, theta-1 and ZSM-23. However, the hyperfine splitting is
completely absent from all the samples. Poor resolution in the spectrum of Cu-exchanged
zeolites has been reported previously and has been attributed to the presence of adsorbates
interacting with the exchanged copper.47 This suggests that the introduced Cu2+ cations  are
coordinatively unsaturated, which is in agreement with the increase in the Lewis acidity
observed by García-Trenco et al.4 To  confirm  the  presence  of  Cu2+ in the spent samples
further EPR analyses need to be conducted on regenerated zeolites, i.e. samples subjected to a
high temperature oxidative treatment followed by a high temperature treatment in an inert
atmosphere. It is important to note that it is possible that copper with other oxidation states is
transferred  from  the  methanol  synthesis  catalyst  to  the  zeolite.  These  species  would  not  be
detected by EPR as they do not present paramagnetic behaviour.
5.3.2 Zn-Ion Exchange
As it was discussed in Chapter 4, the detection of migrated zinc is complicated by the
presence of adventitious Cu/ZnO/Al2O3 particles attached to the surface of the acid catalysts.
For the γ-alumina recovered from spent physical mixtures, it was possible to detect an
enrichment of the acid function with zinc by ICP-OES spectrometry. The surface migration
may be driven by a chemical potential sink arising from the basic nature of the Zn-containing
species and the acidity of the zeolites. Spent ZSM-5, ferrierite, theta-1 and ZSM-23 were
recovered from the physical mixtures and leached with aqua regia for analysis by ICP. The
results are presented in Table 5.8.
Table 5.8. Excess Zn and coke content of the spent zeolites
Catalyst Excess Zn
[μmol·g-1]
Coke content
[μmol CO2·g-1]
ZSM-5 1.6 ± 0.7 4400
Ferrierite 1.1 ± 0.4 2500
Theta-1 2.1 ± 0.2 3400
ZSM-23 6.7 ± 1.9 3300
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The  values  in  Table  5.8  were  calculated  considering  that  the  composition  of  the
adventitious particles is the same of the bulk methanol synthesis catalyst, i.e. 41.7 wt.%  CuO
and  24.9  wt.%  ZnO.  The  excess  of  zinc  measured  is  ascribed  to  the  transfer  of  Zn  species
from the Cu/ZnO component to the acid catalyst. Since the EPR analyses suggest the
presence of exchanged Cu2+ in some of the zeolites, it is obvious that the values in Table 5.8
are underestimated. Quantitative EPR is needed to determine the amount of Cu transferred
and therefore to calculate accurately the amount of zinc that migrated onto the zeolites. The
values of excess Zn are of the same order of magnitude for the zeolites and for γ-Al2O3.
ZSM-23 has the larger excess of zinc and this may contribute to the deactivation observed in
Figure 5.5f. However, for all the zeolites, the fraction of acid sites that would be lost by Zn
transfer is very low provided the site densities presented in Table 5.2. The fact that most
exchange positions are located within the micropore structure may prevent ion migration as
suggested by García-Trenco et al.7 In γ-alumina, the active sites are more accessible and
deactivation by proximity was found to be more relevant (Chapter 4). On the other hand, the
coke content in the spent samples is significant so it can be concluded that the deactivation of
the zeolites in physical mixtures is governed by the deposition of carbonaceous material. In
fact, it is likely that coke formation gradually reduces the driving force for metal migration.
Hence contact-induced metal exchange may only be a relevant deactivation mechanism in the
beginning of the experimental run.
5.4 H2/CO2 Conversion to Dimethyl Ether: Effect of SiO2/Al2O3 ratio of
HZSM-5 on the Activity and Stability
The higher once-through conversions of syngas in STD allow significant amounts of
CO2 to be incorporated in the feedstock and therefore the process is often regarded as a viable
option for CO2 reutilisation. In this context, the water-tolerant properties of zeolites become
important as the reverse water-gas shift is thermodynamically favoured in the presence of
CO2, Figure 5.16. Relatively high partial pressures of water are obtained and, since water
competes with methanol for adsorption sites, the dehydration activity of the acid catalysts is
reduced. The non-polar Si-O-Si groups in zeolites are hydrophobic in nature so methanol
adsorbs more favourably than water.51 In addition, it has been observed that the while water
adsorption practically annihilates the activity of Lewis acids, Brønsted sites are only slightly
affected.52
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It  is  well  known  that  water  adsorption  over  strong  Brønsted  sites  leads  to  the
formation of adsorbed hydroxonium ions (H3O+) and/or clusters of protonated water
(H5O2+).53 These species are still acidic although they are less prone to donate protons than
the original bridging hydroxyls from the framework. As a consequence, water adsorption on
zeolites limits the hydrocarbon and the coke formation since strong acid sites are needed to
stabilise the carbocations that are the precursors of the carbonaceous deposits, according to
the carbon pool mechanism.
Even though water reduces coke formation, it is well known that under methanol-to-
hydrocarbon conditions it can lead to irreversible deactivation by dealumination of the zeolite
framework. Around 450 °C and at high water partial pressures, the zeolite lattice is
susceptible to the creation of Al and O vacancies that are stabilised by an AlO+ moiety in an
exchange position. Subsequently, vacancies created by aluminium expulsion are refilled by
silicon atoms that migrate from the collapsed regions of the crystal originating certain
mesoporosity. 54 ,55 ,56  The decrease in the number of acid sites causes loss of activity of
zeolites such as HZSM-5 during MTH processes and thus less active but more stable
alumino-phosphates (SAPO-34) are often preferred.57 Due to electrostatic repulsion inside the
framework, aluminium atoms that have Al near-neighbours are more vulnerable to removal
by hydrothermal treatments than those that are isolated. Therefore dealumination produces
stronger Brønsted acidity that may be further enhanced by the inductive effect of the AlO+
moieties created, i.e. Lewis sites.58,59
Figure 5.16. Water-gas shift equilibrium at different CO2
contents.Conditions: T = 260 °C, P = 3 MPa, (H2–CO2)/(CO+CO2) = 2
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Syngas-to-dimethyl ether is typically conducted at temperatures lower than those at
which dealumination has been reported (i.e. below 270 °C). However, Jun and co-workers60
observed –using Cu-ZnO/HZSM-5 hybrid catalysts for the synthesis of DME from CO2 and
H2– that deactivation correlates with the aluminium content of the zeolite. Deactivation was
faster for the zeolites having low SiO2/Al2O3 ratios, in agreement with the propensity to
remove aluminium from the framework. In methanol dehydration experiments over the
HZSM-5 alone the authors found that as the catalyst deactivates, the hydrocarbon
productivity increases and they attributed this phenomenon to the gradual formation of
relatively strong sites (through dealumination) that are able to produce hydrocarbons.
According to Jun et al., dealumination explains the deactivation trend of HZSM-5 and the
induction period for hydrocarbon formation observed in STD experiments. In this section the
effect of the SiO2/Al2O3 ratio on the conversion of CO2-rich syngas into methanol and DME
is explored. The activity of ZSM-5 is compared with that of γ-Al2O3 under  the  same
operating conditions. The impact that the produced water has on the catalytic performance is
assessed by comparing runs carried out in the continuous tubular micro-reactor and in the
internal recycle Berty reactor. Under integral operation, the concentration of the products
increases along the catalyst bed and the influence of water is expected to be less obvious. On
the contrary, gradientless conditions secure that all the catalyst particles are exposed to the
highest possible concentration of H2O.
5.4.1. Details of the Activity Tests
The catalysts were activated flowing 100 mL×min-1 of a gas mixture 10% H2 in N2 at
210 °C and atmospheric pressure for 12h as described in the Chapter 3.
The catalytic tests to assess the performance of γ-alumina and ZSM-5 for different
aluminium contents were carried out in the continuous tubular micro-reactor. A mixture of H2
and CO2 in a ratio 3 to 1 was fed at 250 °C and 3 MPa. For low conversion levels, 0.3 g of
Cu/ZnO/Al2O3 and 0.3 g of acid catalyst  were mixed with SiC in a volume ratio 1:2:3.  The
catalyst  bed  volume  was  1.5  mL  which  gave  a  GHSV  of  8400  h-1.  High  conversions  were
obtained loading 1 g of Cu/ZnO/Al2O3 and  1  g  of  acid  catalyst  diluted  with  SiC  as  before
(bed volume 5 mL). The gas hourly space velocity was 720 h-1.
The comparison between the continuous tubular system and the Berty reactor was
done using γ-alumina and zeolite ZSM-5 (SiO2/Al2O3 = 50). The experiments were
conducted at 5 MPa and 260 °C feeding H2 and CO2 in  a  ratio  3  to  1.  The  space  velocities
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were chosen so that the conversion of CO2 to oxygenates using the physical mixture
containing γ-alumina was the same in both reactors. In the internal recycle reactor, the
catalysts were loaded in two beds separated by a thin layer of quartz wool. The methanol
synthesis component (1.5 g) was diluted with SiC (volume ratio 1:1) and placed at the bottom
of the catalyst basket. The acid catalyst (1.5 g) diluted with SiC (volume ratio 1:1) was placed
on top. The space velocities were 6.3 L·gMSC-1·h-1 and 2.0 L·gMSC-1·h-1 for the continuous
tubular and the Berty reactors respectively. Since the dilution ratios used in each reactor setup
were different, the mass-based space velocity is used for the sake of clarity.
5.4.2. Characterisation of ZSM-5 with Different SiO2 to Al2O3 Ratios
The morphological and chemical properties of the HZSM-5 zeolites and γ-Al2O3 are
presented in Table 5.9. ZSM-5 (50+) corresponds to a sample with a SiO2/Al2O3 ratio of 50
that was hydrothermally treated at 550 °C flowing N2 saturated with H2O at 60 °C (pwater =
200 mbar) for 12h. The amount of aluminium that remained in the framework of ZSM-5
(50+) after the steam treatment was not measured.
Table 5.9. Nominal composition, textural and chemical properties of ZSM-5 zeolites and γ-Al2O3
SiO2/Al2O3
[mol/mol]
BET Surface
Area [m2·g-1]
Pore
Volume
[cm3·g-1]
LT NH3
Desorption
[mmol·g-1]
HT NH3
Desorption
[mmol·g-1]
Framework
Site Conc. a
[mmol·g-1]
ZSM-5 (30) 30 399 0.172 0.48 0.91 1.05
ZSM-5 (50) 50 406 0.173 0.32 0.52 0.64
ZSM-5 (50+) not meas. 409 0.194 0.38 0.46 —
ZSM-5 (80) 80 378 0.161 0.19 0.48 0.41
γ–Alumina — 202 0.510 0.02 — —
The acid site density increases with the aluminium content as expected, Figure 5.17.
Two desorption peaks are observed in the NH3-TPD profiles of the ZSM-5 samples. There
are  no  significant  changes  in  the  position  of  the  high  temperature  peak  maxima,  which
indicates that the heats of adsorption of ammonia over the framework sites are similar
regardless of the Al content. Above SiO2/Al2O3 ratio of around 12, the Al atoms are separated
by at least two SiO4 tetrahedra. 61  Thereafter, the increase in the acid strength of the
framework sites with decreasing Al content is more gradual. Since the composition window
studied is relatively narrow (as would be expected if steam dealumination takes place during
STD), no differences could be detected by NH3-TPD. Regarding the low temperature
desorption peaks, their size decreases with increasing SiO2/Al2O3 ratio. As it was mentioned
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previously, the low temperature peaks correspond to adsorption over weak Lewis sites or to
ammonia molecules that are hydrogen-bonded to those chemisorbed within the pores. The
presence of extra-framework aluminium tends to decrease as the Si/Al ratio increases,52 as it
is observed in Figure 5.17. It is important to note that although the amount of Al in the
framework of ZSM-5 (50+) was not measured, the evidence indicates that dealumination
actually occurred. Compared to ZSM-5 (50), ZSM-5 (50+) shows a slight increase in the size
of the low temperature peak which is accompanied by a decrease in the number of Brønsted
sites. Furthermore, N2 physisorption reveals an increase in the average pore volume,
consistent with the creation of mesoporosity during the hydrothermal treatment.56
5.4.3. Catalytic Performance
5.4.3.1. Continuous Tubular Reactor: High Space Velocity (Low Conversion)
The carbon yields to organic oxygenates obtained at high space velocity over the
methanol synthesis catalyst alone are presented in Figure 5.18a.  In agreement with the non-
wetting properties of the Cu morphology favoured under oxidising conditions (see Chapter
4), CO2 hydrogenation over the Cu/ZnO-based catalyst is remarkably stable compared to the
conversion of CO-rich syngas at the same temperature and pressure, Figure 5.5a. CO
accounts for 70% of the carbon containing products followed by methanol with a selectivity
of 30%. Methane is detected only at very low yields, i.e. below 0.003%. The water-gas shift
Figure 5.17. NH3-TPD profiles of the fresh ZSM-5 zeolites. Adsorption at 110 °C, β = 10 °C·min-1
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was observed to proceed rapidly since the equilibrium concentration of CO was obtained (see
Appendix C).
The physical mixtures containing γ-alumina or ZSM-5 are stable over the time scale
of the experiments, Figure 5.18b-f. Carbon monoxide is the most abundant product with a
selectivity of 72% for γ-Al2O3 and 75% to 78% for the zeolites. The equilibrium
concentration of CO is obtained in all cases. Methanol and dimethyl ether are the main
organic products; methane and ethane are detected only at trace levels. In contrast with the
performance of the mixtures in the synthesis from CO, the conversion of CO2 at high space
velocities is affected by the presence of an acid catalyst. Under CO2-rich conditions the
water-gas shift equilibrium favours the formation of CO and H2O. Consequently, the catalysts
are exposed to high concentrations of water (around 0.15 MPa) which influences negatively
the kinetics of methanol formation over Cu/ZnO/Al2O3.20 Since the synthesis is conducted far
from the methanol synthesis equilibrium, i.e. under kinetic control, the oxygenate yields
decrease slightly as the activity of the dehydration function increases.
For the mixture containing γ-Al2O3, Figure 5.18b, methanol accounts for 88% of the
organics produced followed by 12% dimethyl ether. No C2+ hydrocarbons were detected. The
low dehydration rate of γ-alumina is caused by the competitive adsorption of water which
covers most of the active sites for methanol consumption, i.e. Lewis acid sites.52 On the other
hand,  regardless  of  SiO2/Al2O3 ratio, similar amounts of dimethyl ether and methanol are
produced (52% and 48% of the organics respectively) over ZSM-5. This corresponds to the
equilibrium concentration of methanol dehydration under the conditions used, i.e. ZSM-5 is
in  excess.  The  yield  of  ethane  is  below  0.01%.  Over  the  γ-Al2O3 and the ZSM-5 mixtures
methane is detected as by-product (yield ~0.002%) but it is assumed to be formed by CO2
methanation over the Cu/ZnO component.
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To allow for a better comparison of the different physical mixtures, the carbon yields
after 6h and 20h on stream are presented in Table 5.10. The physical mixture containing γ-
alumina is the most stable (shows the lowest decrease in the yield of oxygenated organics)
but the dehydration activity is very low. The activity loss of the ZSM-5 mixtures increases
with the Brønsted site density and correlates with the extent of coking. This suggests that, at
low conversion levels, deactivation is caused by carbon deposition rather than by
dealumination.
Figure 5.18. Carbon yields at low conversion levels for methanol p, DME ¨ and total oxygenated organics
(MeOH + DME) solid line. a) Cu/ZnO, b) Cu/ZnO + γ-Al2O3, c) Cu/ZnO + ZSM-5 (30), d) Cu/ZnO + ZSM-5 (50),
e) Cu/ZnO + ZSM-5 (50+), f) Cu/ZnO + ZSM-5 (80). Conditions H2/CO2 = 3, P = 3 MPa, T = 250 °C, SV = 8400 h-1
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Table 5.10. Carbon yields of DME and oxygenated organics (DME + MeOH) at low conversion levels.
Activity decrease and coke content for γ-Al2O3 and ZSM-5
Carbon Yields [mol %] Yield decrease
[%] Coke contentTime on stream = 6h Time on stream = 20h
DME Oxyg. HC × 103   DME Oxyg. HC × 103 DME Oxyg. [mg·g-1] [g·site-1] a
HiFuel alone — 5.8 2.0 — 5.8 2.0 — 1.5 0.1 —
γ–Al2O3 1.1 5.5 1.8 1.1 5.3 2.4 5.4 3.7 < 0.1 —
ZSM-5 (80) 3.2 4.7 2.5 3.1 4.5 3.0 4.3 4.6 1.2 2.5
ZSM-5 (50) 3.2 4.8 2.1 3.1 4.5 3.0 4.3 5.2 1.2 2.3
ZSM-5 (50+) 3.4 5.0 3.8 3.2 4.7 4.5 5.9 5.6 1.4 3.0
ZSM-5 (30) 3.0 4.4 4.9 2.8 4.1 7.1 5.8 5.9 1.8 2.0
a. Calculated with respect to the amount of NH3 desorbed in the high temperature peak
The amounts of ethylene formed over the ZSM-5 zeolites are negligible compared to
the  C2+ productivity of ZSM-5 (50) under CO-rich atmospheres, Figure 5.5b. Ethylene
formation  increases  with  decreasing  Si/Al  ratios  and  therefore  it  depends  on  the  density  of
Brønsted acid sites rather than on the acid strength. During the experimental run, a very slow
kinetic induction period for hydrocarbon production is observed which coincides with the
decrease in activity and the formation of carbonaceous deposits. The low hydrocarbon yields
and coke contents observed for CO2 in comparison to CO-rich syngas may be due to the
lower acidity of the acid catalysts in the presence of H2O (partial pressure ~1.5 bar under
H2/CO2 compared to < 0.1 bar under H2/CO). Consequently, there is a decrease in the ability
of the adsorbed organic species to form carbocations which are necessary for methylation
(chain growth) and olefin elimination.24
5.4.3.2. Continuous Tubular Reactor: Low Space Velocity (High Conversions)
In an attempt to favour dealumination, longer STD runs were conducted at low space
velocity (high conversion levels) to increase the catalyst exposure to H2O. The carbon yields
to organic oxygenates obtained over the methanol synthesis catalyst alone and over the
physical mixtures are presented in Figure 5.19.
138
Cu/ZnO/Al2O3 alone reaches methanol synthesis (methanol yield 9.2%) and water-gas
shift (CO yield 11.8%) equilibrium under the conditions of the experiment. The yield of
methane is 0.005% and the water partial pressure is 0.16 MPa. On the other hand, the
conversion to oxygenated organics for the physical mixtures overcomes the thermodynamic
constraints on methanol synthesis. The synergy observed stems from the transformation of
methanol into less limiting dimethyl ether, which increases the kinetic drive for CO2
hydrogenation. Therefore, at low space velocities the total conversion increases with the
dehydration activity of the acid catalyst, being higher for ZSM-5 than for γ-Al2O3, Figure
5.20.
Figure 5.19. Carbon yields at high conversion levels for methanol p, DME ¨ and total oxygenated organics
(MeOH + DME) solid line. a) Cu/ZnO, b) Cu/ZnO + γ-Al2O3, c) Cu/ZnO + ZSM-5 (30), d) Cu/ZnO + ZSM-5 (50),
e) Cu/ZnO + ZSM-5 (50+), f) Cu/ZnO + ZSM-5 (80). Conditions H2/CO2 = 3, P = 3 MPa, T = 250 °C, SV = 720 h-1
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The mixture containing γ-alumina shows a very slight decrease in the conversion
during the first 20h of the run. CO is the main product with a carbon yield of 10.5%.
Methanol and DME account for 82% and 18% of the organics respectively. Methane is the
only  hydrocarbon,  with  the  same yield  obtained  over  Cu/ZnO catalyst  alone  (0.005%).  The
partial pressure of water is around 0.17 MPa. Over the ZSM-5 mixtures, a dimethyl ether to
methanol ratio of 1.4 is obtained regardless of the aluminium content. This coincides with the
methanol dehydration equilibrium ratio (see Appendix C). Ethylene is the only organic by-
product of methanol dehydration (yields ~ 0.05%); the water partial pressures were around
0.21 MPa.
For the mixtures with ZSM-5, the decrease in the carbon yield to oxygenated organics
is more significant than for the one containing γ-Al2O3, Table 5.10. Lower conversions may
be caused by a decrease in the activity of the Cu/ZnO component or due to the deactivation of
the zeolites (which reduces the synergy to overcome equilibrium). A constant methanol yield
is observed over Cu/ZnO/Al2O3 alone, Figure5.19a, but the effect is clearly a consequence of
the high residence time used. While no detrimental effect of DME on Cu-based catalysts has
been reported, water concentrations above 0.5 MPa are known to promote hydrothermal
sintering of the ZnO crystallites. 62  Lower water contents, however, have been found to
promote catalyst stability. 63  On the other hand, although deactivation of the methanol
synthesis component in the physical mixtures cannot be dismissed, Table 5.11 shows a clear
correlation between coking and activity loss. The ethylene productivity also increases with
Figure 5.20. Carbon yields at low (TOS = 45h) and high (TOS = 20h) space velocities for the physical
mixtures. Conditions H2/CO2 = 3, P = 3 MPa, T = 250 °C, low SV = 720 h-1, high SV = 8400 h-1
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the carbon content of the spent zeolites, which indicates that hydrocarbons are likely to be
formed via the carbon pool mechanism.
Table 5.11. Carbon yields of DME and oxygenated organics (DME + MeOH) at high conversion levels.
Activity decrease and coke content for γ-Al2O3 and ZSM-5
Carbon Yields [mol %] Yield decrease
[%] Coke contentTime on stream = 6h Time on stream = 20h
DME Oxyg. HC × 103   DME Oxyg. HC × 103 DME Oxyg. [mg·g-1] [g·site-1] a
HiFuel alone — 9.2 5.0 — 9.2 5.0 — 0.0 0.4 —
γ–Al2O3 3.2 10.9 4.8 2.7 10.1 5.2 15.4 7.8 1.2 —
ZSM-5 (80) 9.2 12.5 11.1 7.8 10.7 13.5 15.1 14.7 5.6 11.7
ZSM-5 (50) 9.2 12.3 15.2 7.6 10.5 14.3 16.8 14.6 6.5 12.5
ZSM-5 (50+) 9.3 12.5 22.1 7.7 10.5 23.2 17.5 15.8 6.5 14.1
ZSM-5 (30) 9.4 12.7 38.1 7.7 10.7 40.4 17.9 15.9 9.8 10.8
a. Calculated with respect to the amount of NH3 desorbed in the high temperature peak
Deactivation and ethylene formation correlate with the number of acid sites
suggesting that the impact of dealumination is minimal, in agreement with the results at high
space velocities. This conclusion is further supported by NH3-TPD experiments conducted
over ZSM-5 (30) recovered after reaction. Among the different compositions studied, the
SiO2/Al2O3 ratio of 30 is the most likely to dealuminate due to its relatively high aluminium
content. The acid density measured for the fresh zeolite (1.39 mmol·g-1) decreases to
1.13 mmol·g-1 for the spent sample. However, when ZSM-5 (30) is regenerated by
combustion of the deposited coke, the original site density is recovered (1.37 mmol·g-1).
Therefore, no significant irreversible deactivation by dealumination of the zeolites takes place
under the experimental conditions and over the timescale of the runs. On the other hand, the
ZSM-5 (50) sample that was deliberately dealuminated at 550 °C and 0.2 bar H2O showed a
slight increase in coke formation per H+ site at high and low space velocities. This effect may
be related to subtle changes in the acid strength induced by the extra-framework aluminium
species created during the hydrothermal treatment.
5.4.3.3. Continuous Tubular Reactor vs. Internal Recycle Reactor
The yields to methanol and dimethyl ether obtained using the tubular packed bed
reactor (PBR) and the Berty internal recycle unit with mixtures containing γ-Al2O3 and
ZSM-5 (50) are presented in Figure 5.21. The residence times were chosen so that the
methanol synthesis equilibrium conversion was obtained over the γ-Al2O3 mixtures with both
reactor systems.
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In the continuous tubular reactor, the yield to oxygenated organics reaches the
methanol synthesis equilibrium for the γ-alumina mixture and exceeds the limitation over
ZSM-5. The water-gas shift takes place rapidly in both cases and over the mixture containing
ZSM-5  the  equilibrium  DME/methanol  ratio  is  obtained.  The  effect  of  the  activity  of  the
dehydration catalysts on the approach to equilibrium and on the kinetic drive for CO2
hydrogenation was discussed in the previous section. Remarkably, while the conversion to
methanol and DME is higher for ZSM-5 than for the γ-Al2O3 mixtures in the continuous
tubular reactor, this trend is inverted in the internal recycle reactor. In this case, the
conversion using the mixture with ZSM-5 is below equilibrium and the process is kinetically
controlled. The difference observed between both reactor setups can be explained considering
the  concentration  profiles  in  each  system.  In  the  PBR,  the  first  layer  of  particles  in  the
catalytic bed is exposed exclusively to the reactants and along the packed bed the reactant
concentration decreases as products are formed. In the case of STD carried out isothermally,
this leads to a gradual decrease in the methanol synthesis rate (i.e. oxygenated organics rate)
as the equilibrium concentrations are approached and more water is formed. On the other
hand, the internal recycle reactor operates under gradientless conditions and all the catalyst
particles are exposed to the concentrations of the reactor exit. Since γ-alumina is less active
Figure 5.21. Carbon yields for Cu/ZnO + γ-Al2O3 and Cu/ZnO + ZSM-5 (5) in the internal recycle
(Berty) reactor and the continuous tubular PBR. Conditions H2/CO2 = 3, P = 5 MPa, T = 260 °C,
Berty SV = 2.0 L·gMSC-1·h-1, TOS = 22h; PBR SV = 6.3 L·gMSC-1·h-1, TOS = 45h
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for  methanol  dehydration  than  ZSM-5,  the  concentration  of  water  is  lower  and  higher  CO2
hydrogenation rates are obtained. Moreover, the low yield of dimethyl ether obtained using γ-
Al2O3 in the internal recycle reactor compared to the PBR is consequence of the detrimental
effect that water has on the activity of the Lewis acid sites.
While the Cu/ZnO/Al2O3 and ZSM-5 catalysts were found to be very stable under
H2/CO2, the relatively high water partial pressures that prevail in the reactor decrease the
activity of both catalytic functions. Consequently the presence of ZSM-5, which is active for
the  dehydration  of  methanol  in  the  STD conversion  CO2-rich conditions, hinders kinetically
the hydrogenation of CO2 over the copper catalysts. The advantage of conducting the
synthesis  and  dehydration  of  methanol  in  the  same unit  is  observed  only  at  high  conversion
levels, where the thermodynamic limitations on CO2 hydrogenation are lifted. It follows that
in  the  design  of  a  process  to  transform H2/CO2 into methanol and DME, emphasis must be
placed on minimising back-mixing in the catalytic converter. Likewise, since it is necessary to
minimise the concentration of water at low reaction extents, it is desirable to reduce the
dehydration activity in the inlet zone while high activities at high syngas conversions are
maintained.
5.5Conclusions
Coke deposition is the predominant mechanism of deactivation of physical mixtures
of Cu/ZnO/Al2O3 and H-zeolites used in syngas-to-dimethyl ether conversion using CO-rich
feeds. Hydrocarbon formation is related to the deposition of carbonaceous compounds on the
surface of the zeolites. Entrained alkylbenzenes are likely to participate as catalytic sites for
olefin elimination although the product distribution suggests that methylation of surface
alkenes may also be operative, particularly over ferrierite, theta-1 and ZSM-23. The stability
and the selectivity were found to depend on the topology of the zeolite used. Dimethyl ether
is the main dehydration product obtained over ferrierite and the unidirectional zeolites. FER
and theta-1 were found to be the most selective and stable catalysts among those tested. The
lower  stability  of  ZSM-23  seems  to  be  related  to  its  bigger  crystallite  size  which  imposes
diffusion constraints for products and reactants, favouring the formation and the
accumulation of less volatile species. Mordenite and ZSM-5 can accommodate bulky species
within the pores and the channel intersections resulting in a significant deactivation and in a
relatively high production of hydrocarbons to the detriment of the DME selectivity.
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Contact  induced  migration  of  copper  and  zinc  ions  from  the  methanol  synthesis
component to the zeolites used in the physical mixtures is observed. The presence of Cu2+ in
exchange positions is clearly detected on the ferrierite particles recovered after reaction.
Moreover, copper ions are likely to be present in the spent theta-1 and ZSM-23 but
carbonaceous deposits hinder the detection. All the recovered spent zeolites present zinc
enrichment which is ascribed to contact induced surface transfer between the mixture
components. Although more detailed quantitative analyses are needed, the preliminary results
show no correlation between ion migration and the long-term deactivation of the physical
mixtures, which is controlled by coke deposition.
An enhancement in the stability of physical mixtures containing ZSM-5 is observed
when  DME  is  synthesised  from  H2 and  CO2. There is a decrease in the hydrocarbon
productivity and in the formation of carbonaceous deposits caused by higher average water
concentrations that lower the dehydration activity of ZSM-5. From experiments using ZSM-5
with different SiO2/Al2O3 ratios it is concluded that deactivation and hydrocarbon formation
depend on the number of Al-framework sites rather than on their acid strength. There is no
evidence of dealumination having an impact on the stability of the physical mixtures over the
timescale of the experiments. High dehydration activity results in low conversions when the
overall process is controlled by the methanol synthesis due to the formation of water which
inhibits the activity of Cu/ZnO/Al2O3. Close to the methanol synthesis equilibrium, the CO2
hydrogenation rate increases with the dehydration activity as more methanol is transformed
into thermodynamically less limiting DME.
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Chapter 6 
Conclusions 
The present work examined the performance of γ-Al2O3 and different H-zeolites in 
the presence of a Cu/ZnO/Al2O3 catalyst for syngas-to-DME (STD) conversion under various 
CO2/CO ratios. The purpose of this investigation was to understand the mechanisms that lead 
to the loss of activity and selectivity, which are some of the causes that have limited the 
industrial implementation of the STD process. Although there are many reports available in 
the literature that address the problem of catalyst stability in the single-stage production of 
DME,
1
 the experiments are usually conducted in packed bed tubular reactors at high 
conversion levels. This may hinder some effects that occur mainly due to the exposure to the 
reactants (low conversions) and that may affect severely the performance of the first layers of 
catalyst in the packed bed. Therefore, the present work emphasises the study of the 
performance of physical mixtures of Cu/ZnO/Al2O3 and γ-Al2O3 or Cu/ZnO/Al2O3 and H-
zeolites at high space velocities (low conversions) while gradientless conditions in a CSTR 
were used for higher conversions. For both mixtures it was intended to determine whether the 
proximity between the methanol synthesis and dehydration functions has any effect on their 
catalytic stability. Additionally, for the mixtures containing zeolites, the assessment of the 
influence of the topology on the deactivation and the by-product distribution was aimed. A 
systematic inspection of shape-selectivity effects in STD conversions has been missing in the 
literature until very recently, so this aspect of the study is regarded as a novel contribution.  
For the catalytic system formed by Cu/ZnO/Al2O3 and γ-Al2O3 it was observed that, 
under CO-rich conditions, there is a fast loss of activity in the beginning of the experimental 
run which becomes more severe as the physical separation between the two active functions 
decreases (in order of stability separated beds > physical mixtures > composite catalysts). 
The detrimental effect of proximity between Cu/ZnO/Al2O3 and γ-Al2O3 particles under STD 
conditions was first observed by Peng and co-workers using slurry-type reactors.
2
 However, 
in their experimental setup some deactivation mechanisms may take place which are not 
possible in fixed bed reactors and gas-solid catalysis, for example, leaching of active 
components through the liquid phase, particle collisions and severe attrition. The experiments 
presented and discussed in this thesis demonstrate the existence of a deactivation mode which 
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depends on the proximity between Cu/ZnO/Al2O3 and γ-Al2O3 and does not require the 
presence of a liquid dispersion medium. 
The findings from this study contribute towards the understanding of the phenomena 
responsible for the detrimental effect of intimate contact between Cu/ZnO/Al2O3 and γ-Al2O3 
in the presence of syngas with high CO content. The fact that the deactivation requires 
contact area and contact time between the Cu/ZnO/Al2O3 and γ-Al2O3 particles indicated that 
the controlling mechanism involves the surface migration of active species between the 
catalysts. Analysis of the spent dehydration component revealed higher concentrations of zinc 
on the γ-alumina than those that would correspond to Cu/ZnO/Al2O3 debris physically 
attached to the particles. The excess of zinc is ascribed to species that migrate from the 
methanol synthesis catalyst to the surface of γ-Al2O3 during the experimental run and 
correlates with the deactivation of both catalytic functions. However, the decrease in the 
activity of the methanol synthesis catalyst is not due to a simple decrease in the number of 
active sites from the migration of Cu- and Zn-species as proposed earlier by Peng et al.,
2
 but 
is caused by an increase in the Cu crystallite size which is magnified by the migration of Zn. 
It is likely that the loss of zinc under CO-rich atmospheres leads to a deeper reduction of zinc 
oxide decreasing the Cu/ZnO interfacial energy and allowing the Cu particles to spread over 
the support and coalesce.
3
 
With the addition of CO2 to the syngas, the mixtures were found to be stable 
irrespectively of the physical separation between the Cu/ZnO/Al2O3 catalyst and the γ-Al2O3. 
The excess of zinc on the spent γ-alumina is lower for the mixtures exposed to CO2-rich 
syngas. Methanol synthesis experiments over the Cu/ZnO/Al2O3 catalyst alone revealed that 
the reconstruction of the Cu crystallites takes place over the whole range of CO2 to CO ratios, 
but is more significant for CO-rich feeds. Under strongly reducing conditions, the zinc 
transfer associated to the presence of γ-Al2O3 stimulates the Cu particle growth which would 
otherwise undergo a slower reconstruction in response to the reactive environment. 
Conversely, for CO2 and H2 the the final morphology is the same for the Cu/ZnO/Al2O3 
catalyst alone or in a mixture.  
The higher stability of the catalysts in the presence of CO2 indicates the convenience 
of using CO2-rich syngas as a feed to the STD reactor. This is possible due to the strong 
thermodynamic synergy that exists between the CO2 hydrogenation and methanol 
dehydration reactions which results in higher once-through conversions. Such approach to 
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chemically recycle CO2 is considered to be a potentially adequate strategy to reduce 
industrial emissions.
4
 Regrettably, in the present context when clean sources of H2 are not 
available, these processes are not industrially feasible. Due to the stoichiometry of the 
hydrogenation, the addition of CO2 would render a significantly more H2 demanding process 
while one of the most appealing characteristics of STD processes is the economical benefit 
associated with the lower requirement of H2 (H2:CO ratio 1) compared to the synthesis of 
methanol alone (H2:CO ratio 2).
5
 Higher CO2 concentrations at the exit of the reactor would 
put also pressure on the efficiency of the separation of CO2 and DME, which is one of the 
most challenging aspects for the success of STD technologies. Consequently, it is necessary 
to find alternative catalyst mixtures that are stable under strongly reducing syngas. In this 
regard, the addition of phosphorus to γ-alumina was shown to mediate the loss of activity of 
the physical mixtures by decreasing the amount of zinc transferred from the Cu/ZnO/Al2O3 
catalyst thereby helping to retain greater Cu surface areas. Additionally, the fact that the 
detrimental effect of catalyst proximity is not observed with γ-alumina under oxidising 
environments suggests that adsorbed water molecules or hydroxyls on the phosphated 
samples may play a crucial role reducing the deactivation of the mixture components. The 
amount of weakly-held water on the γ-alumina surface was found to increase with 
phosphorus loading. Surface hydroxyls or water may diffuse from the phosphated γ-Al2O3 to 
the Cu/ZnO/Al2O3 by inverse spillover helping to maintain the stoichiometry of ZnO.  
The transfer of Cu- and Zn-species from the Cu/ZnO/Al2O3 to H-zeolites was 
observed to occur during the conversion of H2/CO. However, the deactivation of these 
catalyst mixtures is governed by the deposition of carbonaceous residues in the pore structure 
of the zeolites. Five different zeolite topologies were studied in physical mixtures with 
Cu/ZnO/Al2O3 for the single-stage production of dimethyl ether: mordenite, ZSM-5, 
ferrierite, theta-1 and ZSM-23. Identification of the organics retained showed that their nature 
depends on the shape and size of the zeolite channels and provided insights on the 
mechanism of by-product formation. The present work is among the first methodical 
investigations to demonstrate that by adequately choosing the zeolite topology and crystallite 
size, the deactivation and selectivity in STD conversions can be controlled even if 
dehydration catalysts with similar acid strength and density are used. The 10 atom-ring 
unidirectional theta-1 and pseudo-unidirectional ferrierite with small crystallite sizes were 
found to be the most selective and stable dehydration catalysts among those tested.  
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ZSM-5 is considerably more active than γ-alumina for STD conversion under H2 and 
CO2 and shows a considerably improved selectivity and stability compared to the observed 
under CO-rich conditions. From experiments using ZSM-5 with different SiO2/Al2O3 ratios, 
it was concluded that under H2/CO2 deactivation and hydrocarbon formation depend on the 
number of Al-framework sites rather than on their acid strength. There is no evidence of 
dealumination impacting on the stability of the physical mixtures over the timescale of the 
experiments. The high dehydration activity of ZSM-5 under high water partial pressures 
makes it an adequate catalyst for CO2-rich feeds. Close to the methanol synthesis 
equilibrium, the CO2 hydrogenation rate increases with the dehydration activity as more 
methanol is transformed into thermodynamically less limiting DME. However, when the 
overall process is controlled by the methanol synthesis (low conversion levels), the high 
dehydration activity of ZSM-5 is counter-productive due to the inhibition of the 
hydrogenation activity by the water produced.  
The identification of methanol dehydration catalysts that perform adequately under 
high CO or high CO2 contents will continue to be crucial for the development of syngas-to-
dimethyl ether technologies. While the research work presented in this thesis is a valuable 
contribution that stresses the importance of phenomena that have been disregarded 
previously, further studies are needed to gain deeper understanding and to allow new catalyst 
improvements to be made. In the case of γ-Al2O3, it is necessary to identify and quantify 
precisely the species that are transferred between the catalysts and correlate them with the 
deactivation observed under H2/CO. Additionally, it would be of great benefit to corroborate 
the hypothesis that the adsorbed water molecules on the phosphated alumina are responsible 
for the mediation of the loss of activity. This would help in the selection of other acid 
catalysts that may show higher dehydration activity than the phosphated alumina. Regarding 
the H-zeolites, currently the relevance of the crystallite size was concluded by comparing the 
performance of small and large 10 atom-ring unidirectional zeolites with slightly different 
topologies. It would be useful to compare different crystallite sizes for the same channel 
structure to generalise the conclusions. For theta-1 and ferrierite, which were the most stable 
and selective dehydration catalysts tested, it would be interesting to study their performance 
under different feed compositions and for longer periods of time. 
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Appendix A 
Experimental Procedures 
 
Section 3.2.3 Product Analysis 
Table A.1 Proportionality factors for the FID and TCD detectors 
Molecule 
Proportionality Factor 
αFID x 10
8
 αTCD x 10
7
 
CH4 4.98 — 
CH3OH 6.48 — 
CH3OCH3 3.36 — 
Ar — 4.48 
CO — 4.54 
CO2 — 4.08 
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Fig. B.1. Hydrocarbon evolution during temperature programmed methanol dehydration.                              
Conditions: 3.8% MeOH/Ar, 1 bar, β = 10°C·min-1, 3.8% MeOH/Ar, SV = 1.4 L·min-1·g-1 
Appendix B 
Syngas Conversion to Dimethyl Ether over 
Cu/ZnO/Al2O3 and γ-Al2O3–Based Catalysts: Effect 
of CO2 to CO Ratio on the Activity and Stability 
 
Section 4.1.2 Catalyst Characterisation: γ–Alumina Based Dehydration Catalysts 
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Section 4.2 Effect of Proximity between Cu/ZnO/Al2O3 and γ-Al2O3: H2/CO and H2/CO2 
Conversion to DME under Gradientless Conditions 
 
Table B.1 Product distribution obtained in the internal recycle (Berty) reactor under CO rich conditions 
Packing Method 
Mole Fraction [%]
 a
 
   
  
  
   
 
CO2 CO H2 H2O MeOH DME 
MSC alone ~ 6.2 ~ 5.8 ~ 77.1 ~ 1.0 ~ 9.9 — 82.4 
Separated Beds ~ 8.4 ~ 3.9 ~ 79.6 ~ 2.0 ~ 2.6 ~ 3.4 85.7 
Physical Mixture ~ 8.1 ~ 4.8 ~ 79.6 ~ 1.6 ~ 3.3 ~ 2.6 84.0 
Composite ~ 7.8 ~ 5.1 ~ 79.4 ~ 1.4 ~ 4.0 ~ 2.2 86.7 
Feed conditions: 12.3% CO, 6.0% CO2, 81.7% H2, 5 MPa, 260°C, SV = 2.4 mmol·gMSC
-1·min-1                                                                                                                                          
a. Average composition detected in the outlet throughout the experimental run                                                                                                                                                             
b. KpWGS = 83.9 
 
 
Table B.2 Product distribution obtained in the internal recycle (Berty) reactor under CO2 rich conditions 
Packing Method 
Mole Fraction [%]
 a
 
   
  
  
   
 
CO2 CO H2 H2O MeOH DME 
MSC alone ~ 20.7 ~ 3.2 ~ 68.7 ~ 5.3 ~ 2.1 — 83.8 
Separated Beds ~ 20.8 ~ 3.1 ~ 68.7 ~ 5.4 ~ 1.7 ~ 0.2 85.4 
Physical Mixture ~ 20.8 ~ 3.1 ~ 68.7 ~ 5.4 ~ 1.7 ~ 0.2 85.4 
Composite ~ 20.8 ~ 3.1 ~ 68.7 ~ 5.4 ~ 1.7 ~ 0.2 85.4 
Feed conditions: 25% CO2, 75% H2, 5 MPa, 260°C, SV = 2.4 mmol·gMSC
-1·min-1                                                                                                                                          
a. Average composition detected in the outlet throughout the experimental run                                                                                                                                                                                          
b. KpWGS = 83.9 
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Section 4.3 Cu/ZnO/Al2O3 and γ-Al2O3 Deactivation under Strongly Reducing Syngas and 
Low Exposure to the Products (Tubular Reactor) 
 
Table B.3 Product distribution obtained in the tubular reactor for different catalyst dilution ratios 
MSC : γ-Al2O3 : SiC 
Degree 
of 
Contact 
Mole Fraction [%]
 a
 
CO2 CO H2 H2O MeOH DME 
1 : 1 : 4 Low 1.5 – 1.3 31.1 – 30.5 66.1 – 65.5 < 0.1 ~ 0.1 1.5 – 1.3 
1 : 1 : 2 High 1.0 – 0.7 32.1 – 31.3 66.2 – 65.8 < 0.1 0.7 – 0.2 1.1 – 1.7 
Feed conditions: H2/CO = 2, 5 MPa, 250°C, SV = 30 mmol·gMSC
-1·min-1                                                                                     
a. Range of composition detected in the outlet throughout the experimental run        
 
 
Table B.4 Blank sample for ICP analysis: Excess zinc determined on γ-Al2O3 particles mixed with 
Cu/ZnO/Al2O3 catalyst and separated without being exposed to catalysis 
Analyte 
Cu 
[ppm] 
Zn [ppm] 
Excess Zn 
[ppm] 
Excess Zn 
[μmol·gAl
-1
] 
Sample-1 0.819 1.384 -0.017 -0.037 
Sample-2 0.996 1.525 0.075 0.160 
Sample-3 1.010 1.367 0.184 0.393 
a. 50 mg of recovered γ-Al2O3 particles were leached with aqua regia 
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Fig. B.2. Water-gas shift rate evolution with TOS for different P2O5 loadings.                                                                   
Feed conditions: H2/CO = 2, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1, MSC : γ-Al2O3 : SiC = 1:1:4 
 
Fig. B.3. Rate evolution with TOS for MSC + γ-Al2O3 ■ and 0.1 P2O5 wt.% modified MSC + γ-Al2O3 □.       
Feed conditions: H2/CO = 2, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1, MSC : γ-Al2O3 : SiC = 1:1:4 
 
Section 4.4 Effect of Phosphorus Modification of γ-Al2O3 on Deactivation:                          
H2/CO Conversion to Dimethyl Ether 
 
Table B.5 Product distribution obtained using the physical mixtures containing                                                        
MSC and pure or phosphated γ-Al2O3 
Dehydration 
Catalyst 
Mole Fraction [%]
 a
 
CO2 CO H2 H2O MeOH DME 
γ-Al2O3 1.3 – 1.2 
31.3 – 
30.8 
66.0 – 
65.7 
< 0.1 0.6 – 0.3 1.5 – 1.2 
2P-Al 1.4 – 1.2 
31.0 – 
30.6 
65.7 – 
65.4 
< 0.1 1.0 – 0.8 1.5 – 1.3 
4P-Al 1.1 – 1.0 
31.1 – 
30.8 
65.1 – 
65.0 
< 0.1 1.8 – 1.7 1.2 – 1.0 
6P-Al 1.0 – 0.8 
31.1 – 
30.9 
64.8 – 
64.7 
< 0.1 2.5 – 2.4 1.0 – 0.9 
Feed conditions: H2/CO = 2, 5 MPa, 250°C, SV = 30 mmol·gMSC
-1·min-1                                                                                                                         
a. Range of composition detected in the outlet throughout the experimental run                                                                                                                                                                                        
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Section 4.5 Effect of CO2 to CO Ratio on the Deactivation of the Cu/ZnO/Al2O3 Catalyst 
during Methanol Synthesis 
 
Table B.6 Product distribution obtained over the Cu/ZnO/Al2O3 catalyst for different syngas compositions 
   
      
 
Mole Fraction [%]
 a
 
   
  
  
   
 
CO2 CO H2 H2O MeOH DME 
0.00 — ~ 32.0 ~ 67.0 — < 0.1 — n.d. 
0.17 ~ 5.6 ~ 24.6 ~ 65.9 ~ 0.2 ~ 3.7 — 82.7 
0.64 ~ 17.0 ~ 9.4 ~ 69.6 ~ 1.5 ~ 2.5 — 83.9 
1.00 ~ 20.6 ~ 3.6 ~ 70.1 ~ 4.6 ~ 1.5 — 87.2 
Feed conditions: 5 MPa, 250°C, SV = 30 mmol·gMSC
-1·min-1                                                                                                                                               
a. Range of composition detected in the outlet throughout the experimental run                                                                                                                                                                                        
b. KpWGS = 83.9, n.d. = not determined 
 
 
 
 
 
  
Fig. B4. Linear fits of the inverse residual methanol synthesis activities for the first 5h 
on stream over the MSC exposed to different syngas compositions (figure caption).               
Feed conditions: 250°C, 5 MPa, SV = 30 mmol·gCZA
-1
·min
-1
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Section 4.6 Effect of CO2 to CO Ratio on the Deactivation of Cu/ZnO/Al2O3 + γ-Al2O3 and 
Cu/ZnO/Al2O3 + Phosphated γ-Al2O3 in STD Conversion 
 
4.6.1 Cu/ZnO/Al2O3 + γ-Al2O3 Physical Mixtures 
Table B.7 Product distribution obtained over the Cu/ZnO/Al2O3 + γ-Al2O3 mixture                                                                   
for different syngas compositions 
   
      
 
Mole Fraction [%]
 a
 
   
  
  
   
 
CO2  
H2 H2O MeOH DME 
0.00 ~ 1.1 ~ 31.3 ~ 65.8 < 0.1 ~ 0.7 ~ 1.1 n.d. 
0.17 ~ 6.1 ~ 24.3 ~ 67.0 ~ 0.2 ~ 1.7 ~ 0.7 76.2 
0.64 ~ 17.0 ~ 9.5 ~ 70.1 ~ 1.5 ~ 1.6 ~ 0.2 83.6 
1.00 ~ 20.8 ~ 3.3 ~ 69.0 ~ 5.2 ~ 1.7 > 0.1 83.6 
Feed conditions: 5 MPa, 250°C, SV = 30 mmol·gMSC
-1·min-1                                                                                                                                               
a. Range of composition detected in the outlet throughout the experimental run                                                                                                                                                                                                           
b. KpWGS = 83.9, n.d. = not determined 
 
 
 
 
 
Fig. B5. Linear fits of the inverse residual methanol synthesis activities for the first 5h on 
stream over the MSC physically mixed with γ-Al2O3 exposed to different syngas 
compositions (figure caption). Feed conditions: 250°C, 5 MPa, SV = 30 mmol·gCZA
-1
·min
-1
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Fig. B.6. Evolution of the residual methanol synthesis and dehydration rate constants with TOS.                                          
Feed conditions: R value in figure caption, 250°C, 5 MPa, SV = 30 mmol·gMSC
-1·min-1 
 To account for the impact that the change in the concentration of reactants has on the 
methanol synthesis and dehydration activities at different feed compositions, the activity data from 
Fig.4.21 in Section 4.6.1 was analysed using kinetic expressions reported in the literature. For the 
synthesis of methanol the equations proposed by Vanden Bussche and Froment
1
 were used while 
Bercic and Levec
2
 model was used for the dehydration of methanol. These kinetic equations were 
expressed as: 
          
             
 
  
  
    
      
   
     
  
    
    
       
 
    
   
                   
    
              
  
      
       
    
     
  
 
                                    
    
The parameter estimation done by Ng et al.3 was used to calculate the adsorption and reaction 
equilibrium constants while the values of     and     were calculated from the experimental data. 
The initial values of these rate constants are given in Table B8 and their evolution with time on stream 
is depicted in Fig. B6. 
Table B.8 Initial reaction rate constants over Cu/ZnO/Al2O3 + γ-Al2O3 mixtures                                                             
at different syngas compositions 
   
      
  
                                     
[mol·s-1·kgMSC
-1·bar-2] 
                                    
[mol·s-1·kgAl
-1] 
0.00 3092 0.253 
0.17 897 0.186 
0.64 1763 0.412 
1.00 22561 1.273 
 
      
 
                                                             
1 Vanden Bussche, K. M.; Froment, G. F. J. Catal. 1996, 161, 1-10 
2 Bercic, G.; Levec, J. Ind. Eng. Chem. Res. 1992, 31, 1035-1040 
3 Ng, K. L.; Chadwick, D.; Toseland, B. A. Chem. Eng. Sci. 1999, 54, 3587-3592 
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4.6.1.2 Morphology Changes during Syngas-to-DME Conversions 
 
Table B.9 Evolution of the excess zinc content over time on stream                                                                                
on γ-Al2O3 recovered from MSC + γ-Al2O3 mixtures feeding a) CO/H2 and b) CO2/H2.                                    
Conditions: 250°C, 5 MPa, SV = 30 mmol·gMSC
-1
·min
-1
 
Time on 
stream [h] 
R = 0 R = 1 
Excess Zn 
[μmol·gAl
-1] 
Excess Zn 
[μmol·gAl
-1] 
0.5 3.9 3.0 
2.0 3.0 5.7 
6.0 5.9 3.8 
10.0 7.8 4.1 
20.0 7.6 5.7 
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4.6.1 Cu/ZnO/Al2O3 + 6P-Al Physical Mixtures 
 
Table B.10 Product distribution obtained over the Cu/ZnO/Al2O3 + 6P-Al mixture                                                                   
for different syngas compositions 
   
      
 
Mole Fraction [%]
 a
 
   
  
  
   
 
CO2 CO H2 H2O MeOH DME 
0.00 ~ 0.8 ~ 31.2 ~ 64.8 < 0.1 ~ 2.3 ~ 0.8 n.d. 
0.17 ~ 5.9 ~ 24.4 ~ 66.6 ~ 0.2 ~ 2.5 ~ 0.4 80.5 
0.64 ~ 16.9 ~ 9.6 ~ 70.0 ~ 1.5 ~ 2.0 ~ 0.1 82.2 
1.00 ~ 20.8 ~ 3.4 ~ 69.1 ~ 5.1 ~ 1.7 > 0.1 82.9 
Feed conditions: 5 MPa, 250°C, SV = 30 mmol·gMSC
-1·min-1                                                                                                                                               
a. Range of composition detected in the outlet throughout the experimental run                                                                                                                                                                                     
b. KpWGS = 83.9, n.d. = not determined 
 
 
 
 
 
  
Fig. B7. Linear fits of the inverse residual methanol synthesis activities for the first 5h on 
stream over the MSC physically mixed with 6P-Al exposed to different syngas 
compositions (figure caption). Feed conditions: 250°C, 5 MPa, SV = 30 mmol·gCZA
-1
·min
-1
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Appendix C 
H2/CO and H2/CO2 Conversion to Dimethyl Ether 
over Cu/ZnO/Al2O3 and H-Zeolites: Influence of 
Shape-Selectivity, Cu-Ion Exchange and 
Dealumination on the Activity and Stability 
 
 
Section 5.2 Shape-Selectivity Effects in Syngas-to-Dimethyl Ether over Cu/ZnO/Al2O3 and 
Zeolite Mixtures: Carbon Deposition and By-Product Formation 
 
Table C.1 Methanol synthesis and STD equilibrium carbon yields, selectivities and compositions.                                           
Conditions: 250°C, 3 MPa, H2/CO = 2 
  Methanol Synthesis Single-Stage DME Synthesis 
  YC [%] SC [%] 
molar fraction 
[%] 
YC [%] SC [%] 
molar fraction 
[%] 
CO2 < 0.1 < 0.1 < 0.1 26.9 28.3 16.4 
CH3OH 38.4 100.0 17.2 3.4 3.5 2.0 
CH3OCH3 — — — 64.6 68.1 19.7 
CO — — 27.6 — — 3.2 
H2 — — 55.2 — — 55.4 
H2O — — 0.0 — — 3.3 
 
 
Table C.2 Methanol synthesis and STD equilibrium carbon yields, selectivities and compositions.                                           
Conditions: 260°C, 3 MPa, H2/CO = 2 
  Methanol Synthesis Single-Stage DME Synthesis 
  YC [%] SC [%] 
molar fraction 
[%] 
YC [%] SC [%] 
molar fraction 
[%] 
CO2 < 0.1 < 0.1 < 0.1 26.7 28.8 19.5 
CH3OH 30.7 100.0 12.9 3.2 3.5 2.3 
CH3OCH3 — — — 62.7 67.7 22.9 
CO — — 29.0 — — 5.4 
H2 — — 58.1 — — 69.3 
H2O — — 0.0 — — 3.4 
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Table C.3 Methanol synthesis and STD equilibrium carbon yields, selectivities and compositions.                                           
Conditions: 270°C, 3 MPa, H2/CO = 2 
  Methanol Synthesis Single-Stage DME Synthesis 
  YC [%] SC [%] 
molar fraction 
[%] 
YC [%] SC [%] 
molar fraction 
[%] 
CO2 < 0.1 < 0.1 < 0.1 26.2 29.2 15.1 
CH3OH 23.9 100.0 9.5 3.0 3.0 1.8 
CH3OCH3 — — — 60.4 67.4 17.5 
CO — — 30.2 — — 6.0 
H2 — — 60.3 — — 57.4 
H2O — — 0.0 — — 2.3 
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Table C.4 Gas-phase selectivity in the transformation of the in situ synthesised methanol 
 
ZSM-5 MOR FER Theta-1 ZSM-23 
Reaction temperature 250°C 
Methanol 
productivity 
(mmol·g-1·min-1)a 
0.495 – 0.449 0.660 – 0.292 0.523 – 0.450 0.457 – 0.393 0.630 – 0.353 
XMeOH (%)
b 94.8 – 89.2 94.7 – 87.3 90.0 – 87.2 88.4 – 85.3 85.9 – 42.8 
SDME (%) 95.7 – 85.2 37.8 – 63.9 98.4 – 98.2 97.6 – 97.2 95.0 – 98.1 
SC2= (%) 4.0 – 4.7 60.4 – 27.8 1.6 – 3.2 1.8 – 1.9 0.4 – 0.3 
SC3= (%) 0.1 – 5.1 0.3 – 1.7 0.0 – 0.1 0.1 – 0.1 3.5 – 0.3 
SC4= (%) 0.0 – 2.3 0.3 – 5.0 0.0 – 0.1 0.1 – 0.1 0.0 – 0.4 
SC5= (%) 0.0 – 1.7 1.2 – 1.6 0.0 – 0.2 0.0 – 0.0 1.1 – 1.0 
SC6+= (%) 0.0 – 1.1 0.0 – 0.0 0.0 – 0.0 0.0 – 0.0 0.0 – 0.0 
Reaction temperature 260°C 
Methanol 
productivity 
(mmol·g-1·min-1)a 
0.680 – 0.627 0.420 – 0.363 0.713 – 0.630 0.651 – 0.630 0.517 – 0.400 
XMeOH (%)
b 90.1 – 89.2 88.9 – 88.0 92.2 – 88.8 86.3 – 83.2 46.8 – 33.1 
SDME (%) 65.4 – 59.3 64.0 – 65.2 94.1 – 96.3 98.0 – 98.6 97.9 – 96.6 
SC2= (%) 8.5 – 10.0 27.7 – 27.3 3.3 – 3.3 1.3 – 0.7 0.3 – 0.5 
SC3= (%) 11.3 – 14.6 2.0 – 1.5 0.2 – 0.2 0.2 – 0.2 0.4 – 0.7 
SC4= (%) 4.6 – 5.5 4.5 – 4.2 0.2 – 0.2 0.1 – 0.2 0.5 – 0.8 
SC5= (%) 3.5 – 3.6 1.7 – 1.7 0.5 – 0.4 0.3 – 0.3 0.9 – 1.1 
SC6+= (%) 6.7 – 7.0 0.0 – 0.0 0.0 – 0.0 0.1 – 0.1 0.0 – 0.25 
Reaction temperature 270°C 
Methanol 
productivity 
(mmol·g-1·min-1)a 
0.895 – 0.890 0.537 – 0.423 0.957 – 0.890 0.976 – 0.904 0.587 – 0.507 
XMeOH (%)
b 90.6 – 91.1 90.0 – 89.8 91.0 – 89.7 85.7 – 83.5 39.7 – 35.0 
SDME (%) 51.2 – 38.8 61.6 – 57.7 95.1 – 95.6 98.2 – 98.6 95.9 – 95.8 
SC2= (%) 12.2 – 15.6 30.3 – 34.3 3.3 – 3.2 0.9 – 0.7 0.5 – 0.6 
SC3= (%) 17.0 – 21.7 2.3 – 2.1 0.2 – 0.2 0.2 – 0.2 0.8 – 0.9 
SC4= (%) 6.6 – 8.5 4.0 – 4.0 0.3 – 0.3 0.2 – 0.2 1.0 – 1.1 
SC5= (%) 5.6 – 5.7 1.9 – 1.9 0.5 – 0.4 0.3 – 0.3 1.3 – 1.3 
SC6+= (%) 8.3 – 9.8 0.0 – 0.0 0.0 – 0.2 0.1 – 0.1 0.3 – 0.3 
a. Normalised against the mass of methanol synthesis component 
b. Percentage of the in situ synthesised methanol transformed into dehydration (gas-phase) products 
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Section 5.4 H2/CO2 Conversion to Dimethyl Ether: Effect of SiO2/Al2O3 ratio of HZSM-5 on 
the Activity and Stability  
 
Table C.5 Methanol synthesis and STD equilibrium carbon yields, selectivities and compositions.                                           
Conditions: 250°C, 3 MPa, H2/CO2 = 3 
  Methanol Synthesis Single-Stage DME Synthesis 
  Y [%] S [%] 
molar fraction 
[%] 
Y [%] S [%] 
molar fraction 
[%] 
CO2 — — 20.8 — — 20.4 
CH3OH 10.2 48.4 2.7 4.5 16.4 1.3 
CH3OCH3 — — — 17.5 64.2 2.5 
CO 10.9 51.6 2.9 5.3 19.4 1.5 
H2 — — 68.1 — — 64.3 
H2O — — 5.6 — — 10.1 
 
 
Table C.6 Methanol synthesis and STD equilibrium carbon yields, selectivities and compositions.                                           
Conditions: 260°C, 5 MPa, H2/CO2 = 3 
  Methanol Synthesis Single-Stage DME Synthesis 
  Y [%] S [%] 
molar fraction 
[%] 
Y [%] S [%] 
molar fraction 
[%] 
CO2 — — 20.2 — — 19.1 
CH3OH 16.1 62.7 4.4 6.1 18.2 1.8 
CH3OCH3 — — — 23.5 69.5 3.4 
CO 9.6 37.3 2.6 9.2 27.1 2.7 
H2 — — 65.8 — — 59.8 
H2O — — 7.0 — — 13.2 
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5.4.3.1. Continuous Tubular Reactor: High Space Velocity (Low Conversion) 
 
Table C.7 Partial pressures measured in the reactor exit 
  
PCO2                                     
[bar] 
PCO                                         
[bar] 
PH2                                          
[bar] 
PH2O                                             
[bar] 
PMeOH                                 
[bar] 
PDME                                  
[bar] 
WGS 
   
  
  
   
 
MD  
   
  
  
   
 
MSC alone 6.23 1.03 20.77 1.50 0.46 0.00 84.1 — 
γ-Al2O3 6.26 1.06 20.89 1.48 0.27 0.05 83.9 1.0 
HZSM-5 (30) 6.29 1.00 20.87 1.56 0.13 0.14 83.1 13.0 
HZSM-5 (50) 6.29 1.00 20.88 1.56 0.13 0.14 81.5 12.7 
HZSM-5 (50+) 6.29 1.03 20.92 1.53 0.11 0.13 85.2 11.2 
HZSM-5 (80) 6.29 1.01 20.90 1.54 0.12 0.14 82.2 13.1 
Feed conditions: H2/CO2 = 3, 3 MPa, 250°C, SV = 8400 h
-1                                                                                                                                               
a. Average of composition detected in the outlet throughout the experimental run                                                                                                                                                                                     
b. KpWGS = 83.9, KpMD. = 14.2 
    
 
 
5.4.3.2. Continuous Tubular Reactor: Low Space Velocity (High Conversion) 
 
Table C.8 Partial pressures measured in the reactor exit 
  
PCO2                                     
[bar] 
PCO                                         
[bar] 
PH2                                          
[bar] 
PH2O                                             
[bar] 
PMeOH                                 
[bar] 
PDME                                  
[bar] 
WGS 
   
  
  
   
 
MD  
   
  
  
   
 
MSC alone 6.21 0.91 20.47 1.66 0.75 0.00 83.2 — 
γ-Al2O3 6.23 0.81 20.31 1.86 0.66 0.13 84.2 0.5 
HZSM-5 (30) 6.27 0.70 20.23 2.15 0.24 0.40 85.1 14.8 
HZSM-5 (50) 6.27 0.71 20.24 2.14 0.24 0.40 81.0 14.7 
HZSM-5 (50+) 6.27 0.69 20.18 2.20 0.25 0.42 82.7 14.8 
HZSM-5 (80) 6.27 0.68 20.15 2.22 0.26 0.43 83.1 14.2 
Feed conditions: H2/CO2 = 3, 3 MPa, 250°C, SV = 720 h
-1                                                                                                                                               
a. Average of composition detected in the outlet throughout the experimental run                                                                                                                                                                                     
b. KpWGS = 83.9, KpMD. = 14.2 
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5.4.3.3. Continuous Tubular Reactor vs. Internal Recycle Reactor 
 
Table C.9 Partial pressures measured in the reactor exit  
  
PCO2                                     
[bar] 
PCO                                         
[bar] 
PH2                                          
[bar] 
PH2O                                             
[bar] 
PMeOH                                 
[bar] 
PDME                                 
[bar] 
WGS 
   
  
  
   
 
MD  
   
  
  
   
 
γ-Al2O3 (Berty) 6.13 1.32 33.3 3.55 1.29 0.31 74.2 0.65 
γ-Al2O3 (PBR) 6.12 1.35 33.28 3.47 1.50 0.21 77.2 0.32 
HZSM-5 (Berty) 6.21 1.45 33.97 3.33 0.40 0.50 73.4 10.5 
HZSM-5 (PBR) 6.19 1.14 33.12 4.13 0.50 0.83 71.0 13.5 
Feed conditions: H2/CO2 = 3, 5 MPa, 260°C, Berty SV = 20 L·gMSC
-1·h-1, PBR SV = 6.3 L·gMSC
-1·h-1                                                                                                                                            
a. Average of composition detected in the outlet throughout the experimental run                                                                                                                                                                                     
b. KpWGS = 72.5, KpMD. = 13.4  
 
 
